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Abstract

The effect of CO> capture in the hydrogen production by steam reforming of the bio-
oil aqueous fraction was studied. The reforming and cracking activity of the adsorbent
(dolomite) and relationship between these reactions and those corresponding to the catalyst
(reforming and WGS) were considered. The experiments were conducted in a two-step
system with first step at 300 °C for pyrolytic lignin retention. The remaining volatiles were
reformed in a subsequent fluidized bed reactor on a Ni/La;03-0Al>O3 catalyst. A suitable
balance was stricken between reforming and WGS reactions, on the one side, and cracking
and coke formation reactions, on the other side, at 600 °C for catalyst/dolomite mass ratios
> 0.17. At this temperature and space-time of 0.45 Zeawlyst h (@bio-oit) ™!, bio-oil was fully
converted and the H> yield was around 99 % throughout the CO: capture step. Catalyst
deactivation was very low because the cracking hydrocarbon products (coke precursors) are

reformed.
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1. Introduction

Bio-oil is considered a suitable raw material for the sustainable production of
hydrogen, in order to satisfy its growing demand as a fuel and petrochemical raw material
(for ammonia and methanol production). Besides, the use of hydrogen in processes of
petroleum hydrotreatment and in agriculture, food and metallurgical industries'? also
contributes to increasing its current demand. Bio-oil production by flash pyrolysis of
lignocellulosic biomass is an attractive way for valorizing a renewable material of diverse
nature (and geographically delocalized), given that it is an environmentally friendly process
without net CO; emission. In addition, the pyrolysis can be performed with simple
technologies with a high level of technological development and thereby, a reasonable

infrastructure investment is required.*

The bio-oil is a complex mixture of different families of oxygenate compounds with a
high water content (around 21-27 wt % in the bio-oil obtained from wood and 39-51 wt %
in that obtained from herbs).”! This high water content boosts the interest of its
valorization by steam reforming, avoiding the costly separation of water needed for its
valorization as a fuel.'""!2 In recent bibliographic reviews, many studies on the reforming of
raw bio-oil or its aqueous phase are reported.!*!* The bio-oil aqueous fraction is obtained
by phase separation after adding water to raw bio-oil.'> This aqueous phase is less
interesting than the organic fraction (insoluble in water) for certain bio-oil applications,
such as: extraction of valuable compounds'® (phenols, organic acids, levoglucosane and

hydroxyacetaldehyde); use as a fuel'”!® C.1o-2

and co-feeding in refinery units such as FC
However, catalytic reforming of the bio-oil aqueous fraction means fewer problems than
reforming raw bio-oil, given that the lower content of phenols (coming from the pyrolysis

of biomass lignin), which show a higher influence on the coke formation on the catalyst.??

The technological development for bio-oil steam reforming faces the challenge of
protecting the catalyst from coke deposition, with the most significant cause being the
repolymerization (as pyrolytic lignin) of the bio-oil compounds derived from the pyrolysis
of biomass lignin. In the literature, several strategies have been used aimed at preventing
coke deposition: 1) raw bio-oil aging by prior thermal treatment, which causes the pyrolytic
lignin deposition®*; ii) co-feeding of bio-oil and methanol into the reactor?; iii) two-step
operation for the removal of pyrolytic lignin in the first step (thermal or with a low-cost

catalyst), so that the remaining volatiles are reformed in a subsequent catalytic reactor.?6-2

The development of reforming catalysts has been based on many studies about the

steam reforming of certain bio-oil constituent compounds (acetic acid, acetone, phenol,



acetol, etc.). In these papers, Ni based catalysts (promoted with La, Co, Mg and Cu)***

36,37

and supported noble metals were used. The Ni based catalysts are commonly used for

bio-oil reforming due to their good balance concerning activity, stability and cost.>4?

The fluidized bed reactor provides significant advantages for catalytic steam
reforming of bio-oil *3#143: 1) isothermicity, which is an important point for an endothermic

reaction; ii) low catalyst deactivation, due to a homogeneous deposition of pyrolytic lignin

on the catalyst**; iii) simple scaling up and iv) capability for in situ utilization of CO2 solid

adsorbent, in order to shift the thermodynamic equilibrium of reforming reaction.

The stoichiometry of the bio-oil aqueous fraction reforming reaction is:
CoHmOx + (n-k)H20 — nCO + (n + % - ijz (1)
This reaction is followed by the water-gas-shift reaction (WGS):

CO + H,0 < CO» + Ha (2)

Thus, the overall steam reforming can be represented as follows:

CoHnOx + (2n-k)H20 — nCO; + (211 + % - ijz 3)

Additionally, there are secondary reactions:

Cracking: CiHnOx — CiHyO, + gas (Hz, CO, CO2, CHg,....) + coke 4)
Methane reforming: CHs + HOO < CO +3 H» (5)
Boudouard reaction: 2CO=CO+C (6)

In this paper, the steam reforming of bio-oil aqueous fraction has been studied on a
Ni/La203-aAl>O3 catalyst in a fluidized bed reactor with in situ CO> capture. The kinetic
behavior of the catalyst has been analyzed in previous studies on the reforming of bio-oil
aqueous fraction (without capture), which were focused on establishing a suitable catalyst
composition and studying the effect of La,Os3 addition.* The effect of operating conditions
(temperature, steam/carbon ratio, space velocity) on hydrogen yield and selectivity, and the

coke formation mechanism on this catalyst have also been studied.*®

The use of a CO adsorbent in the reactor has already been studied for the bio-oil
steam reforming in a fixed bed reactor.*’ Natural rocks, such as limestone and dolomite,
have been widely used as adsorbents because of their availability and low cost. Dolomite

has great mechanical resistance and high stability for operating in carbonation-calcination



cycles, because CaO sintering is attenuated by the presence of MgO.*® The dolomite

capacity for CO; capture is due to the CaO carbonation reaction:

CO; + Ca0 < CaCO; (7)

This reaction is able to shift the thermodynamic equilibrium of the reactions involved

in the bio-oil reforming (eq. 3), thus increasing the hydrogen yield.

The aim of this study is to establish the optimum conditions (catalyst/dolomite ratio
and temperature) for the bio-oil aqueous fraction reforming with in situ CO> capture.
Accordingly, the effect of reforming and cracking activity of dolomite on the reaction
system (eqs 1-6) has been quantified, and the relationship between this activity and that of

the catalyst has been considered.
2. Experimental

2.1. Bio-oil production and composition

The raw bio-oil was obtained by flash pyrolysis of pine sawdust at 480 °C in a semi-
industrial demonstration plant, located in Ikerlan-IK4 technology center (Alava, Spain),
with a biomass feeding capacity of 25 kg/h.* This development of this plant was based on
previous results obtained in a laboratory plant (120 g/h) at the University of the Basque
Country.>®>! The bio-oil aqueous fraction was obtained by phase separation after adding
water to raw bio-oil, in water/bio-oil mass ratio= 2/1, following the procedure described by
Czernik et al.*® The raw bio-oil and its aqueous fraction composition were determined, in
water-free basis, by GC/MS analyser (Shimadzu QP2010S device) and the results are
shown in Table 1. The corresponding molecular formulas are C43H72026 and C4.1H7.4027,
respectively. The water content, determined by Karl Fischer valorization (KF' Titrino Plus
870), were 35 wt% in the raw bio-oil and 82 wt% in the aqueous fraction. The average
molecular weight, quantified by Gel Permeation Chromatography (GPC) (Waters 616), was

886 g mol! for the raw bio-oil and 634 g mol™! for the aqueous fraction.
Table 1

2.2. Catalyst and adsorbent

The Ni/La;03-aAl2O; catalyst was prepared with 10 wt% of Ni by using a previously
described method,*> which was established by Alberton et al.>? The LaxO3-0.Al,O3 support
(with 10 wt% of La>O3) was obtained by impregnation of a-Al>O3, under vacuum at 70 °C,
with an aqueous solution of La(NO3)3:-6H20 (Alfa Aesar, 99%) and followed by drying at



100 °C for 24 h and calcination at 900 °C for 3 h. Subsequently, an impregnation with
Ni(NO3)2-6H>0 and drying at 110 °C for 24 h were carried out, and the final catalyst was
calcined at 700 °C for 3 h.

The physical properties of the catalyst, such as BET surface area (37.6 m? g'!), pore
volume (0.145 cm® g!) and average pore size (11.9 nm) were evaluated from the N
adsorption-desorption isotherms, obtained by using a Micromeritics ASAP 2010C analyzer.
This device was also used for hydrogen chemisorption measurements for quantifying Ni
dispersion and specific metallic surface, with the resulting values of 1.9 % and 12.4 m?

gmetal |, Tespectively. These catalytic properties were previously described in detail.

The dolomite used in this paper was provided by Calcinor S.A. (Tolosa, Spain) and its
physical properties are listed in Table 2. The dolomite was sieved (90-150 pm) and
calcined at 800 °C for 2 h in order to obtain the active phase (CaO).

Table 2

The TPO (temperature programmed oxidation) analyses of the coke deposited on the
deactivated catalyst were conducted by combustion with air in a Setaram TG-DSC-11
Calorimeter coupled with a mass spectrometer Thermostar Balzers Instrument for
monitoring the signals corresponding to masses 18 (H2O) and 44 (CO,). The coke deposited
on dolomite samples was analyzed by thermogravimetry (combustion with air) in a 74
Instruments Q5000 IR thermobalance. For both solids, the experimental procedure
consisted in: 1) stabilizing the sample for 30 min under air flow at 75 °C; ii) heating the

sample at 7 °C min™! up to 750 °C and keeping this temperature for 30 min.

2.3. Reaction system and operating conditions

The reaction equipment consists of two reactors in-line (Figure 1). The first reactor
(thermal treatment of bio-oil at 300 °C) retains a carbonaceous solid (pyrolytic lignin)
formed by re-polymerization of certain bio-oil oxygenates. This reactor has enough volume
so that the flow is not blocked in several hours (usually 4 h, although 10 h experiments
have been performed with no apparent problems). It has been proven in experiments with
different duration that the deposited lignin composition (66.5 wt% C, 4.9 wt% H and 28.6
wt% O) and its deposition rate (4.6 mg min'') are constant. After each experiment, the
lignin is easily removed from the reactor walls and the low amount adhered is removed by
combustion with air at 600 °C. In a previous paper, the composition and properties of

pyrolytic lignin and the effect of temperature on this composition were studied in detail.>



The volatile compounds that leave this thermal step are subsequently transformed (by
catalytic steam reforming) in a second unit (fluidized bed reactor). The controlled
deposition of pyrolytic lignin in a specific thermal step, prior to the catalytic reactor,
minimizes the operating problems caused by this deposition and attenuates the catalyst
deactivation. This fact was previously verified for the catalytic conversion of raw bio-oil

into hydrocarbons.>*>?

Figure 1

The on-line analysis of the reforming products is carried out continuously (more
representative and steady than discontinuous sampling) with a gas chromatograph (Agilent
Micro GC 3000) provided with four modules for the analysis of the following: (1)
permanent gases (O2, Hz, CO, and CH4) with SA molecular sieve capillary column; (2) light
oxygenates (C».), CO, and water, with Plot Q capillary column; (3) C,-C4 hydrocarbons,
with alumina capillary column; (4) oxygenated compounds (Cz+) with Stabilwax type
column. The mass balances, calculated from chromatographic analysis of the bio-oil and of
the product stream leaving the reforming reactor, were closed at > 95 wt% in all

experiments.

The experimental two-unit system was operated at atmospheric pressure and the
feeding rate (0.1 ml min™") of the bio-oil aqueous fraction was controlled by an injection
pump Harvard Apparatus 22. The particle size of catalyst and dolomite (obtained by
sieving) was 150-250 um and 90-120 pum, respectively. An inert solid (CSi (carborundum),
with 30-50 um particle size) was also used in the reactor, in inert/(catalyst+dolomite) mass
ratio = 1/1, in order to improve the hydrodynamic properties of the catalytic bed (consisting
of catalyst and/or dolomite). The particle sizes of the three solids are suitable for bed
hydrodynamics and for allowing their separation after reaction, required for their individual
characterization. The hydrodynamic properties of the reactor, which determines the feed
flow-rate, were established by cold hydrodynamic studies, ensuring the fluidization of the
catalyst + dolomite + CSi bed. The bed attrition was found negligible, by comparing the
mass of the spent catalyst + CSi bed with the initial mass of the bed. The coke deposited on

the spent catalyst was considered for this quantification.

The catalyst was reduced at 700 °C for 2 h, by using a H>-He flow (5 vol % of Hb»),
prior to each reforming reaction. The reforming conditions were: thermal step, 300 °C;
catalytic steam reforming, 550-650 °C; space-time = 0.45-1.35 Zeatalyst h (Zbio-oil)™'; Space-
velocity (GciHSV) = 2300-7600 h! (calculated in CH4 equivalent units); steam-to-carbon

ratio (steam/carbon molar ratio in bio-oil) at fluidized bed reactor inlet (S/C) = 10. This



ratio corresponds to the water in the aqueous fraction of bio-oil at the outlet of thermal
treatment. This aqueous fraction is obtained by adding water to raw bio-oil to achieve phase
separation. After the reforming reaction, the catalytic bed was swept with He for 30
minutes at the reaction temperature in order to desorb the possible reaction products that
may have been retained and to homogenize the coke deposited. This procedure was

performed with both the catalyst and the adsorbent prior to the analysis by TPO.

3. Results

The dolomite activity for bio-oil conversion and its influence on the reaction medium
composition should be considered, as the reforming of bio-oil oxygenates and the CO;
capture take place in the same reactor. Consequently, the reforming reactions on the
catalyst are affected by the reactions occurring on the dolomite (Figure 2). The bio-oil
steam reforming proceeds with high efficiency when the operating conditions are suitable
for attaining total CO, capture and hydrocarbon compounds are fully reformed. Thus, by-

product yields are minimized and the H» formation is enhanced.
Figure 2

3.1. Reaction indices

In order to quantify the results the following reaction indices were used:

Bio-oil conversion: X= % (8)

inlet

where F is the molar flow-rate of oxygenates at the inlet and outlet of the reforming reactor,

referred to the C atoms contained in the bio-oil.

F
Hydrogen yield: Yy, = 22100 9)

(4]
HZ

where F; is the molar flow-rate of H» in the product stream and Fy is the stoichiometric

maximum of the bio-oil fed to the reactor (full conversion in eq. (3)).

The yield of each C containing product (CO2, CO, CHs and hydrocarbons, mainly
ethane and ethylene):

Y, = F 100 (10)

inlet

where F; is the molar flow-rate of each compound, and Fine: is the molar flow-rate of the



bio-oil fed into the reactor, in C units.

The indices shown above were applied to the second step of the reaction system, i.e.,
to the fluidized bed reactor (with dolomite or catalyst). The bio-oil molar flow-rate at the
catalytic reactor inlet (Finet) 1s indirectly determined by a mass balance in the thermal
treatment step (at 300 °C). Accordingly, the amount of oxygenates from the bio-oil aqueous
fraction (Cs.1H7.4027) retained as pyrolytic lignin (in this thermal step) and its composition
are determined after each experimental run. The average amount of pyrolytic lignin
deposited is 25 (+ 2) wt% (by mass unit of oxygenates contained in the bio-oil aqueous
fraction) and its average composition is CssH49018 (quantified by elemental analysis).
Consequently, the average composition of the treated bio-oil that enters the fluidized bed
reforming reactor is C36Hs3030. The bio-oil molar flow-rate at reactor outlet (Foutet) 1S
calculated from the molar fraction of oxygenates (analyzed by microGC and by GC/MS)
and the total number of moles at the reactor outlet, Fr, determined by elemental mass
balance of H atoms in the catalytic reactor, Eq. (11), given that H atoms are not affected by

CO; capture.

F. .
H,inlet (1 1 )

in ‘Ny;

where Fu intet is the flow-rate of H atoms at the reforming reactor inlet (indirectly calculated

FT

in each run by a mass balance applied to the thermal step, thus considering the H retained in
the pyrolytic lignin); x; is the molar fraction of each reaction product, and nn;; is the number

of H atoms in each product of the outlet stream.

The mass balance shown in Figure 3 should be considered in order to obtain the
values corresponding to the transformation of the bio-oil aqueous fraction fed into the two-
step system. Given that pyrolytic lignin deposition in the thermal step involves separating
25 wt% of bio-oil oxygenates, bio-oil conversion and product yields (eqs 8-10) must be
multiplied by 0.75 in order to refer these results to the bio-oil fed into the system. It should

be noted that the mass balance closure corresponding to Figure 3 is & 3%.

Figure 3

3.2. Activity of the dolomite

In order to understand the role of the dolomite used as CO; adsorbent in the complex
reaction system (Figure 2), its activity was analyzed in experiments without catalyst in the

reactor. The bed is composed of dolomite and CSi (inert). The experiments were performed



with the following conditions: 600 °C; S/C, 10; mass of dolomite, 3 g; bio-oil flow-rate, 0.1
cm® min’'; time on stream, 3.5 h.

It should be noted that the dolomite is active for both the reforming of bio-oil
compounds (Figure 4a) and their thermal cracking (Figure 4b). As mentioned above, certain
bio-oil compounds (acetic acid and acetol) undergo thermal cracking on a sand bed under
steam reforming conditions, with acetic acid being significantly converted into Hz, CO»,
CO, CH4 and C> hydrocarbons.***® Figure 4 shows that bio-oil conversion decreases with
time on stream and so the H» yield also decreases (from 29 % to 20 % in 3.5 h). The
dolomite keeps the capacity for CO> capture throughout 1.7 h (Figure 4a), and it then

steadily loses this capacity.
Figure 4

In addition to H> and COa, other products from cracking and reforming of bio-oil
oxygenates are obtained, such as CO, CHs and light hydrocarbons (mainly ethane, ethylene
and propylene) (Figure 4b). The cracking significance is evidenced by the high CH4 yield at
zero time on stream (=11 %), although the products selectivity changes with reaction time
due to the dolomite deactivation. Thus, CH4 yield decreases to 6 % in 3.5 h and the yields
of CO and hydrocarbons increase (the former to a greater extent). It should be noted that
CO formation becomes more noticeable when CO: capture capacity of the dolomite

decreases (above 1.7 h, under the conditions studied).

The afore-mentioned results evidence the important role of the CO, adsorbent (by
cracking and reforming reactions) in the bio-oil catalytic reforming reaction. Besides,
contribution of thermal cracking reactions should also be considered. In order to quantify
the significance of these thermal reactions in the bio-oil steam reforming, some
experiments were carried out without dolomite (only inert CSi in the reactor). Figure 5
compares the results obtained with dolomite (reforming/cracking) and with CSi (thermal
cracking) at zero time on stream in the 550-800 °C range. As temperature is increased the
bio-oil conversion increases (up to 0.8 at 800 °C) and thermal cracking contributes
significantly to this conversion above 600 °C (Figure 5a). The H> and CO; yields are also
higher when temperature is increased above 600 °C (up to 20 % at 800 °C). Similarly, the
yields of other thermal cracking products (CH4 CO and HCs) also increase (Figure 5b)
when is higher than 600 °C. Based on the results in Figure 5, the presence of dolomite in
the reactor gives way to a decrease by 50 °C in the temperature at which bio-oil conversion
is noticeable, since the formation of H> and other reforming/cracking products is observed

at 550 °C. CO; formation is not significant below 600 °C because carbonation equilibrium
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is favored. Moreover, the lower CO yield obtained with dolomite, compared to that

obtained with CSi, is explained by the dolomite activity to the WGS reaction.

Figure 5

3.3. Suitable conditions for steam reforming with CO2 capture

In this section, the main process conditions are analyzed by using a mixture of

catalyst and dolomite in the fluidized bed reforming reactor.

3.3.1. Dynamics of bio-oil steam reforming with in situ capture of CO:

Steam reforming with in situ CO; capture of the bio-oil aqueous fraction was studied
under the following operating conditions: 600 °C; GciHSV, 7200 h!; S/C, 10; space-time,
0.45 Geatalyst h(gviooil)™'; amount of dolomite, 1.3 g; catalyst/dolomite mass ratio, 0.17; time
on stream, 4 h. The results of bio-oil conversion and product yields are shown in Figure 6,
where the three successive steps corresponding to the CO; capture dynamics are
distinguished: 1) total capture; ii) breakthrough curve (gradual saturation of dolomite with
COy); 1iii) total saturation of dolomite (steam reforming without CO> adsorption). In
calcination experiments of saturated dolomite, conducted in a thermobalance, it was

determined that CaO conversion during the carbonation in the reactor is 88% (£ 1%).

Figure 6

In order to analyze these results it should be consider that the dolomite plays an active
role in the cracking and reforming reactions of bio-oil compounds during these three steps
(section 3.2). Under the reforming conditions used, the bio-oil is fully converted throughout
4 h reaction (Figure 6a). The period of almost total CO; capture lasts around 40 min and,
during this time, the H» yield is over 99 % and it decreases slightly when the dolomite is
fully saturated. The low yield of CH4 is due to the catalyst activity for its reforming.
Furthermore, the yield of hydrocarbons is very low under these reaction conditions.
However, the presence of this kind of compounds in the reaction medium has a direct
impact on the catalyst deactivation by coke deposition on its active sites.*® Consequently,
reaction conditions that minimize the concentration of these coke precursors in the reaction

medium should be established.

Furthermore, in the period of almost total CO: capture (40 min) the CO yield is lower
than 0.5 %, and it increases up to 5 % after dolomite saturation (Figure 6b). This result is
explained because the WGS reaction (eq. 2) is shifted due to the CO, removal from the

reaction medium, thereby minimizing the formation of CO. This fact is important in order
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to lessen the severity of a subsequent treatment for H» purification (with the consequent

economic advantage).

3.3.2. Effect of catalyst/dolomite mass ratio

This ratio should be studied because dolomite is active for bio-oil reforming and
cracking, i.e., both catalyst and dolomite are active for the transformation of the reaction
medium compounds. The experiments were carried out under the same operating conditions
of section 3.3.1 and varying the catalyst/dolomite mass ratio in the 0.03 - 0.38 range. The
catalyst mass was 0.5 g and a different mass of dolomite (1.3, 3.0, 5.0 and 15.0 g) was used

in each experiment.

Figure 7 shows the effect of catalyst/dolomite mass ratio on the bio-oil conversion
and product yields. The results correspond to zero time on stream (almost total CO>
capture) and to 4 h of time on stream (there is no CO; capture for catalyst/dolomite mass
ratios higher than 0.1, as the dolomite is saturated). It is observed that catalyst/dolomite
mass ratios higher than 0.17 are required to achieve the stoichiometric yields of the
reforming and WGS reaction. For these mass ratios the catalyst deactivation by coke
deposition is minimized. Under these operating conditions, the initial results (0 h)
correspond to a situation with total CO; capture and the results at 4 h correspond to a

situation with no capture (for catalyst/dolomite mass ratios higher than 0.1).

Figure 7

The above-mentioned results evidence that minimum catalyst/dolomite ratio of
around 0.17 is required in order to attain suitable results. Figure 8 shows the evolution with
time on stream of bio-oil conversion (Figure 8a) and product yields (Figures 8b-f) for
different catalyst/dolomite mass ratios (pointed lines) and for the reaction without dolomite
(dashed line). This figure provides a more complete view of the effect of this ratio and the

dolomite role.

Figure 8

For catalyst/dolomite ratios higher than or equal to (=) 0.17, the results of conversion
and products yields are better than those obtained without dolomite (only catalyst in the
reactor), with the bio-oil being fully converted (Figure 8a) and H> yields above 95 %

throughout the reaction time (Figure 8b).

In order to explain the results, differences between the periods of total CO; capture

(the first 40 min) and when the dolomite is not active for this capture should be considered.



12

In the initial period of nearly total capture, the CO; yield is = 5 % (corresponding to
the thermodynamic equilibrium of CaO carbonation in dolomite (eq 7) at 600 °C, Figure
8c), being negligible the yield of CO (Figure 8d) for catalyst/dolomite mass ratios > 0.17.
This result reveals that the WGS reaction is completely shifted. Besides, CHs4 and light
hydrocarbons, which are products of the bio-oil compounds cracking, are almost fully
reformed (Figures 8e,f). Therefore, the development of these compounds to more
condensed structures (coke precursors) is avoided, and so the catalyst deactivation in 4 h

reaction is negligible.

In the period of dolomite saturation (from 40 min to 2 h) and after its total saturation
(above 2h, Figure 6), the dolomite capacity for reforming and cracking the bio-oil
compounds (section 3.2) should be considered. For catalyst/dolomite mass ratios > 0.17, the
CO and CO> yields increase with time on stream (Figures 8c,d) and the yields of CHy
(Figure 8e) and hydrocarbons (Figure 8f) are negligible. The bio-oil conversion (Figure 8a)
and H; yield (Figure 8b) keep almost constant thorough reaction time due to the dolomite
activity for reforming and cracking (to a lesser extent) the bio-oil oxygenates, which forms
lighter oxygenates and hydrocarbons liable to reforming. Thus, bio-oil heavy compounds,
which are presumably more active precursors in coke formation, are cracked. Therefore,
combining the dolomite and catalyst cracking/reforming capacities (for catalyst/dolomite >
0.17), the main by-products obtained thorough the dolomite saturation period are CO> and
CO (due to the WGS reaction equilibrium).

The results in Figure 8 also reveal that catalyst/dolomite mass ratios lower than 0.17
are not suitable because the catalyst amount is not enough to reform the cracking products
coming from the dolomite. Consequently, the bio-oil conversion (Figure 8a) and H» yield
(Figure 8b) decrease more rapidly with time on stream than without dolomite (catalyst
alone), and a high yield of CHs (= 16%) is obtained at zero time on stream (Figure 8e),
which decreases slightly to 12 % in 4 h reaction. The decrease in CHy yield is related to the
decrease of dolomite cracking capability as a result of carbonation (also evidenced in
Figure 4). However, the CHjs yield decrease is less pronounced than the decrease in bio-oil
conversion, as a result of the loss of CHs4 reforming capacity of the catalyst due to
deactivation. Besides, the initial yield of hydrocarbons is negligible and it increases with
time on stream (Figure 8f) due to the catalyst deactivation, which causes the loss of

reforming activity.

3.3.3. Effect of the amounts of dolomite and catalyst
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The experiments were performed by using different amounts of dolomite (1.3 and 3.9
g) and catalyst (0.5 and 1.5 g) in order to have a constant catalyst/dolomite ratio (0.38). The
other operating conditions are the same as those used in section 3.3.1. The results
corresponding to the evolution with time on stream of H> and CO; yields (Figure 9a) and
CO and CHy yields (Figure 9b) are shown.

Figure 9

It should be noted that for both masses studied the yields of CO,, CO and CHj4 are
almost negligible during the period of total CO> capture. Then, the CO, and CO yields
increase throughout the period in which dolomite loses its capture capability, with their

final yields being similar for both conditions.

The afore-mentioned results evidence that the process of CO> capture, under the
operating conditions studied, is greatly influenced by: 1) the catalyst amount, established to
achieve full conversion of the bio-oil fed during the time desired (which is higher as the
catalyst mass in the bed is increased) and ii) the catalyst/dolomite mass ratio (which should
be > 0.17).

3.3.4. Effect of reforming temperature

Thermodynamics and kinetics of all reactions involved in the process (reforming,
WGS, dolomite carbonation and secondary cracking reactions, Figure 2) are affected by the
reaction temperature. This effect was studied in the 550-650 °C range because the catalyst
deactivation by coke is very high at temperatures below 550 °C (as proven in a previous
paper without CO> capture*®), and above 650 °C the capture of CO> is thermodynamically
unfavored.®’ The operating conditions were: 3 g of dolomite, catalyst/dolomite ratio = 0.17,
S/C =10, 0.45 geatalyst h (@bio-oit)”! and space-velocity (GcitHSV) = 6900-7600 h.

Figure 10 shows the effect of temperature on the evolution of bio-oil conversion
(Figure 10a) and reaction products (Figures 10b-f) with time on stream. The catalyst
deactivation and dolomite carbonation capacity are greatly affected by reaction
temperature. The initial CO> capture (fresh dolomite) at 550 °C is almost total (Figure 10c)
and bio-oil conversion and H» yield decrease notably with time on stream, due to the
significant deactivation by coke deposition undergoing the catalyst at this temperature. At
650 °C, the initial CO> capture is not total (Figure 10c), which evidences that the
thermodynamic equilibrium of reforming reaction is not completely shifted. The yield of
CO steadily increases with time on stream due to the WGS reaction equilibrium. It should
be noted that hydrocarbons are formed at 650 °C, mainly CH4 (Figure 10e) and light
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hydrocarbons (Figure 10f). These hydrocarbon products come from the cracking reactions
undergone by bio-oil compounds, which are promoted by the presence of dolomite at this
temperature (Figure 5). Consequently, the H» yield at 650 °C is lower than that obtained at
600 °C.

Figure 10

Figure 11 shows the temperature-programmed-oxidation (TPO) results of the coke
deposited on the catalyst deactivated at different reforming temperatures (Figure 11a) and
on the deactivated dolomite (Figure 11b). The results of coke content on the catalyst are
consistent with the effect of temperature on decreasing the bio-oil conversion with time on
stream (Figure 10), with these coke contents being 2.31 wt%, 0.56 wt% and 0.54 wt% at
550 °C, 600 °C and 650 °C, respectively. Furthermore, the number of peaks in the TPO
curves and the corresponding temperature provide information about the existence of
different coke fractions, with different composition and growth level towards graphitic
structures.’®®! The position of TPO combustion peaks in supported metal catalysts and bi-
functional catalysts is related to the proximity between the metal and the coke and to the
metal ability to activate coke combustion.”*®® The TPO results in Figure 11a show three
peaks with maxima at 285 °C, 420-445 °C and 630-660 °C, respectively, which are
attributed to the combustion of the coke deposited on Ni atoms, Ni-La;O3 and Ni-Al,O3

interface and a-Al,Os3 support, respectively.

The effect of reaction temperature on the TPO results is significant due to the
increase in temperature promoting coke gasification. Therefore, although gasification
seems to affect all coke types, the interpretation of these TPO results under these conditions

of partial gasification of the coke is a difficult task.

The TPO results for the coke deposited on the dolomite used at different reforming
temperatures (Figure 11b) are masked by those for CO> formation above 500 °C due to the
dolomite decarbonation. This fact makes impossible to determine the presence of coke
fractions burning above 500 °C. The content of the coke that burns below 500 °C is low
(0.75 wt% and 0.48 wt% for reforming runs at 550 °C and 650 °C, respectively) but the
TPO peak position (below 400 °C) suggests that this coke is deposited on the metallic sites
of the dolomite (0.3 wt% Fe,Os, Table 2). This evidences that, as previously found,®* these
metallic sites are active for reforming reactions. The coke content deposited on the
dolomite is lower than that corresponding to the catalyst, but it is presumably enough to

deactivate the metallic sites of the dolomite.

Figure 11
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According to the afore-mentioned results, 600 °C is a suitable temperature for the
bio-oil aqueous fraction reforming with in situ CO> capture by using dolomite as adsorbent,
because bio-oil is fully converted throughout 4 h reaction and H: yield around 99 % (= 70
% if calculated with respect to the bio-oil fed into the two-unit system) is obtained.
Moreover, this temperature is close to that required to attain the maximum carbonation
capacity (625 °C for dolomite).>’ In addition, this moderate temperature allows reducing the

energy requirement of the process and enhances the Ni based catalyst stability.

It should be noted that this result is achieved because the first thermal step (of
pyrolytic lignin removal) allow separating the bio-oil heavier compounds, which would
require higher temperatures for reforming. The compounds derived from the cracking of
these heavy oxygenates would also require higher temperatures. Accordingly, the results of

the technology with two reaction steps are promising for further studies aimed at scaling

up.

3.3.5. Effect of S/C ratio

The results shown in the previous sections correspond to a feed of bio-oil aqueous
fraction (82 wt% water) for which the S/C ratio at the reforming reactor inlet is of around
10. The effect of increasing the S/C ratio (to S/C = 15) was studied at 600 °C (Figure 12).

Figure 12

The results show that the values of product yields and the effect of CO> capture at
zero time on stream and its evolution with time on stream are similar for both S/C ratios.
For S/C = 15 there is a slight decrease in the CO yield (the WGS reaction is favored),
although it is not enough to significantly effect the H» yield. Besides, this minor advantage
is counterbalanced by the higher cost of energy for feed vaporization, and therefore an
increase in S/C ratio over that corresponding to the bio-oil aqueous fraction is not

advisable.

The results obtained with CO> capture are interesting for future scale-up studies,
considering that both catalyst and adsorbent (after their separation) must be regenerated in
fluidized bed reactors interconnected with the reforming unit. Therefore, the residence time
of the solids in the reforming reactor must be suitable to achieve the objectives of a
constant H, production and CO; capture throughout time. Furthermore, although the
catalyst can be regenerated by coke combustion, fully recovering its activity, the
irreversible deactivation that undergoes the dolomite (and calcite and other minerals) in

carbonation-calcination cycles, is a design challenge of the process. In order to



16

implementing these reforming-regeneration strategies, the concepts proposed for the CH4

reforming with COz capture® could be used.

Conclusions

The understanding of the bio-oil aqueous fraction reforming requires to consider the
linkage between all reactions involved in both the reforming and the cracking reactions of
bio-oil oxygenates. Dolomite may reform the bio-oil above 550 °C, and this capacity is
affected by deactivation. Moreover, as dolomite activity for reforming and WGS reactions
decreases, the cracking reactions of bio-oil oxygenates (on this dolomite) become more

significant, and therefore CH4 and CO formation is enhanced.

The use of dolomite in situ in the fluidized bed reactor is effective for CO» capture,
and therefore enhances the reforming reaction. Furthermore, the catalyst/dolomite mass
ratio is relevant because both catalyst and dolomite are active for reforming and cracking,
1.e., the presence of dolomite influences the kinetic behavior of the catalyst. At 600 °C and
catalyst/dolomite mass ratios higher than or equal to 0.17, a suitable balance is stricken
between the reforming and WGS reactions and the cracking and coke formation reactions.
Accordingly, at 600 °C and a space-time of 0.45 Zeawlyst h (@bio-oit) !, the bio-oil is fully
converted and the H» yield is around 99 % throughout the CO; capture step and around 95
% when dolomite is saturated. During the period of CO; capture, the yield of CO is around
0.5 %, which evidences that the WGS reaction equilibrium is effectively shifted. The CO
yield increases to 5 % once dolomite has been fully saturated. Furthermore, the catalyst
deactivation is very low because hydrocarbon compounds (coming from cracking), which

are coke precursors, are fully reformed so that CO is the only significant by-product.

The reaction indices studied (conversion and product yields) are not directly
influenced by the amount of dolomite, although it affects the saturation time. Consequently,
the amount of catalyst to be used in the reactor is determined by the catalyst/dolomite mass

ratio and the bio-oil flow-rate in the feed.

The results of this paper are interesting to establish the suitable operating conditions

in a fluidized bed of a larger scale, with circulating catalyst and adsorbent.
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Figure 11.

Scheme of the reaction equipment.

Linkage between the steps of reforming, cracking and CO; capture in the
catalyst/dolomite system.

Mass balance of oxygenates in both steps of the process.

Evolution with time on stream of bio-oil conversion and H> and CO; yields (a),
CO, CH4 and hydrocarbons yields (b). Reaction conditions: 600 °C; S/C, 10;
space-time, 2.8 Zdolomite h (Zvio-oil) ™.

Comparison of reforming activity at different temperature of dolomite (solid
lines) and inert CSi (dashed lines). (a) bio-oil conversion and H, and CO;
yields; (b) CO, CHs and hydrocarbons yields. Reaction conditions: S/C, 10;
space-time, 1.9 Zdolomite h (Zvio-oil) ™.

Evolution with time on stream of bio-oil conversion and H> and CO, yields (a),
CO, CH4 and hydrocarbons yields (b). Reaction conditions: 600 °C; S/C, 10;
space-time, 0.45 geatalyst h (Zvio-oil)'; dolomite mass, 1.3 g; catalyst/dolomite
mass ratio, 0.38.

Effect of catalyst/dolomite mass ratio on bio-o0il conversion and H> and CO»
yiels (a), CO, CH4 and hydrocarbons (b) under conditions of CO; capture (t= 0
h) and saturated dolomite (t= 4 h). Reaction conditions: 600 °C; S/C, 10; space-
time, 0.45 Leatalyst h (gbio-oil)-l-

Effect of catalyst/dolomite mass ratio on the evolution with time on stream of
bio-o0il conversion (a) and yields of Hz (b), CO2 (c), CO (d), CH4 (e) and
hydrocarbons (f). Reaction conditions: 600 °C; S/C, 10; space time, 0.45 Zcatalyst
h (gbio-oil) ™

Effect of dolomite mass on the evolution with time on stream of H> and CO»
yields (a), CO and CHy yields (b). Reaction conditions: 600 °C; S/C, 10; space-
time, 0.45 and 1.35 Zeatalyst h (Zvio-oil)™'; catalyst/dolomite mass ratio, 0.38.

Effect of temperature on the evolution with time on stream of bio-oil
conversion (a) and yields of Hz (b), CO2 (c), CO (d), CHs4 (e) and hydrocarbons
(f). Reaction conditions: catalyst/dolomite mass ratio, 0.17; space-time, 0.45
Leatalyst h (gbio—oil)_l; S/C, 10.

Profiles of temperature-programmed-oxidation (TPO) analysis of the coke
deposited on the catalyst (a) and on the dolomite (b) at different reaction
temperatures.
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Figure 12. Effect of S/C ratio on the evolution with time on stream of H> and CO> yields
(a), CO and CHg4 yields (b). Reaction conditions: 600 °C; catalyst/dolomite
mass ratio, 0.17. space-time, 0.45 Zeatalyst h (Zvio-oil) ™.



TABLES

Table 1. Composition (wt%) of the raw bio-oil and its aqueous fraction.

Compound/Group Raw bio-o0il Aqueous fraction
Acetic acid 12.8 19.1
Acetone 5.5 1.0
1-hydroxy-2-propanone 16.3 8.7
Hydroxyacetaldehyde 8.5 1.8
Methanol 1.3 1.0
Levoglucosan 11 19.6
Other ketones 3.8 8.1
Other acids 4.0 7.4
Other alcohols 2.4 3.6
Other aldehydes 6.5 5.5
Esters 5.1 3.1
Ethers 1.4 0.3
Phenols 16.6 13.4
Others 2.3 38
Non-identified 2.6 38

Table 2. Physical properties of dolomite.

Composition, wt%

CaCO; 58
MgCO; 36
S 0.07
Fe;0s 0.3
Density, g-cm™ 2.8

Granulometry, mm <3
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