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8  Abstract

9  The influence the support has on the performance of Ni catalysts used in the reforming
10  of biomass fast pyrolysis volatiles has been assessed. Accordingly, five catalysts have
11 been prepared by wet impregnation method, namely Ni/Al>2O3, Ni/SiO2, Ni/MgO,
12 Ni/TiO2 and Ni/ZrO,. These catalysts have been characterized by nitrogen
13 adsorption/desorption, X-ray fluorescence spectroscopy, temperature programmed
14 reduction and X-ray diffraction techniques. The pyrolysis-reforming runs have been
15  performed in a bench scale unit operating in continuous regime. The biomass (pine
16 wood sawdust) pyrolysis step has been carried out in a conical spouted bed reactor at
17 500 °C, with the volatiles produced (a mixture of gases and bio-oil) being reformed in-
18  line on the prepared catalysts in a fluidized bed reactor at 600 °C. Remarkable
19  differences have been observed amongst the catalyst prepared, with Ni/Al>O3, Ni/MgO
20 and Ni/ZrO2 being those leading to the most encouraging results, whereas Ni/TiO- and,
21 especially Ni/SiO., showed a limited reforming activity. The performance of each
22 catalyst has been related to its properties determined in the characterization.
23 Keywords: hydrogen; pyrolysis; reforming; biomass; conical spouted bed; catalyst
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Introduction

The environment problems associated with the dependence on fossil fuels have
increased the interest of biomass as renewable source in order to contribute to reducing
CO. emissions [1]. Thus, thermochemical processes for biomass valorisation,
particularly gasification and fast pyrolysis, are of special interest, as they can be
implemented in full scale units and their products, syngas and bio-oil, respectively, are
promising intermediate products that can be further converted into commercial fuels and
chemicals [2, 3].

Hydrogen production is a preferential objective in the valorisation of biomass due to the
growing demand of H> as energy carrier, fuel and raw material, given that around 96 %
of Ha is currently produced from fossil fuels [4]. Thus, biomass steam gasification
allows producing H> rich syngas [5, 6]. However, the implementation of this process is
limited by the high tar content in the syngas [7]. Steam reforming of bio-oil (product of
biomass fast pyrolysis) is an interesting indirect route for Hz production from biomass
due to the high H> selectivity and full conversion of the tars attained [8-14]. Bio-oil is a
very complex mixture of oxygenated compounds of different nature [15, 16].

As an alternative to Hz production from bio-oil, pyrolysis and in-line reforming of the
volatiles has also been proposed as a direct strategy for Hz production from biomass
[17-22] and other residues, such as waste plastics [23-26]. Interestingly, H2 production
can be considerably increased by co-feeding plastics with biomass in the pyrolysis-
reforming process [27, 28]. Moreover, the direct alternative of pyrolysis and in-line
reforming avoids the handling of bio-oil, specially the problems associated with its
storage and vaporization [13, 29]. In fact, this process involves several operational
advantages, as are: (i) separate optimization of pyrolysis and reforming conditions, (ii)

lower temperature than gasification, which reduces material costs and catalyst sintering
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problems, (iii) avoids the direct contact of the catalyst with the impurities contained in
biomass (they are retained in the pyrolysis reactor).

However, both direct and indirect routes for the reforming of biomass derived products
are conditioned by fast catalyst deactivation due to coke formation. Thus, the unstable
nature of bio-oil oxygenates undergo decomposition reactions that lead to severe coke
formation on the reforming catalyst [11, 29, 30]. Amongst the catalysts studied in the
literature, most of them are Ni based ones because this metal combines a suitable
activity (significant capacity for C-C, C-H and O-H bond cleavage) [31] with a
considerably lower price than other noble metals [32, 33]. Nevertheless, Ni is less active
for water gas shift (WGS) reaction and promotes methanation and coke formation
reactions [34].

Several strategies have been proposed in order to improve Ni catalysts performance,
with the most common ones being based on the selection of the right support and
subsequent modifications [9, 35]. In fact, the support plays a key role on catalyst
performance, as it stabilizes the metal and may also take part in secondary reactions,
thereby controlling coke deposition [11]. Therefore, a suitable oxide should provide a
strong metal-support interaction, which enhances Ni dispersion and minimizes metal
sintering [36]. Furthermore, it should promote oxygen mobility and have high oxygen
storage capacity in order to ease the removal of carbonaceous deposits and attenuate
deactivation [35]. A wide range of Ni supported catalyst have been proposed in the
literature on the reforming of bio-oil, bio-oil model compounds and biomass pyrolysis
volatiles, with Al,O3 [22, 37-39], ZrO> [38, 40], MgO [20, 38, 41], CeO> [38, 40] and
dolomite [42-44] being extensively used.

Although great effort has been devoted to the development of catalysts for the

reforming of bio-oil model compounds, the studies conducted by feeding crude bio-oil
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are scarce [9]. Therefore, knowledge of the performance of reforming catalysts under
real process conditions is still limited. Accordingly, this study analyzes the influence the
support in Ni catalysts has on the reforming of the whole biomass pyrolysis volatile
stream, i.e. the gases and bio-oil produced. Thus, catalyst screening was carried out
based on a bench scale pyrolysis-reforming unit operating in continuous regime. The
pyrolysis step was performed in a conical spouted bed reactor (CSBR) whose features
allow operating under flash pyrolysis conditions and enhance bio-oil yield [45, 46]. The
subsequent step of catalytic steam reforming of pyrolysis volatiles was conducted in a
fluidized bed reactor (FBR). This original pyrolysis-reforming process has already been
applied to the valorisation of biomass [19], different plastics [24, 25] and
biomass/plastics mixtures [27] on a Ni commercial catalyst in the reforming step.

2. Materials and Methods

2.1. Materials

The biomass used in this study was pine wood (Pinus insignis), which was crushed and
sieved to a particle size between 1 and 2 mm. It was then dried at room temperature to a
moisture content below 10 wt%. The main properties of the pine wood sawdust are set
out in Table 1. The ultimate and proximate analyses have been determined in a LECO
CHNS-932 elemental analyzer and in a TGA Q5000IR thermogravimetric analyzer,
respectively. The higher heating value (HHV) has been measured in a Parr 1356
isoperibolic bomb calorimeter. The thermal degradation behaviour of this biomass has
been reported elsewhere [47].

Table 1. Biomass characterization (Pine wood).

Ultimate analysis (wt%o)

Carbon 49.33
Hydrogen 6.06
Nitrogen 0.04
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Oxygen 44,57

Proximate analysis (wt%o)

Volatile matter 73.4
Fixed carbon 16.7
Ash 0.5
Moisture 94
HHV (MJ kgt) 19.8

2.2. Catalyst synthesis

Several supported nickel catalysts were prepared by wet impregnation of the support
with an aqueous solution of Ni(NO3)2:6H20 (VWR Chemicals, 99%). The commercial
metal oxides used as catalyst supports were y-Al20O3 (Alfa Aesar) SiO2, (Merck), MgO
(Sigma Aldrich) , TiO2 (Alfa Aesar) and ZrO; (Alfa Aesar).

Prior to loading Ni, the Al>Os was pretreated by calcination under air atmosphere at
1000 °C for 5 h to thermally stabilize the support, thus avoiding any possible phase
change of y-Al>O3 during the process, as well as improving the mechanical strength of
the catalyst. All supports were adequately ground and sieved to a particle size between
0.4 and 0.8 mm given that this particle size was determined as the most suitable one for
use in fluidized bed reforming reactors [19].

After impregnation, the catalysts were dried at 100 °C overnight and subsequently
calcined at 700 °C for 3 h, except the Ni/MgO one, which was calcined at 500 °C. Based
on previous studies on the optimum Ni loading [48], Ni content was fixed at 10 wt%
because higher loads led to severe deactivation by sintering [49].

2.3. Catalyst characterization

The physical properties of the catalyst (Specific surface area, pore volume and average
pore size) have been determined by N adsorption—desorption isotherms at 77K in a

Micromeritics ASAP 2010. Surface area was calculated based on the BET equation,



117

118

119

120

121

122

123

124

125

126

127

128

129

130

131

132

133

134

135

136

137

138

139

140

141

whereas the pore size distribution was determined by BJH method. Prior to the analyses
the samples were outgassed under vacuum at 150 °C for 8 h.

X-ray fluorescence (XRF) spectrometry was used to measure the total metal loading
(wt%) of each catalyst. From each powder sample, a borated glass bead was prepared by
melting in an induction micro-furnace. The flux Spectromelt A12 from Merck and the
samples were mixed in a ratio of approximately 20:1.

The chemical analysis of the beads was carried out under vacuum atmosphere using a
sequential wavelength dispersion X-ray fluorescence (WDXRF) spectrometer (Axios
2005, PANalytical) equipped with a Rh tube, and three detectors (gaseous flow,
scintillation and Xe sealing). The calibration lines were performed by means of well
characterized international patterns of rocks and minerals

Temperature Programmed Reduction (TPR) measurements were carried out to
determine the reduction temperature of the different metallic phases in the catalyst.
These assays were conducted on an AutoChem Il 2920 Micromeritics. Prior to the
reduction experiments, the catalysts were thermally treated under helium stream at
200°C in order to remove water or any impurities. TPR profiles were recorded from
room temperature to 900°C under a flow of 10% H»/Ar at a heating rate of 5°C/min.
X-ray powder diffraction (XRD) patterns were recorded on a Bruker D8 Advance
diffractrometer with CuK: radiation in order to analyse the crystalline structure of the
calcined and reduced supports. The average Ni crystallite size was calculated by using
the Scherrer formula. Moreover, Ni dispersion was determined based on the average Ni
particle size and crystallite size, and this method provided similar results to the one
based on H> adsorption [21, 50]. However, certain differences were reported for
Ni/TiO2 due to the strong metal-support interaction [38]. The device is equipped with a

Germanium primary monochromator, Bragg-Brentano geometry, and with a CuKg
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wavelength of 1.5406 (A), corresponding to an X-ray tube with Cu anticathode. Sol-X
dispersive energy detector was employed, with a window optimized for CuKal for
limiting the fluorescence radiation. Data collection was carried out continuously, from
10° to 80° with steps of 0.04° in 26 and a measurement time per step of 12 s.

2.4. Equipment and reactors

The experiments were performed in a bench scale plant operating in continuous regime,
whose scheme is shown in Figure 1. The plant is made up of two reactors connected in
line, i.e., biomass pyrolysis was carried out in a conical spouted bed reactor (CSBR) and
the pyrolysis volatiles formed (gases + bio-oil) were transferred to a fluidised bed
reactor (FBR) for the reforming step.

The CSBR has proven to perform well in previous pyrolysis studies in which several
wastes were used, such as biomass [45, 46, 51], plastics [52, 53] and tyres [54, 55]. The
dimensions of the pyrolysis reactor guarantee a stable spouting regime characterized by
high heat and mass transfer rates and short residence times of the volatiles, and biomass
pyrolysis was therefore performed under fast conditions. These dimensions are as
follows: height of the conical section, 73 mm; diameter of the cylindrical section, 60.3
mm; angle of the conical section, 30 °; diameter of the bed bottom, 12.5 mm, and
diameter of the gas inlet, 7.6 mm. In addition, the reactor has a lateral outlet pipe placed
above the bed surface for the removal of char particles from the bed (Figure 1), thus
minimising secondary reactions of pyrolysis volatiles. Below the reactor there is a gas
preheater filled with stainless steel pipes in order to improve heat transfer. A 1250 W
radiant oven heated the pyrolysis reactor, with temperature being controlled by two K-
type thermocouples located inside the reactor, one in the bed annular region and the

other one close to the reactor wall.
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The volatile products of the pyrolysis step (gases and bio-oil) were reformed in line in a
FBR. This reactor guarantees bed isothermicity and minimizes operational problems
that are usual in fixed bed reactors, such as bed clogging due to severe coke formation
[41, 56-58]. In addition, a FBR is a suitable alternative for scaling up the process, as it
allows the implementation of catalyst circulation strategies. The diameter of this reactor
was 38.1 mm and its length 440 mm. The reactor was located in a radiant oven (550 W)
and temperature was controlled by means of a thermocouple placed in the catalyst bed.
In order to avoid the condensation of steam and biomass pyrolysis products, the reaction
zone (the pyrolysis and reforming reactors), the interconnection pipes, the cyclone and
the filter were located inside a forced convection oven kept at 270 °C. The cyclone
retains the fine char particles entrained from the pyrolysis step, and therefore avoids
their feed into the reforming reactor, whereas the filter (5 um sintered steel) retains the
reforming catalyst fines elutriated from the reforming reactor.

Biomass was continuously fed into the pyrolysis reactor driven by an automatic feeder,
which consists of a vessel equipped with a vertical shaft connected to a piston placed
below the biomass bed. By raising the piston at the same time as the whole system was
vibrated by an electric engine, the feeding system discharges the biomass through a pipe
to the reactor. This pipe was cooled with tap water to avoid biomass partial degradation,
and therefore system blockage. Moreover, a very small nitrogen flow rate introduced

into the vessel stops the steam entering the feeding vessel.
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Figure 1. Bench scale plant for continuous pyrolysis-reforming of biomass.

The water flow rate was measured up by means of a high precision Gilson 307 pump.
Once the water reached the forced convection oven, it was vaporized by means of an
electric heater, and the steam was fed into the pyrolysis reactor. The plant has three
mass flow meters for N2, air and Hz, with N2 being only used as fluidizing agent during
the heating process prior to the reaction, and H> to reduce the Ni catalyst prior to the
reforming reaction.

Non-reacted steam and bio-oil were retained in the condensation system prior to the gas
analysis section. The volatile condensation system consists of a condenser (cooled with
tap water) and a coalescence filter.

2.5. Experimental conditions

The hydrodynamic conditions in the CSBR and FBR were fine tuned in previous studies
[19, 24]. This point is critical given that the same steam flow acts as fluidizing agent in
both reactors. In order to meet satisfactory fluidization regimes in both reactors, solid

particle sizes were carefully selected. Thus, the CSBR contains 30 g of silica sand with
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a particle size in the 0.3-0.35 mm range. In the case of the FBR, the bed was made up of
a mixture of reforming catalyst and inert sand, with the total bed mass being kept
constant at 25 g in all the runs. The catalyst/sand mass ratios used were chosen
according to the space time studied. The particle size of the catalyst was in the 0.4-0.8
mm range and that of the inert sand in the 0.3-0.35 mm range.

In all the experiments performed, the pyrolysis step temperature was fixed at 500 °C,
which is the one determined as optimum for the pyrolysis of this material in a CSBR
[45]. Likewise, reforming temperature was kept at 600 °C in all the experiments, given
that similar results were obtained in a previous study conducted in the 600 to 700 °C
[19]. Furthermore, Ni sintering is avoided operating at 600 °C, as this temperature is
slightly above pure Ni Tamman temperature [59]. Prior to the reforming reaction, the
catalyst has been subject to an in situ reduction process at 710 °C for 4 h under a 10%
vol. Hz stream.

A steam/biomass (S/B) ratio of 4 was used in all the experiments, with continuous
biomass feed rate being 0.75 g min™ and that of the steam 3 ml min™. Thus, the molar
steam/carbon (S/C) ratio in the reforming step was 7.7. It should be noted that the
amount of carbon contained in the char formed in the pyrolysis step was not considered
in the calculation of this ratio. Two different space time values (10 and 20 gcat min
Quolatiles 1) Were assayed for all the catalysts studied.

The experiments were carried out in continuous regime, and the GC and micro GC
analyses were performed subsequent to several minutes of operation in order to ensure
steady state conditions. Moreover, the runs have been repeated at least 3 times under the
same conditions in order to guarantee reproducibility of the results.

2.6. Product analysis

10
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A sample of the volatile products leaving the reforming reactor was analysed on-line by
means of a GC Varian 3900 provided with a HP-Pona column and a flame ionization
detector (FID). The sample was injected into the GC by means of a line thermostated at
280 °C, once the reforming reactor outlet stream has been diluted with an inert gas in
order to avoid the condensation of non-converted bio-oil compounds. The non-
condensable gaseous products were analyzed on-line in a micro GC (Varian 4900), and
in this case the samples were taken after the condensation and filtering processes (see
Figure 1). The micro GC was equipped with four modules, namely, Molecular sieve 5,
Porapak (PPQ), CPSil and Plot Alumina.

2.7. Reaction indixes

In order to evaluate the performance of the different catalyst prepared, conversion and
individual product yields were considered as the key reaction indexes. The reforming
conversion has been defined similarly as the carbon conversion efficiency commonly
used in the gasification processes, i.e., the ratio between the moles of C recovered in the
gaseous product and those fed into the reforming step. The carbon contained in the char
produced in the pyrolysis step was not considered.

Cgas
X =% 100 (1)

volatiles
Similarly, the yield of C containing individual compounds has been based on the
biomass pyrolysis volatile stream:

Y, = i

100 (2)

volatiles

where Fi and Fyoratiles are the molar flow rates of product i and pyrolysis volatiles,

respectively, both given in C units contained.
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The hydrogen vyield was determined as a percentage of the maximum allowable by
stoichiometry, which accounts for the H, coming from both the pyrolysis products and

the steam. The following stoichiometry was considered:

C,H,O, +(2n—k)H,0——nCO, +(2n+m/2—k)H, (3)
FH

Y, = 2100 (4)
2 ':H2

where F and F%4, are the Hz molar flow rates obtained in the run and the maximum
allowable by stoichiometry.
H> production was calculated as the mass of H, produced per biomass mass unit fed into

the pyrolysis step:

P, = T”Z 100 (®)
mBiomass

3. Results

3.1. Catalyst characterization

The textural properties of both the original supports and the prepared catalysts were
determined by means of N. adsorption-desorption and are summarized in Table 2.
These properties play a remarkable role on the reforming catalysts performance, given
that a high surface area greatly improves the dispersion of the active phase [60]. As
observed in Table 2, the supports used are mesoporous materials, with an average pore
size range from 20 to 250 A. In the case of SiO, support, a porous structure with
considerable microporosity, low average pore size (21 A) and high value of BET
surface area (703 m? g*) was observed, which leads to significant micropore volume.
On the other hand, MgO had a poor porous structure, with a very low surface area of

only 1 m? g. The other supports (Al.Os, TiO, and ZrO) have similar features, with

BET surface areas between 90 and 150 m? g* and average pore sizes from 115 to 175

A
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272 Once Ni impregnation had been carried, significant differences were observed in the
273 catalysts surface properties compared to those of the supports. Thus, the surface area
274  and pore volume of the impregnated catalysts were significantly reduced, except for
275  MgO. The decrease in surface area after impregnation is attributed to the blockage of
276  the support pores by nickel species, which make them inaccessible for N2 adsorption
277  [61]. In addition, the average pore sizes of Ni/TiO, and Ni/ZrO; catalysts undergo a
278  considerable increase, which suggests that Ni was mainly deposited on the finest pores.
279  However, the location of Ni in the case of MgO is mainly external due to the poor
280  porous structure of this material. In fact, the selective impregnation of Ni on the catalyst
281  external surface led to an increase in its surface area, which is consistent with the trend
282  reported for Ni impregnation on supports of low porosity [37, 62].

283  Table 2 also shows the Ni load, averaged crystallite size and dispersion. According to
284  the XRF analysis, the metal content of the catalysts was very similar to the nominal
285  loading (10 wt%), and it can therefore be concluded that the wet impregnation method
286 is suitable for the synthesis of catalysts. The dispersion values are in general low, which
287 is due the low surface area of the support and the relatively high metal content [38].
288  Accordingly, better dispersion values were obtained for the catalysts with higher surface
289  area, i.e., for Ni/SiO2 and Ni/Al>Oas. It should be noted that the Ni particle size and
290  dispersion were not determined for the Ni/MgO catalyst because the diffraction peak
291  associated with Ni was not observed in the XRD analysis due to the strong metal-

292  support interaction.

293  Table 2. Composition and properties of the catalysts and original supports.
Metal content SBET Vpore dpore dm xrp? Ni dispersion®
Catalyst wt %o m?/g cm’/g A nm %
AL,O; - 87 0.38 173 - -
SiO, - 703 0.16¢/0.36 21 - -

13



MgO - 1 0.00 28 - -

TiO; - 154 0.44 114 - -
yAL0)) - 97 0.30 122 - -
Ni/ALO3 9.79 76 0.32 166 1016.4 10
Ni/SiO; 9.55 429 0.07¢/0.22 21 1114.5 9
Ni/MgO 9.79 6 0.02 152 n.d n.d
Ni/TiO; 9.95 22 0.14 259 492.5 2
Ni/Z1O, 9.51 34 0.22 255 2846 4
294 2 Calculated from the full width at half height of the Ni (2 0 0) diffraction peak at 26=
295 52 °inthe XRD using the Scherrer equation.
296 P Dispersion calculated as (97.1 nm)/( Particle size of Ni (nm)) [50].
297  “ Micropore volume
298  Figure 2 shows the TPR profiles of the Ni catalysts. As observed in the figure, these
299  profiles not only depend on the nature of the metal function, but the supports also play
300 an important role in the reduction of the catalysts. Additionally, the TPR analysis has
301  been complemented with the XRD technique (Figure 3), whereby the possible reducible
302  metal species that make up the catalyst may be identified.
303

14
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Figure 2 TPR profiles of Ni based catalysts.

Thus, different NiO precursors are present on the catalysts and are reduced at specific
temperature ranges. The Ni/Al>Osz catalyst showed two main peaks, and the reduction of
weakly interacting NiO was also observed prior to the first peak [37]. Given the high
temperature corresponding to the first peak (620 °C), it should be associated with the
reduction of highly dispersed and strongly interacting NiO [63]. The peak located above
780 °C is attributed to Ni atoms that have migrated into the Al.O3z support to form a
very stable NiAl2O4 spinel-type phase [37, 63, 64].

Three peaks are observed in the TPR profiles of Ni/SiO2, which are associated with the
reduction of different nickel species. Two small shoulders appear at about 360 °C and
480 °C and a main broad peak at 550 °C. The first two reduction peaks located between
350 and 500 °C are due to the reduction of nickel species weakly or moderately

interacting with the support. A very broad peak situated above 550 °C is attributable to
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the reduction of nickel species interacting strongly with the silica support or to hardly
reducible nickel silicate, which may be formed via reaction of small nickel oxide
particles with silica [65, 66].

In the case of Ni/MgO catalysts, two reduction peaks at around 310 °C and 480 °C are
observed. A third peak seemed to be located at a temperature above 700 °C [67, 68].
The first one should be assigned to the reduction of NiO located on the MgO surface,
whereas the second one at 480 °C should be attributed to certain Ni?* ions arranged in
square-pyramidal coordination on the external layers of the MgO structure [67]. Finally,
the formation of NiO-MgO bulk solid solution leads to the oxidized form of Ni, which
is reducible above 700 °C. In fact, the presence of this solution has also been observed
in the XRD analysis when the catalyst was reduced at 710 °C (see section 2.5).

In the catalyst supported on TiO, a small peak centred at 480 °C and a higher one at
580 °C are observed in the TPR patterns. According to Nichele et al. [69], the peak
centred at 480 °C is due to NiO species strongly interacting with the support, whereas
the reduction peak appearing between 550 and 700 °C, should be assigned to bulk
NiTiOs. It should be noted that Ni/TiO: catalyst can be fully reduced at 650 °C

The temperature reduction profiles for Ni/ZrO, showed two main peaks located at 300
°C and 450 °C. The lower temperature peak is assigned to the reduction of the relatively
free NiO species, whereas the higher one is attributed to the reduction of NiO species,
which have low specific interaction with the ZrO; support [70].

The X-ray diffraction patterns of the catalysts reduced at 710 °C for 4 h are shown in
Figure 3. As observed, diffraction lines appear for catalysts Ni/Al.O3, Ni/SiO2, Ni/TiO>
and Ni/ZrO, at 26= 44° 52° and 76° which are due to crystalline phases of Ni
corresponding to the planes (1 1 1), (2 0 0) and (2 2 0), respectively, [71, 72]. The NiO

crystalline phase was not detected in the reduced samples of the previously mentioned
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supports, which is evidence of full reduction of this species. However, for the MgO
supported catalyst, the XRD spectrum shows a complete solid solution of NiO in MgO
in all the diffraction peaks. The formation of NiO-MgO solid solution is consistent with
the TPR results, in which a low reduction extent was observed, indicating a clear strong

interaction between the metal and the support [73].

A
A A A
10 Ni/Al,O3 AL
A °
\J
°
10 Ni/SiO;
3 .
.2
2
‘@ 10 Ni/MgO °
= o i o ©
g A Y
£
0 20 40 60 80

Figure 3. XRD patterns of the reduced catalyst. Crystalline phases: (o) Ni, (a)

Al>O3, (v)SiO2, (o) NiIO/MgO, (&) TiO2 (Anatase), & ) TiO2 (Rutile), (*) ZrOo.

Poor crystalline properties of y-Al2O3 were observed at 26=45° and 67° in the Ni/Al203
catalysts. The XRD results do not show the diffraction peak related to NiAl>O4, which
should be reflected at 26= 19°, 45° and 60° [74]. The diffraction patterns obtained
showed peaks at these angles ascribed to y-Al>Os support, which based on the TPR
profiles may overlap the spinel.
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The results for Ni/SiO> catalyst show a broad diffraction peak at 20 between 20° and 30°
attributed to the peak of the siliceous material.

The anatase phase in Ni/TiO2 was partially converted into rutile after reduction (XRD of
calcined catalyst is not shown). The reflections of rutile phase appeared at 26= 27°, 36°,
41° 54° and 56°. The absence of reflections characteristic to nickel titanate suggest its
reduction to Ni [75].

The XRD spectrum of Ni/ZrO. catalyst shows characteristic diffraction peaks at 26=28°
and 31° ascribed to pure monoclinic phase (m-ZrO.) [76]. The diffraction peaks
characteristic to the tetragonal phase (t-ZrOz) at 26=34°, 45° and 60° [77] have also been
observed.

In order to estimate the dispersion, the metal particle size can be determined using the
Scherrer equation in the peak at 26= 52°, which is assigned to the diffraction of Ni(2 0
0) in XRD patterns. The results are summarized in Table 2. The Ni particle size varies
with the support and decreases according to the following order: Ni/TiO2 > Ni/ZrO; >
Ni/SiO2 > Ni/Al>Os. The estimation of Ni particle size for Ni/MgO is not possible due
to the strong interaction between the active phase and the support.

3.2.  Biomass pyrolysis results (first step)

In the pyrolysis step, the char produced was continuously removed from the pyrolysis
reactor while pyrolysis volatiles were transferred to the second reactor for their
reforming. The pyrolysis step was carried out under steam environment, with the steam
required in the reforming step being introduced in the pyrolysis reactor, where it plays
the role of a fluidizing agent. As proven in previous papers, steam at 500 °C has hardly
any influence on biomass pyrolysis product distribution [19], i.e., the results are similar
to those obtained in the same reactor and using the same biomass (pine wood sawdust)

under inert conditions (N3) [45].
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Continuous char removal in the flash pyrolysis step is an interesting feature of the
CSBR [45, 46], given that secondary reactions of pyrolysis volatiles on the char surface
are minimised [15]. Moreover, the fast removal of the char improves the quality of the
char, which is a point of especial interest for its subsequent valorisation [78, 79].

As observed in Table 3, the main volatile product obtained in the pyrolysis step was
bio-oil, with its yield being 75 wt%, which is evidence of the excellent characteristics of
the CSBR for fast pyrolysis of solid wastes [80]. The bio-oil obtained is a complex
mixture of oxygenated compounds of different nature, including phenols (16.5 wt%),
ketones (6.4 %), saccharides (4.5 %), furans (3.3 %), acids (2.7 %), alcohols (2.0 %)
and aldehydes (1.9 %). In addition, a water yield of around 25 wt% was also obtained
[45]. The non-condensable gaseous products obtained in the pyrolysis step (7.3% yield)

were mainly made up of CO and CO2, with those of CH4 and other hydrocarbons being

low [45].
Table 3. Product distribution in the pyrolysis step performed at 500 °C.
Compound Yield (wt %)

Gas 7.3
CO 3.38
CO2 3.27

CHa 0.36
Hydrocarbons (C2-Ca) 0.3

H: 0.04

Bio-oil 75.3
Acids 2.73
Aldehydes 1.93
Alcohols 2
Ketones 6.37
Phenols 16.49
Furans 3.32
Saccharides 4.46
Water 25.36

Char 17.3
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3.3. Performance of steam reforming catalysts (second step)

The influence the support contained in Ni based catalysts has on catalyst activity has
been analyzed. Thus, the reaction indexes defined in section 2.7 (conversion, individual
product yields and Hz production) have been monitored for the different catalysts tested,
and gas fraction composition and gas production have also been determined. In order to
evaluate the performance of the different catalyst, the following reactions have been
considered in the reforming reactor:

The steam reforming of oxygenates, eq. 3.

Water gas shift (WGS): CO + H,0 < CO, + H, (5)
Methane steam reforming: CH, + H,0 < CO +3H, (6)
Cracking (secondary reaction):

C,,H,Ox — oxygenates+ hydrocarbms+CH 4 +CO+CO, (7)

The products obtained at the outlet of the reforming reactor have been grouped into two
fractions: the gaseous products and the liquids ones (non-converted bio-oil). The main
gaseous products obtained in the reforming step are Hz, CO. and CO, with low
concentrations of CH4 and light hydrocarbons (C2-C4) being also detected.

Figure 4 shows the conversions obtained with the different catalysts, using space times
of 10 and 20 Qeart Min Quolatites ~. For the highest space time studied, almost full
conversion (>98%) was attained for Ni/Al.Oz, Ni/MgO and Ni/ZrO; catalysts. In the
case of Ni/TiO; catalyst, conversion was 91 %, whereas Ni/SiO; had a low reforming
activity, with conversion being 23 %. On the other hand, the experimental runs
performed with a space time of 10 gcar MiN Guotatites > provided more interesting results
regarding catalyst activity, given that this space time is clearly below the one

corresponding to equilibrium.
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The activity of Ni reforming catalysts has been usually related to the capacity of the
support to provide a suitable metal dispersion [13, 38]. However, Ni/SiO; catalyst
showed an adequate Ni dispersion and low crystalline size, and therefore the poor
results obtained using this catalyst should be related to the bulky nature of biomass
pyrolysis derived molecules. Indeed, SiO2 support is characterized by a fine
microporous structure (see Table 2), and therefore the accessibility and diffusion
limitations of bio-oil molecules to Ni sites may explain the low reforming activity
observed. The Ni/TiO> catalyst also showed a poor performance compared to the other
ones studied, and the low Ni dispersio may be responsible for the limited activity of this
catalyst. In spite of the low surface area and metal dispersion attained when MgO
support is used, and the strong metal-support interaction hindering Ni reducibility [81],
this catalyst has shown a suitable activity, with the conversion obtained for a space time
of 10 gcar MiN Quolaiiles - being of the same order (around 90 %) as that observed for more
porous supports, such as Al2Oz and ZrO2. The more plausible explanation is that Ni is
located mainly on the external surface of the support, which makes it highly accessible
to pyrolysis volatiles and accordingly improves catalyst activity. Miyazama et al. [38]
studied the performance of different Ni supported catalysts in the reforming of biomass
derived tar, and similarly as in this study they obtained the best performance for
Ni/Al.O3 and Ni/ZrO. catalysts. However these authors reported a low activity for

Ni/MgO catalyst, i.e., significantly lower than Ni/TiOx.
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Figure 4. Conversion in the in line reforming of pyrolysis volatiles on different
catalysts with space times of 10 and 20 Qgcat MiN Guolatiles .

Figure 5 shows the yields of the individual products obtained on the catalysts studied,
with space times of 10 (Figure 5a) and 20 gcat MiNn Quolailes - (Figure 5b). As observed,
higher Ha yields were obtained for Ni/Al20s, Ni/ZrO; and Ni/MgO catalysts, with the
yields being above 80 and 90 % for the space times of 10 (Figure 5a) and 20 gcat Min
Ovolatiles —, respectively. For all the catalysts studied, an increase in space time promotes
both steam reforming (eq. 3) and WGS reaction (eg. 5), which leads to an increase in H:
and CO. yields and a decrease in those of gaseous hydrocarbons and non-converted bio-
oil. Interestingly, the yield of non-converted bio-oil is almost negligible for Ni/Al.QO3,
Ni/ZrOz and Ni/MgO catalysts. Moreover, a further increase in space time allows for

fully converting the biomass tar, which means a great advantage of the strategy studied
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here over the conventional gasification for the production of a suitable gaseous stream
for industrial applications [19].

Figure 6 shows the composition of the gas produced with the different catalysts and
space times studied. As observed, the influence space time has on the gas composition
is less pronounced than on individual product yields. In fact, similar gas compositions
were observed for highly active catalyst (Ni/Al2O3, Ni/ZrO. and Ni/MgO) using space
times of 10 and 20 gecar MiN Quolaites*. It should be noted that the concentration of
cracking compounds, such as methane and light hydrocarbons, is very low even under
low conversions, as is the case of Ni/TiO2 and Ni/SiO> catalysts. This fact is related to
the moderate temperature used (600 °C) and to the relatively short residence time in the

reactor.

(9]
o

100
Ni/ALO, '«b Ni/ALO,
Ni/MgO 04 Ni/MgO
I Ni/SiO), ol I Ni/Sio,
I NiTiO, | I NiTIO,
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—~ 60 1
[
‘é’ 50F
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2
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Figure 5. Influence of catalyst support on the individual product yields for space times

of 10 (Figure 5a) and 20 gcat Min Quolatites - (Figure 5b).
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Figure 6. Influence of Ni support on the gaseous stream composition for space times of
10 (Figure 6a) and 20 geat MiN Quolatites * (Figure 6b).

The results corresponding to the production of Hz and gaseous stream are clear evidence
of the overall pyrolysis-reforming conversion efficiency, given that both reaction
indexes are based on the biomass mass unit in the feed. This definition of reaction
indices allows an easy comparison of the results obtained here with other routes aimed
at Ha rich gas production from biomass, such as bio-oil reforming or steam gasification
(see Table 3). Thus, the results obtained in a previous study in the same experimental
unit and under the same experimental conditions (temperature, space time and S/B ratio)
on a commercial catalyst of Ni/Al,Os doped with Ca (11.17 wt% H2 production and
1.89 m® kg gas production [19]) are slightly better than those reported here for the
best catalysts, i.e., Ni/Al.O3 and Ni/ZrO,. These results are explained by the higher Ni
content of the commercial catalyst, i.e., 11.34 % instead of 10 % corresponding to those
prepared in this study. Xiao et al. [17, 18] reported H production values in the order of
10 wt% in the pyrolysis-reforming (fluidized-bed/fixed bed continuous unit) of pine

wood chips on a Ni/coal char catalyst at similar reforming temperatures. The maximum

24




491  H production obtained by Ma et al. [20] in a three-step process (biomass pyrolysis in a
492  fluidized bed reactor, gasification in an entrained flow reactor and reforming in a fixed
493  bed) was 7.6 wt% at the highest reforming temperature studied (850 °C) on a Ni/MgO
494  commercial catalyst. The results obtained by the research group headed by Prof.
495  Williams in a two fixed bed reactor system operating in batch regime are clearly lower,
496  with values being in the range from 2 to 3 wt% on Ni/Al>O3 and Ni/CaAlOx catalysts
497  [61, 82]. The H. productions obtained in steam gasification processes are in general
498  considerably lower than those reported in the pyrolysis-reforming strategy, with values
499  being below 8 wt% even using suitable primary catalysts and under optimum operating
500 conditions. Similarly, gas production values are in the 0.9 to 1.2 Nm® Kgbiomass* range,
501  which are far from the values obtained in the pyrolysis-reforming process [83-85]. The
502 indirect route of bio-oil reforming is an alternative strategy to the pyrolysis-reforming
503  process, in which Hz production values are usually in the 10 to 15 wt% range [10, 36,
504 86, 87]. Furthermore, it should be noted that these productions are based on the bio-oil
505  mass unit and not on the original biomass mass unit, with the bio-oil yield being below
506  75% even under the optimum pyrolysis conditions [15, 88].

507

508 Table 3. H> and gas productions obtained on the reforming catalysts used in this
509 study and in a previous one on a Ni commercial catalyst [19] for a space time of 20 gcat

510 min gvolatiles_l-

Ni/Al203 Ni/MgO Ni/SiO2 Ni/TiO2 Ni/ZrO2 Ni/commercial

H2 production (wt%o) 10.17 9.08 1.64 7.21 10.73 11.17
Gas production (Nm? kg™?) 1.77 1.65 0.33 1.4 1.84 1.89

511

512  Conclusions
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The continuous reforming of biomass fast pyrolysis volatiles in a CSBR-FBR system
has proven to be a suitable process for the direct H> production from biomass. The
influence of the support on Ni based catalysts has been studied in the in line reforming
of biomass fast pyrolysis volatiles, and remarkable differences have been observed
among the prepared catalysts. The Ni/Al20s and Ni/ZrO, catalysts showed the best
activity, which is related to the suitable physical properties of the support favouring a
proper metal dispersion. Thus, full conversion of biomass pyrolysis volatiles was
obtained for a space time of 20 gcar Min Guotaiites ™, With hydrogen production being above
10 wt% for both catalysts. The low dispersion observed in the Ni/TiO; catalyst leads to
poorer activity, with Hz production being 7.2 wt%. Although SiO2 was the support with
higher surface area and allowed for a high Ni dispersion, its fine porous structure
hindered the access of bio-oil bulky molecules, leading to a markedly reduced activity.
Finally, the Ni/MgO catalyst with low dispersion and Ni reducibility showed an
unexpected suitable activity, with Hz production being 9.0 wt%. This result is related to
the fact that Ni is mainly deposited on the external surface of the support, which
improves the accessibility of bulky oxygenate molecules.
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