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SUMMARY

This Doctoral Thesis has been carried out in the ProCat-Vares group (Catalytic
Processes and Waste Valorization, CPWV) of the University of the Basque
Country as part of a broad line of research within the large bio-refinery concept,
for the production of fuels and high value added products from biomass,
promoting the development of a sustainable economy. In this framework, the
production of hydrogen and/or syngas by catalytic reforming of biomass-derived
feedstocks continues to attract considerable scientific interest as a sustainable
route due to the growing demand of Hs as a fuel and of Hs or syngas as a raw
material. This has been one of the main lines of research of the ProCat-Vares
group for more than a decade, with 8 previous Doctoral Theses and a high
production of high impact articles derived from them. This line of research has
addressed the reforming of simple feedstocks consisting of individual oxygenated
compounds, such as DME (derived from biomass via synthesis gas) [1, 2| or
ethanol (obtained by fermentation) [1, 3], as well as complex feedstocks, such as
bio-oil (produced by fast pyrolysis of lignocellulosic biomass). Given the
complexity of the bio-oil feedstock, the initial studies carried out by the group
considered the reforming of its aqueous fraction [4], although in recent years the
effort has focused on the reforming of the complete bio-oil [5-8|. In this way,
significant progress has been made in the knowledge of the effect of operating
conditions on the behaviour of Ni and Rh supported catalysts in the reforming of
bio-oil aqueous fraction [4] or complete bio-oil [5, 6, 8|, in the development of a
kinetic model for the Ni/LasO3-aAl2O3 supported catalyst [5], in the
understanding of the coke deposition mechanisms on these supported catalysts in
steam reforming [7, 8] and oxidative steam reforming [6] of bio-oil, and in the
different reforming strategies to mitigate catalyst deactivation by conditioning
the bio-oil by phenol extraction or by using a system with two catalytic steps in
series (pre-reforming with a low-cost catalyst and steam reforming with a Ni
catalyst) [8].
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Summary

With this background, the focus of the Thesis was to progress in this research
line by studying strategies to minimise the carbon footprint in bio-oil reforming.
Firstly, we approached the sorption enhanced steam reforming (SESR) process
from three perspectives, minimising CO2 emissions by in situ CO2 capture, which
enhances hydrogen production. The experiments were performed in a continuous
reaction system with two in-line units: a thermal treatment unit at 500 °C for
raw bio-oil volatilization and controlled deposition of pyrolytic lignin, and a
packed-bed or fluidized-bed reactor for the steam reforming (SR) or SESR of the
remaining oxygenates. First of all, the effect of sorbent type (dolomite or
CaO/mayenite), catalyst type (Ni/AloO3 obtained upon reduction of a NiAloOy4
spinel or Ni/CeO:2 prepared by wet-impregnation) and sorbent/catalyst mass
ratio (4, 10 and 20) were studied in a packed-bed reactor under selected conditions
(600 °C, space time of 0.15 geatalyst-h/Goxygenates, steam-to-carbon (S/C) molar ratio
of 3.4 and time on stream of 300 min). Secondly we have compared the
performance (conversion, product yields and deactivation) of packed-bed and
fluidized-bed reactors using the NiAloO4 spinel derived catalyst for the Ha
production from raw bio-oil via SR and SESR. The experiments were carried out
with dolomite as CO2 sorbent and under the same previous selected conditions,
with dolomite/catalyst ratio of 10 in the SESR runs. Finally, the effect of
operating conditions on the performance of the NiAloOs spinel derived
catalyst+dolomite system in the SESR in a fluidized-bed reactor was studied.
The SESR conditions were: 550-700 °C, space time of 0.15 and 0.30
Geatalyst' N/ Boxygenates, dolomite/catalyst mass ratio of 10 and 20, S/C ratio of 3.4
and time on stream of 50 and 300 min. In addition, the reproducibility of
operating in reaction-regeneration cycles (with joint regeneration of the catalyst
and dolomite) has also been analysed at 600 °C, space time of 0.30
Seatalyst' N /Boxygenates, dolomite/catalyst mass ratio of 10, S/C ratio of 3.4 and time
on stream of 120 min. The regeneration step was carried out in an external oven
at 850 °C for 4 h in air atmosphere (enough time for the complete removal of the
coke deposits and COz). In all cases, the different causes responsible for catalyst
deactivation have been identified, analysing the content, nature and morphology

of the coke, as well as the change in the structural properties of the catalyst.
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On the other hand, the second strategy to reduce the carbon footprint is the CO2
valorization by combined steam/dry reforming (CSDR) of bio-oil as an efficient
route for jointly valorize the CO2 and the produce syngas (mixture of Ha+CO),
which can be used as raw material in different catalytic processes. The viability
of the process for the scale-up requires the selection of suitable operating
conditions. To this end, a thermodynamic study of a simulated bio-oil was carried
out, with the aim of demonstrating the theoretical feasibility of the process and
providing a preview for further research. The calculations were performed by
Gibbs energy minimisation with Proll software, considering a mixture of 6 typical
compounds in a raw bio-oil (acetic acid, 2-methoxyphenol (guaiacol),
hydroxyacetone, acetone, furfural and ethanol). Firstly, the effect on the
equilibrium composition of reaction temperature (300-900 °C) and feed
composition referred to C in the bio-oil at the reactor inlet (S/C ratio in the 0.5-
3 range and COs-to-carbon (COz2/C) molar ratio in the 0.5-5 range) was studied.
In this study, the emphasis was placed on the capacity of the CSDR of bio-oil for
the valorization of CO2 and, with this objective in mind, special attention was
paid to delimiting the conditions that allow positive values of CO2 conversion
and/or the reduction of CO2 emissions compared to the conventional SR process
(without CO2 in the feed). The operating conditions that maximise the yield of
syngas as well as those required for producing a syngas with a targeted Ho/CO
ratio of 1 and 2 (of interest for its use as a feedstock for the synthesis of fuels and
chemicals) were also delimited. Moreover, the energy requirements of the unit
were assessed for all the scenarios presented, because the viability of the process
for the industrial scale implementation requires the production of syngas with a
reasonable energy requirement. Additionally, an experimental study of the CSDR
of a real bio-oil with the Ni/Al2O3 catalyst derived from NiAlpO4 spinel was
carried out. The experiments were performed in a fluidized-bed reactor with a
space time of 0.125 or 0.250 geatalyst-h/Zoxygenates and time on stream of 360 min, in
the range of temperature (600-800 °C) and feed composition (CO2/C ratio of 0
(conventional SR), 0.6 and 1.1 and S/C ratio of 0.5 (corresponding to the water
contained in the bio-oil feed), 1.2 and 1.7) selected from the previous

thermodynamic study. The conditions that maximise syngas production and
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catalyst stability were delimited. The effect of the operating conditions on the
location, nature and morphology of the coke and the structural and physical

properties of each used catalyst sample has also been examined.

Since most of this Thesis is based on a Ni/Al2Osz catalyst derived from NiAloOy4
spinel, proposed in a previous project [6], with high activity and Hz selectivity in
the raw bio-oil reforming and fully regenerable under suitable conditions, as a
preliminary step to better understand the results obtained with the previous
strategies (SESR and CSDR) on catalyst deactivation, we further studied the role
of individual oxygenated compounds in bio-oil reforming, both
thermodynamically and experimentally with the Ni/AlOz catalyst. Firstly, the
yield of H2 and by-products and the energy requirements in the reforming of
different oxygenates present in bio-oil (acetic acid, levulinic acid, acetaldehyde,
vanillin, hydroxyacetaldehyde, acetone, hydroxyacetone (or acetol),
cyclohexanone, phenol, catechol, guaiacol and mannose) were compared by
thermodynamic analysis, focusing on different reforming strategies (steam
reforming and autothermal reforming). The study was performed by minimisation
of Gibbs energy method with Proll software, under a wide range of operating
conditions (temperature, 300-1000 °C; S/C ratio, 0.5-16; N2 co-feeding, 0-10
kmol/h) in order to stablish the optimal conditions in each case. Secondly, the
influence of oxygenates composition in bio-oil on the deactivation by coke of a
NiAl2O4 spinel-derived catalyst was approached by studying the individual SR of
a wide range of model oxygenates with different functionalities (acetic acid,
acetone, ethanol, acetaldehyde, acetol, 1,2-benzenediol, 2-methoxyphenol and
levoglucosan). The fluidized-bed reactor was used in the following conditions: 600
and 700 °C; S/C ratio, 3 (6 for levoglucosan); space-time, 0.034 geatalyst-h/goxygenate
(0.080 geatalyst-h/Goxygenate for levoglucosan) (low enough to favour the rapid

catalyst deactivation) and time on stream, 300 min
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Chapter 1

INTRODUCTION AND OBJECTIVES

This Chapter introduces the topic for the scope of this Thesis, focusing mainly
on the reduction of CO2 emissions in the reforming of raw bio-oil for the
production of hydrogen and/or syngas. The background of this work is based on
the current energy framework and the transition towards a sustainable model,
where renewable hydrogen is a priority goal in the global economic and political
strategies for carbon neutrality and for a rapid transition to clean energy. A brief
overview of the different hydrogen production technologies (from fossil fuels and
renewable sources) is presented, followed by a detailed description of the main
feedstock used in this work (raw bio-oil). A bibliographic review of the steam
reforming of individual oxygenated compounds or their mixtures, raw bio-oil or
bio-oil aqueous fraction is also provided. Likewise, a strategy to enhance hydrogen
production by sorption enhanced steam reforming (SESR) with in situ CO2
capture and different CO2 valorization routes, focusing on combined reforming
(with steam and CO2), are also addressed, with a brief discussion of several
studies reported in the literature. Finally, the main causes of catalyst deactivation
and different regeneration methods are described. Based on the literature review,

the aim and objectives of the Thesis are presented at the end of the chapter.






1.1. Energy framework

1.1. ENERGY FRAMEWORK

Energy plays a fundamental role in human development and is a driving force in
our progress. Overdependence on and high demand for fossil fuels such as oil, coal
and natural gas, linked to environmental, social, political and economic factors,

has caused a number of challenges and problems.

Global energy demand has been steadily increasing due to population growth,
industrial development, technological progress and rising living standards. This
has led to a deficit in the balance of energy production and consumption. In
addition, the extraction and combustion of fossil fuels has serious environmental
consequences. Greenhouse gas (GHG) emissions from the combustion of fossil
fuels are one of the main causes of climate change. The problems associated with
climate change are numerous and very serious, with dangerous impacts on nature
and people in every region of the world, including the rise of temperature in the
planet, which result in heatwaves and extreme weather events (hurricanes,
droughts, wildfires and floods), sea-level rise and coastal zones (caused by thermal
expansion of the oceans and melting of glaciers and the Antarctic ice sheet), loss
of biodiversity (changes in habitats and migratory patterns of plant and animal

species), agriculture and food insecurity and health impacts [9, 10].

Therefore, to ensure a liveable and sustainable future for all, a deep, rapid and
sustained reductions in GHG emissions are required. Energy is at the core of GHG
emissions. According to the World Resource Institute, the energy consumption
accounts for more than 75 % of the GHG emissions. The rest originates from
industrial processes (6.1 %), agriculture (11.6 %), land use change and forestry
(3.3 %), and waste (3.3 %) [11]. Climate change is therefore essentially an energy
challenge. Based on data reported by the United Nations Framework Convention
on Climate Change (UNFCCC), CO2 is the major GHG worldwide (75.7 %),
followed by CHy (13.9 %) and N2O (7.2 %). We will therefore focus on CO2
emissions within the energy sector, as this represents the majority of emissions
and is relevant to the objective of this Thesis. Figure 1.1 shows the energy-related
CO2 emissions for the period 1900-2021.
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Figure 1.1. CO2 emissions from energy combustion and industrial processes, 1900-2021
[12].

In 2020, global CO2 emissions from fuel combustion recorded an unprecedented
decline of almost 6 % as the COVID-19 pandemic reduced global energy demand,
with a slowdown in transport, trade and economic activity worldwide [13].
COVID-19 has created the biggest and most multidimensional impact on our
lives, not only socially but also in the energy and industrial sectors. The total
lockdown executed by most of the countries reflected a 25 % reduction in weekly
energy consumption [14]. However, with the rapid recovery of the global economy,
energy consumption and associated emissions rebounded again. Thus, energy-
related CO2 emissions grew to 36.3 Gt in 2021, above pre-pandemic levels.

Emissions increased by over 2.0 Gt from 2020 levels [15, 16].

China and the United States together are responsible for 45 % of the global fuel
combustion emissions, followed by European Union, India, Russian Federation
and Japan [17, 18].

Therefore, the current context of climate emergency highlights the need to
consider the recommendations of the Intergovernmental Panel on Climate Change
(IPCC) and to meet the targets set out in various international agreements
(Kyoto Protocol, Paris Agreement). These agreements emphasize the need to

reduce GHG emissions, primarily CO2 emissions, and to limit global warming to
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below 1.5 °C above pre-industrial levels. Thus, for a liveable climate, net emissions
must be reduced by 43 % by 2030 and reach net zero by 2050 in order to stabilize
global temperature. To achieve this goal of net zero emissions by 2050, the 44
participating countries and the European Union will have to make significant
changes to their current energy model, which is mainly based on fossil fuels [19,
20].

Besides the environmental impacts, dependence on fossil fuels also has socio-
economic and political implications. Fossil fuel prices are volatile and subject to
fluctuations in international markets, which can affect the economic stability of
countries. Moreover, reliance on external energy sources can create political
dependency and energy vulnerability, leading to geopolitical conflicts. The most
recent international conflict is the ongoing war between Russia and Ukraine,
which has had a major impact on the global energy system, disrupting supply
and demand patterns and fracturing long-standing trade relationships. Russia’s
invasion of Ukraine has led to a period of extraordinary turbulence in energy

markets, especially for natural gas [21, 22].

As an alternative to the exposed dependence on fossil fuels and increasingly
stricter environmental policies aimed at mitigating net CO2 emissions, research
and development of alternative and clean technologies using renewable and clean
energy sources as raw materials is a top priority [23]. Thus, a new, less carbon-
intensive energy economy is emerging based on the increased use of renewable
sources (wind, solar, hydro, biomass, geothermal), driven by political action,

technological innovation and the growing urgency to address climate change.

Similarly, the electrification of certain sectors, starting with land transport
(mainly cars) and the residential sector by replacing gas boilers with heat pumps,
is of great importance. In this process of large-scale electrification of industry and
transport, energy storage systems are essential due to the seasonal nature of the
main energy sources. Batteries and other systems designed to fulfil this function,
such as pumped hydroelectric and solar thermal installations, therefore play a
key role. It is also essential to shift electricity demand to daytime hours, when

the contribution of photovoltaic solar energy is assured. However, electrification
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is not technically feasible in energy-intensive industries such as steel and cement.
There are also significant limitations in the maritime and aviation sectors due to
the high energy density requirements that cannot met by current batteries. In
this scenario, hydrogen has an important role to play, not forgetting the current
and future demand for Hs as a reagent in the chemical industry (currently
petrochemicals) [24-28].

1.2. HYDROGEN

Hydrogen (Hz2) has the potential to provide economically viable, socially
advantageous and energy-efficient solutions to the problems associated with the
world's growing energy demand, including global warming [29], and is considered
a key pillar in the energy transition towards a sustainable and environmentally
friendly model [30]. It is the most abundant element in the universe and, due to
its high reactivity, is only found bound to other elements, such as in water and
organic compounds. It is non-toxic and much lighter than air, so it dissipates
quickly when released. Haz is an odourless, flammable and colourless gas that poses
safety concerns, particularly if a leak is not detected and the gas accumulates in
a confined area, as it can ignite and cause an explosion. However, as with other
fuels, the safe use of Ha focuses on preventing situations where all the combustion

factors (ignition, oxidant and fuel) are present.

Unlike oil, natural gas or coal, hydrogen is considered an energy vector, like
electricity, that can be used to convert, store and release energy [24, 31]. It is an
environmentally pleasant and beneficial fuel, with water as the only by-product
in the conversion to energy. Likewise, it has a high energy storage capacity, 120
MJ/kg, more than double of most conventional fuels (47 MJ/kg natural gas, 43
MJ/kg conventional gasoline and diesel, 23 MJ /kg coal, 20 MJ/kg methanol and
27 MJ/kg ethanol) [32]

1.2.1. Current situation of H»

Global H2 demand reached 94 Mt in 2021 (74 Mt of pure Hs production and about

20 Mt H2 mixed with carbon-containing gases in methanol production and steel
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manufacturing), an increase of 5 % compared to 2020 demand, mainly driven by
the recovery of activity in the chemical and refining sectors [33, 34]. However, it
is currently produced from fossil fuel technologies. These routes are incompatible
with the zero carbon footprint objective due to the significant associated CO2
emissions, more than 900 Mt COz in 2021 [35-37].

The actual distribution of H2 production is shown in Figure 1.2. Natural gas
without CCUS (Carbon Capture, Usage and Storage) is the main route for 62 %
of Hy production, 19 % from coal and less than 1 % from oil. Besides, 18 % of
global supply is “by-product” H2, which comes from facilities and processes
primarily designed to produce something else. This by-product H2 often requires
dehydration or other forms of purification, and can then be sent to a variety of
hydrogen-using processes and facilities (hydrocracking, desulphurisation). Low
emission H» production was less than 1 Mt (0.7 %), almost all from fossil fuels
with CCUS, and only 35 kt H> was obtained from water electrolysis [34].

Hydrogen production Hydrogen demand by sector

18% 5% \
1%
\\,

19%
62%
36%
Bl Natural gas w/o CCUS Bl Refining
mm Coal B Ammonia
mm Oil Bl Methanol
Il By-product I Iron and steel
Bl Fossil fuels w/ CCUS Other

Electrolysis

Figure 1.2. Hy production and demand by sector distribution in 2021 [34, 38].

Global H2 demand by sector is also shown in Figure 1.2. As observed, most of the
Hs produced goes mainly to three industries whose purpose is the production of

existing raw materials: refining, chemicals (ammonia and methanol) and iron and
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steel. Hence, the overall Ha consumption is distributed as follows: 42 % for refinery
processes such as hydrocracking or hydrotreating (39.8 Mt Ha), 36 % for ammonia
production for urea and other fertilizers (33.8 Mt Hz), 16 % for methanol synthesis
and derivatives (14.6 Mt Hz), 5 % for iron and steel (5.2 Mt H2) and 1 % for
other (0.9 Mt Hz), which includes other industrial uses and new applications such
as transport, power generation, buildings and high temperature heat in industry
[38].

Hence, in order to move towards a net zero emissions future scenario, the world
should move away from the fossil fuel economy to a much cleaner Hs future,
known as the Hydrogen Economy, proposed back in the early 1970s [39]. Interest
in this technology is not new, and has gone through several waves in recent
decades. Like all emerging technologies, the Hydrogen Economy has followed the
hype cycle [40]. In the 1970s, with the oil price shocks, oil shortages and concerns
about pollution, H2 was considered as a long-term alternative, especially in the
transport sector. The Hydrogen Economy reached its major peak in the 1990s.
Concerns about climate change prompted further Hs studies, with a focus on
carbon capture and storage (CCS), renewable energy and transport. During this
period, many car manufacturers exposed Ha cars at motor shows, driven by rapid
advances in fuel cell technology. In the early 2000s, concerns about climate change
began to translate into renewed political action directed at the transport sector,
and concerns about peak oil resurfaced [41]. In 2003, the International
Partnership for Hydrogen and Fuel Cells in the Economy (IPHE) was formed by
19 member countries and the European Commission, with the mission to facilitate
and accelerate the transition to clean and efficient mobility and energy systems,
using Ha and fuel cell technologies for different applications and sectors [37]. In
2010, expectations for Hz fell with the retreat of the peak oil narrative,
uncertainty in climate policy development and the progress of battery electric
vehicles, whose initial infrastructure needs are less costly compared to those of
H» [41].

Today we are in a period of technological growth and consolidation, leading to a

period of productivity, with large-scale production and valorization of H2 from
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sustainable sources and technologies expected around 2030. Nonetheless, there
are barriers to overcome in order to fully develop the Hydrogen Economy. Some
of these challenges include reducing the cost of H2 production and storage, and

developing adequate distribution infrastructures |24, 32].

1.2.2. Colours of H,

Hydrogen technologies are classified based on different colours to provide
information about how the Hy is produced, the energy sources used and the
climate neutrality of the H2. The main colours are grey, brown, blue, turquoise,

green, pink and yellow [31, 42, 43].

Grey hydrogen is produced by steam reforming of natural gas without CCUS,
which is currently the largest amount of Hs produced. The main drawback of this

process is the significant CO2 emissions into the atmosphere, estimated at around
830 Mt CO2 per year [44].

Brown hydrogen is produced by coal gasification, another major Ha production
process. It is similar to grey hydrogen as it is produced from fossil fuels without
CCUS technologies. Here, too, the production of Ha generates large amounts of

GHG emissions.

Blue hydrogen is also produced from fossil fuels (steam reforming of natural
gas or coal gasification), but incorporates CCUS technologies to reduce or offset

the associated carbon emissions.

Turquoise hydrogen is produced through methane pyrolysis (thermal
decomposition), with solid carbon as a by-product. Unlike other processes that
use fossil fuels as a feedstock, this process produces Hz without emitting CO2. The
solid carbon produced as a by-product can be stored or used for further
production processes in industry and for soil amendments, providing benefits for

the circular economy.

Green hydrogen is produced using renewable energy sources such as solar,

hydro or wind power, followed by water electrolysis. Electrolysis splits water into
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H> and O2, and when renewable electricity is used, the process is emission-free
and environmentally friendly. This makes green hydrogen the most sustainable

and climate-neutral form of Hs production.

Pink hydrogen refers to H2 produced using nuclear power as the energy source
for the electrolysis process. Nuclear power is a low-carbon and highly efficient
primary energy source. The production of Hz from nuclear energy has the

advantage of producing no GHG, using water as the raw material.

Yellow hydrogen is produced by electrolysis using a mixed-source electricity

grid: the mix of renewable and fossil power actually flowing through the grid.

An overview of all Ha production processes is given in Figure 1.3.

v — Natural gas Renewable Nuclear Grid
Coal + air . t( - : rater. electrcity + |electreity + electreity +
Coal \ ;1ir water water water

B e s X A A

SMR, Coal
gasification Electrolysis | Electrolysis Electrolysis
+ CCS

AEENY ER R

H,+CO, H,+CO, H,+0, Hy+ Oyt H,+CO,
Captured and nuclear
stored waste

Coal
gasification SMR

Figure 1.3. Summary of Hs production routes and colours (adapted from [31]).

1.2.3. H; production technologies

H> production technologies can be classified into two main groups based on the
feedstock used: fossil fuels and renewable sources. Figure 1.4 summarises a

schematic overview of the different hydrogen production technologies.
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Figure 1.4. Hydrogen production technologies.

1.2.3.1. Fossil fuels

Fossil fuels (natural gas, oil and coal) are currently the primary source for
hydrogen production. The two most developed and widely used techniques are

hydrocarbon reforming and pyrolysis.

Hydrocarbon reforming is the process where a hydrocarbon fuel gas is
converted into hydrogen through certain reforming techniques (varying the
reactant). Therefore, besides hydrocarbon, the other reactant can be steam
(steam reforming (SR), endothermic reaction), oxygen (partial oxidation (POX),
exothermic reaction) or both (oxidative steam reforming (OSR) and autothermal
reforming (ATR), which is a thermoneutral reaction) [24, 37, 45, 46].

11
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Steam_reforming (SR) is one of the most widely used, comprehensive and

mature catalytic process for Ho-rich syngas production. It is an endothermic
reaction in which hydrocarbon and steam are catalytically converted into Hs
and CO. Mostly, natural gas is the main raw material, and thus the process is
generally called methane steam reforming (MSR). MSR is the most common
and developed method used for large-scale H2 production, with conversion
efficiency between 74-85 %. This process requires high operating temperatures
(700-900 °C) and pressures (3-25 bar) [24, 37, 45, 46].

MSR consists of three steps: (i) reforming or syngas (H2+CO) production (Eq.
(1.1)); (ii) water-gas-shift (WGS) reaction (increasing Hz content ratio of
syngas) (Eq. (1.2)); and (iii) gas purification (CO2 separation) |24, 37, 45, 46|.

1
C,H,, + nH,O - nCO +(n+ Em) H, (1.1)

Partial oxidation (POX) consists of converting a hydrocarbon feedstock to Ha

and CO (Eq. (1.3)) in the presence of oxygen (or air). This technique can be
done non-catalytically (thermal partial oxidation, TPOX) or catalytically
(catalytic partial oxidation, CPOX). The non-catalytic process operates at
1300-1500 °C with feedstocks such as methane, heavy oil and coal, whereas the
catalytic process occurs at about 950 °C with feedstocks ranging from methane
to naphtha [37, 46].

1 1
C,H, + 51102 — nCO +§mH2 (1.3)

In this process, after sulphur removal, pure Oz is used for partial oxidation of
the hydrocarbon feedstock and the syngas produced is further treated in the
same manner as the product gas of the SR process. However, in the POX route
less Ha/CO ratio is obtained compared to SR. The conversion of CO with
steam (WGS reaction, Eq. (1.2)) complements the process producing Hz and
CO2 [24, 45].
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POX is the most appropriate technology to produce Ha from heavier feedstock

such as heavy oil residues and coal [37].

o Ogzidative steam reforming (OSR) is a combination of the endothermic SR and

the exothermic POX reactions. Partial exothermic oxidation is used to provide
the heat and endothermic steam reforming to increase the hydrogen
production. In the OSR process, steam and oxygen (or air) are fed into the
reformer and the reforming and oxidation reactions occur simultaneously (Eq.
(1.4)). When the steam/oxygen ratio is adjusted suitably, a thermoneutral
process or autothermal reforming (ATR) can be achieved [24, 37, 45].

1 1 1 1
C,H, + EnHQOJr ZHOQ — nCO + <§n + Em) H, (1.4)

The process has lower investment costs (around 25 %) than MSR because,
although SR has a higher efficiency and a low CO content, it is an endothermic

process and the energy required must be supplied from outside [24, 37].

Hydrocarbon pyrolysis involves the thermal decomposition of the sole source
(the hydrocarbon itself) under specific conditions for the production of Ha, as
shown in Eq. (1.5).

1
CyH,, — nC + omHy (1.5)

Thermo-catalytic decomposition of light hydrocarbons (boiling point, 50-200 °C)
produces H2 and elemental C, whereas in the case of the heavy hydrocarbon
fraction (boiling point, > 350 °C) Hz production occurs in two steps:
hydrogasification and CHy cracking [24, 37, 45]. In the case of methane, produced
at 980 °C and atmospheric pressure, the energy required per mole of Ha produced
(37.6 kJ/mol) is lower than the energy required in the MSR (63.3 kJ/mol). In
addition, pyrolysis technology does not require any waste gas sequestration or

CO2 removal steps [37].

13
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1.2.3.2. Renewable sources

Although hydrocarbons are the main feedstock used for industrial Hs production,
the need to increase the integration of technologies that use renewable energy
sources and do not contribute to CO2 generation is unavoidable in a near future.
Next, the methods of H2 production from renewable sources are summarised.
Firstly, the different water-based techniques are described, followed by the

biomass-based processes.
Water splitting

Water is one of the most abundant raw materials on the planet and can be used
as a resource for Ha production. Water splitting is the hydrolysis of water into Ha

and Os. The overall reaction is:

1
H,0 — Hy + 50, (1.6)

This technique is a promising, clean and environmentally benign route. Three

water splitting pathways are currently in practice |37, 47]:

o FElectrolysis is a well established endothermic process that splits water
molecules using electrical energy. As this is a thermodynamically unfavourable
process, an energy input is required to drive it [48]. If the electrical energy is
provided by renewable energy sources such as solar, wind or hydro,
electrolysers will play a fundamental role in the transition towards the
Hydrogen Economy, as the Hy produced is the cleanest energy carrier. In this

way, water electrolysis offers a sustainable and cost-effective method [37].

The electrolyser unit consists of a cathode (positively charged) and an anode
(negatively charged) in an electrolyte, and when an electric current is applied,
water splits, producing Ha at the cathode and O2 at the anode [45]. There are
three main routes to water electrolysis: alkaline electrolysis (AE), proton
exchange membrane electrolysis (PEM) and solid-oxide electrolysis (SOE).
Alkaline electrolysis stands out among the other technologies as it is the most

mature and commercially available. AE and PEM are known as low

14
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temperature electrolysers (LTE), whereas SOE is known as high temperature
electrolyser (HTE) [49, 50].

Currently, hydrogen production via electrolysis is the only large-scale
renewable process. It is the most effective technique of the three water splitting
processes to date, achieving an efficiency of 60 % [51]. Nevertheless, although
the purity of the Ha produced by water electrolysis is extremely high, this
process cannot compete with other large-scale Ha production technologies due
to the high electrical energy consumption of the electrolysers (~ 40 kWh per
kg of Hz). Consequently, production costs are the factors limiting competition
with other available technologies [37, 52, 53].

Thermolysis or thermochemical water splitting, is a high temperature
technique in which water is heated until decomposed into H2 and O2 in a direct
step. Although it is a simple technique, the decomposition of water is not
effective until the temperature is high enough, around 2500 °C, due to its high
Gibbs energy [47, 54, 55]. The yield of the process increases proportionally
with temperature, with a maximum of 50 % at around 5000 °C [56]. Therefore,
the stability of the materials at these high temperatures and the scarcity of
sustainable heat sources (extremely high energy demand is required) are the
challenges of this technology [56]. Besides, the maximum reported efficiency is
40 % [51].

To make this technology more sustainable, several thermochemical cycles with
Cu-Cl or SnOs-based catalysts have been proposed, operating at lower
temperatures (maximum temperature range 500-530 °C) and using solar flux

or nuclear energy as a renewable source [37, 45, 57, 58].

Photolysis splits water molecules by the charge generated in a semiconductor
electrode by the absorption of visible light, using a system of
photoelectrochemical photon collection. The photoelectrodes, typically made
of TiO2, IrO2 and RuO2, once exposed to sunlight and submerged in the
aqueous electrolyte, generate the electrical energy necessary to drive the

reaction that splits the water [51, 52]. The photolysis process, as well as
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thermolysis, requires chemical catalysts such as ZnO, SnO, ZrO2 and other
semiconductor sulphur oxides. The production technology is still in the

experimental stage [51].
Biomass processes

Biomass is a promising and available renewable resource derived from energy
crops (herbaceous and woody), wastes (animal, wastewater and sludge, and
industrial) and residues (agricultural and forestry) [59], which has attracted
attention for Ha production due to its abundance and low cost [36]. The interest
in the conversion of biomass into fuels and raw materials is growing because of
the sustainable and CO2 neutral lifecycle, because the CO2 released during the
biomass-derived process is used for plant growth during photosynthesis [60, 61].
Biomass can be used for Ha production through biological and thermochemical

processes:

Biological

Biological processes use microbial metabolism to produce H2. The main biological
processes used for Hz production are direct and indirect bio-photolysis, dark

fermentation and photo fermentation due to their low energy-consumption.

o Direct and indirect bio-photolysis uses the photosynthesis process to dissociate

water using organisms such as photosynthetic bacteria, macro- and microalgae
and cyanobacteria [51]. It consists mainly of the decomposition of water using
photons (from sunlight) with biological catalysts, known as water photolysis
[62]. Bio-photolysis can be direct or indirect. In the direct bio-photolysis, green
algae or cyanobacteria split water molecules into hydrogen ions and O2 via
photosynthesis in the presence of solar energy (Eq. (1.7)), and hydrogen ions
are then converted to Ha gas by hydrogenase enzyme (Eq. (1.8)) [24, 62, 63].

: 1 ‘ ]
H50O + light energy — 502+ 2H"+ 2e (1.7)

2H" + 2¢” + hydrogenase — H, (1.8)
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In the indirect bio-photolysis, the Ha production from water by cyanobacteria
or blue-green algae takes place in two steps: (i) first, glucose is produced with
O2 by photosynthesis (Eq. (1.9)), and then, (ii) CO2 and H» are produced from
glucose and water through two enzymes: hydrogenase and nitrogenase (Eq.
(1.10))[45, 62].

6H20 + 6002 + solar energy — 602+ CGH1206 (19)
CgH 204 + 6H5O + solar energy — 6CO5+ 12H, (1.10)

Dark fermentation is one of the most studied processes for Ha production using

biological approaches [64]. Dark fermentation or anaerobic fermentation is a
process that occurs in the absence of light and involves the anaerobic
decomposition of organic materials by certain bacteria. Microorganisms, such
as Clostridium, Enterobacter, Bacillus and FEscherichia coli species, ferment
organic substrates, such as simple sugars (glucose, sucrose, lactose), waste
material (food industry waste or agricultural waste) or wastewater, and
produce Ha gas along with other metabolic by-products, such as CO2 and
volatile fatty acids (acetic acid or butyric acid) [62, 65, 66].

Using glucose as a model organic substrate, a maximum of 4 and 2 moles of
Hy are generated per 1 mol of glucose in acetate and butyrate type

fermentation, respectively, as shown in Egs. (1.11) and (1.12) [67].
CGHlQOG + 2H20 - CH30H2CHQCOOH + 2H2 + 2C02 (112)

Photo _fermentation involves Ha production by purple non-sulphur (PNS)

bacteria from various carbon sources using solar energy under deficient
nitrogen. Photosynthetic bacteria converts organic acids (butyric acid, lactic
acid, acetic acid), waste from various industrial processes or wastewater into

CO2 and Hy in the presence of nitrogenase enzyme [62, 68|.
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Thermochemical

Thermochemical conversion is the most advanced technology for Ha production

from biomass, faster than the biological processes and with a higher stoichiometric

H> yield [24]. The four main thermochemical routes are gasification, supercritical

water conversion, pyrolysis and reforming of derivatives technology.

O
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Biomass gasification is the thermochemical conversion route of biomass into
Ho-rich gas, mostly containing Hz, CO2, CO, CHs and hydrocarbons, at
temperatures between 700 and 1200 °C (endothermic process). The quality and
composition of the gas depends on the gasifying agent: air, oxygen, steam or a
combination of these [69]. O2 is often the preferred gasification agent because
it produces a gas with moderate heating value, with high level of H (high
purity), no nitrogen and less tar and char in the outlet stream. Nonetheless,
its use as gasifying agent makes the process too expensive as it requires an Os
separation process. Air is an inexpensive and widely used gasification agent,
but the nitrogen content affects negatively to the heating value of the fuel [70].
Therefore, steam gasification is used as a compromise between O2 and air
gasification. It is a well established and efficient method for H2 production
(higher H» yield than air biomass gasification and avoids Oz separation steps),

with a Ho-rich syngas with high calorific value [36].

The general process consists of several stages: drying, pyrolysis, combustion
and reduction. In the drying step, an endothermic evaporation of compounds
takes place at a low temperature, around 100 °C, with the aim of removing
moisture from the feedstock. The dried biomass undergoes thermal
decomposition by pyrolysis at a temperature between 125 and 500 °C. Gases,
condensable products and char are the main outputs [70]. Combustion (or
oxidation) takes place at 700-1500 °C, oxidising the fuel and causing
exothermic reactions, a large amount of heat is released in this step. The final
process is a reduction reaction which occurs at 800-1100 °C and involves

endothermic reactions [71].
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o Supercritical water gasification is an alternative thermochemical technology

for the conversion of high moisture content biomass (moisture > 35 %), as the
implementation of a drying step makes any conversion process economically
unviable. Supercritical steam is used as a gasification agent and also as a
catalyst, at pressures above 22.1 MPa and temperatures above 374 °C
(supercritical conditions). Organic compounds and gases are miscible in
supercritical water at high temperatures, which facilitates their conversion.
However, maintaining such operating conditions (high temperature and
pressure) requires high energy input, which increases the operating cost of the

process and makes it difficult to scale-up [36, 72].

o Biomass pyrolysis is the thermal decomposition of biomass in the absence of
O2 or air. It is one of the most energy-efficient and cost-effective processes for
producing fuels from a renewable source |73]. It is an endothermic process that
typically occurs at temperatures between 400 and 800 °C. A liquid fraction
(tar or bio-oil), a solid residue (char) and a fraction of non-condensable gases
(Hz, CO2, CO, CH4 and hydrocarbons) are obtained from this thermochemical
process [36, 69].

Based on the operating temperature, the process can be divided into three
main types [36, 72, 74]: conventional (or slow) pyrolysis, fast pyrolysis and
flash pyrolysis. The distribution of product yield therefore varies according to
the type of pyrolysis and its operating conditions. Conventional or slow
pyrolysis, whose main purpose is to produce char (gas and liquid fuels are also
produced as by-products), is carried out at moderate temperatures (below 450
°C) and heating rates (< 1°C/s) and long residence times (> 5 min) [36, 74].
In this process, Ha production is low but it increases with increasing
temperature and heating rate [72]. Under fast pyrolysis conditions (medium
temperature, 450-600 °C; high heating rates, around 300 °C/min; and short
residence times) [36], the liquid fraction is the main product, with bio-oil yields
between 60 and 75 wt%, which can be valorised latter by reforming processes
to produce H2 as the main product (more detailed description in section 1.4)

[69]. Flash pyrolysis is similar to fast pyrolysis but it takes place at higher
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temperatures (above 600 °C) and heating rates (1000 °C/s) and with shorter
residence times (below 1 s). Despite the production of Hz in the product gas
stream of the process, fast pyrolysis and/or flash pyrolysis do not aim for
efficient Hz production, unlike other thermochemical pathways such as

gasification [36].

o Reforming of derivatives technologies: Ha production from the reforming of

biomass-derived oxygenates has received much attention in the literature, due
to its sustainability and promising progress towards scale-up. There are two
main routes: (i) a decentralised (two separate systems) production of storable
oxygenates, such as bio-ethanol (produced by biomass fermentation), methanol
and dimethyl ether (DME) (produced from biomass via syngas), or bio-oil
(produced by biomass fast pyrolysis), their transport and subsequent reforming
in the bio-refinery; and (ii) a centralised system (a single coupled system within
the bio-refinery) consisting of biomass pyrolysis and in-line reforming of the

pyrolysis volatiles or biomass gasification and in-line reforming.

Biomass pyrolysis and in-line reforming of the volatiles has received great
attention among centralised processes, while reforming of bio-oil (produced by
fast pyrolysis of biomass) is the most studied and developed technology among

decentralised processes [69].

Section 1.4 describes various existing reforming technologies for Hs production

from bio-oil or individual oxygenated compounds, object of this Thesis

1.3. BIO-OIL

1.3.1. Production, composition and properties

The most commonly used method for the production of bio-oil is the fast pyrolysis
of biomass. This is a thermal decomposition in the absence of Oz (or air) or with
an Oz concentration lower than that required for the complete combustion of the

biomass, producing solid (char), liquid (bio-oil) and gaseous products (as detailed
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explanation in section 1.2.3.2). Typical process yields are: 60-75 wt% bio-oil, 15-
25 wt% char and 10-20 wt% gas [75, 76].

Bio-oil is a dark brown, viscous, polar, hydrophilic liquid with a characteristic
odour, composed of a complex mixture of components derived from the
fragmentation and depolymerisation reactions of biomass components (cellulose,
hemicellulose and lignin). Its average molecular weight is between 100-1000
g/mol. It is composed of water and a mixture of oxygenated hydrocarbons (>300)
from different families: acids, alcohols, ketones, aldehydes, ethers, esters, phenols,
sugars, furans, nitrogen compounds and other oxygenates |77]. These compounds
confer to the bio-oil an acidic (pH = 2-3), corrosive (especially at high
temperatures) and unstable nature. Hence, its high heating value (HHV) is about
16-19 MJ/kg, almost 2.7 lower than that of typical fossil diesel fuel |78, 79].

The water content in bio-oil is a key factor in its physical and chemical properties
and is usually determined by Karl-Fischer titration method. Water is the most
abundant compound in bio-oil, which comes from the original moisture in bio-oil
and the dehydration reactions in pyrolysis, and its content varies between 15-30
wt%, depending on the type of biomass and the conditions of the production
process (lower for wood and higher for agroforestry residues [80]). The oxygen
content of bio-oil depends on the water content and varies between 35-40 wt%
[81, 82]. Oxygen is present in almost all the organic compounds in bio-oil, which
are mainly responsible for its polarity and low miscibility with fossil fuels (non-
polar). In addition, the high oxygen content results in a biofuel with a low heating

value, high corrosivity and instability [83, 84].

Bio-oil also contains ash (combustion residues) whose content varies between
0.004-0.30 wt%. The ASTM D-7544 standard suggests that the content of these
solids should not exceed 0.25 wt%, as high levels can cause high wear in pumps
and injectors, and corrosion and deposition problems in combustion equipment,

due to the alkali metals contained in the ash [76].

The viscosity of bio-oil is another relevant property to consider, as it is important

for the design of equipment and chemical reactors. Its value ranges from 40-100
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cP at 50 °C, depending on the biomass and pyrolysis conditions, and can be
reduced by moderate preheating (< 80 °C) to facilitate pumping and atomisation,

without significantly modifying its composition [81].

Bio-oil has a tendency to polymerise over time (aging) due to the presence of
phenolic oligomers derived from the lignin of the biomass and aldol-type reactions
promoted by acids. The addition of alcohols (mainly methanol and ethanol,
around 10 wt%) has been shown to have a significant stabilising effect on the bio-
oil during storage, not only preventing aging reactions but also reducing the

increase in viscosity [85].

It is interesting to note that the properties and composition of the bio-oil change
depending on the pyrolysis conditions, the reactor configuration and the origin

and characteristics of the biomass used [82, 86].

1.3.2. Upgrading routes

The aforementioned properties of bio-oil limit its direct use as a biofuel or as a
raw material in various processes, and therefore usually require processes to
upgrade its composition. The main valorization routes for bio-oil include direct,

physical and catalytic upgrading.

The direct wvalorization of bio-oil is due to its great potential for heat and
energy generation as a fuel at industrial level, in boilers, furnaces, kettles or
turbines [87|, although its use requires certain modifications to improve the
efficiency of the equipment, such as the installation of particle retention systems
(filters or cyclones) and the removal of carbonaceous deposits. There are a number
of strict standards that must be followed for its direct use, which are clearly
defined in the ASTM D-7544 standard.

The use of bio-oil as a transport fuel in automotive vehicles involves the physical
blending (physical upgrading) of bio-oil with conventional fuels. Bio-oil/diesel
has been the most studied mixture [80]. However, the low miscibility of the two
phases requires emulsification using low cost surfactants or chemical emulsifiers

(alcohols such as octanol or butanol) to achieve or maintain a more or less
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homogeneous emulsion between them. Bio-oil/diesel emulsion combustion has the
advantage of reducing particulate matter and NOx emissions compared to diesel

combustion [88].

Valorization by catalytic conversion of bio-oil has been addressed in the
literature by several routes: hydrotreating/hydrodeoxygenation (HDO), catalytic
cracking, esterification and steam reforming. This latter will be extensively

described in section 1.4.

o Hydrotreating/hydrodeozygenation (HDQ) aims to reduce the O, N and S

content of heterogeneous streams to improve their fuel properties. In the case
of bio-oil, nitrogen and sulphur are not present in significant quantities, but
oxygen is abundant. Therefore, hydrodeoxygenation (HDO) treatment is
needed for the elimination of oxygen. In this process, oxygen is removed as
H20, CO2 and CO through dehydration, decarboxylation and decarbonylation
reactions. HDO is carried out under high pressure (20-200 bar) and high
temperature (250-400 °C) conditions with a H2 supply. The result is a highly
deoxygenated liquid product with a residual oxygen content of less than 5 wt%
[80, 89.

o Catalytic cracking involves the deoxygenation of bio-oil using acid catalysts,

at atmospheric pressure and without Hs feed, so it has lower operating costs
than HDO. It consists of dehydration reactions, hydrocarbon cracking,
hydrogen production and consumption reactions, and production of larger
molecules by C-C bonding [76]. The most commonly used catalysts are zeolites,
which have a large specific surface area and high adsorption capacity, the most
commonly used being H-ZSM-5, H-Beta and H-USY [80, 90].

o The esterification process converts organic acids (such as acetic acid, formic
acid, propionic acid) into esters, thereby improving the quality of the bio-oil
(stabilising the bio-oil by neutralising its acidity) [91]. This reaction is
accompanied by the acetylation of aldehydes, ketones and sugars [92]. This
process requires the addition of alcohols (ethanol, methanol, glycerol),

moderate temperatures (60-120°C) and the use of strongly acidic catalysts [93].
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1.4. HYDROGEN PRODUCTION THROUGH REFORMING OF
BIO-OIL AND OXYGENATED COMPOUNDS

As discussed earlier in this Thesis, reforming is one of the processes with the
greatest potential for sustainable H2 production. Among the different alternatives,
steam reforming (SR) of bio-oil receives great attention as it is a promising and
economically viable thermochemical technology for the production of clean Ha,
with a low environmental impact due to its neutral CO2 balance. Additionally,
the steam reforming process avoids the costly step of separating water from the
bio-oil, for its use as a fuel, and allows the joint valorization of the complex

mixture of oxygenated compounds [94].

The overall reaction for the SR of oxygenated hydrocarbons (C.HwmOx) (Eq.
(1.13)) involves reforming reaction to produce syngas (CO+Hz) (Eq. (1.14)) and
the subsequent water-gas-shift (WGS) reaction (Eq. (1.15)).

m
CH,Oy + (20-K)H,0 — nCO, + (20 + 5" k) Hy (1.13)
m
CuH,Oy + (n-KH,0 —nCO + (n +5- k) H, (1.14)

The high endothermicity of the reforming reaction (Eq. (1.14)) requires a high
operating temperature, which shifts the WGS reaction (Eq. (1.15)) (exothermic
reaction) towards the formation of CO and H20 (reverse-WGS) [95].

According to the global stoichiometry (Eq. (1.13)), the maximum Hy yield for the
SR of oxygenated hydrocarbons is (2n + m/2 — k)mol Hz/moloxygenates. However,
the real yield is lower due to the thermodynamic limitations of the WGS reaction
and the existence of parallel secondary reactions, such as decomposition /cracking
of oxygenates (Eq. (1.16)), steam reforming of decomposition products (CH4 and
light hydrocarbons (C.Hp), Eq. (1.17) and Eq. (1.18), respectively) and

interconversion of oxygenates (Eq. (1.19))
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C,H,,0x — C.H,0, + gas (CO, CHy, CO,, C,Hy, Hy, ...) + coke (1.16)

C,Hy, + aH,0 — aCO + (a +b/2)H, (1.18)
C,H,,0, — CH,0, (1.19)

Moreover, the catalyst undergoes rapid and severe deactivation mainly due to
coke deposition, whose amount depends on the relative importance of the
reactions for its formation (decomposition/cracking of oxygenates, methane
decomposition and Boudouard reaction, Egs. (1.16), (1.20) and (1.21),
respectively) and gasification (Eq. (1.22)).

CHi > 2H, + C (1.20)
2C0O <« C + CO2 (1.21)
C + H20 — CO + Hq (1.22)

The complexity of the reaction system makes it difficult to design a selective
catalyst for the reforming reactions of oxygenates and hydrocarbons (by-product),
WGS and coke gasification, while inhibiting methanation and coke formation
reactions [96, 97]. The most studied catalysts for the reforming process are Ni-
based catalysts [96, 98|, Mg-doped catalysts [99, 100| and noble metal-loaded
catalysts (Pd, Pt, Pu and Rh) [77, 97|. Ni-based catalysts are widely used for
steam reforming of bio-oil due to their cost effectiveness and high C-C bond
breaking activity. Noble metal-based catalysts are generally more effective than
Ni-based catalysts and exhibit less carbon deposition, but they are not commonly

used in practical applications due to their high cost [97].

The main challenge of bio-oil SR is to mitigate catalyst deactivation, mainly due
to coke deposition. The co-feeding of O2 (oxidative steam reforming, OSR) is
effective in promoting the partial combustion of coke precursors and attenuating
their formation, although it decreases the Ha yield, according to the ideal
stoichiometry (Eq. (1.23)) [95, 101]. Furthermore, the heat generated in the

combustion reactions in the OSR partially satisfies the energy requirement, and
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a thermo-neutral regime (autothermal reforming, ATR) can be achieved with an

adequate O2/steam /bio-oil ratio.

C,H, Oy + a0+ (20-2a-1)H,0 — nCO, + (20 + % k-2a)H,  (123)

1.4.1. Steam reforming of oxygenated compounds

The handling of raw bio-oil (as obtained) presents important problems/challenges
due to the presence of highly reactive oxygenates (mainly phenolic compounds)
which easily repolymerise at moderate temperatures to form a solid residue
(pyrolytic lignin, PL) whose deposition causes problems in the bio-oil feed (even
blocking the flow in the reaction system) and rapidly deactivates the catalyst.
Therefore, due to the complexity of raw bio-oil, many bio-oil SR studies have
been approached in the literature with model compounds, representative of the
main families of components present in raw bio-oil, such as acetic acid (the most
studied as it is one of the main components of bio-oil) [102, 103, 112-121, 104,
122, 123, 105-111], acetone [103, 111, 120, 121, 124-128|, acetol [105, 110, 113,
115, 129], some alcohols (ethanol, methanol, butanol) [110, 113, 120, 121, 124,
129-132| or phenols [115, 133-135].

1.4.1.1. Acetic acid

Acetic acid is considered representative of the carboxylic acid family, one of the
major families of bio-oil. Wang et al. [115] studied the SR of acetic acid with 15
%Ni/nano-Al2O3 catalyst, steam-to-carbon (S/C) molar ratio of 9.2 and weight
hourly space velocity (WHSV) of 3 h'l, obtaining high conversions and H> yields
that increase with temperature from 82.9 % conversion and 80.4 % H> yield at
500 °C to 98.5 % conversion and 87.4 % Hs yield at 800 °C.

Zhang et al. [119] studied the SR of acetic acid over Ni/y-Al2O3 catalysts with
different nickel contents (5, 10, 15, 20 wt%), at 600 °C, S/C molar ratio of 1.5
and liquid hourly space velocity (LHSV) of 7.2 h'!, with a duration of 5 h. The

catalyst with 5 wt% Ni showed very low reforming activity and rapid
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deactivation, with Ha yield below 20 %. Increasing the nickel loading improved
the stability of the catalysts, so that with 20 wt% Ni both the conversion (~ 100

%) and the product distribution were very stable throughout the reaction.

Li et al. [120] compared the catalytic behaviour of catalysts based on Mn, Fe, Co,
Ni, Cu and Zn in the SR of methanol, acetic acid and acetone. The SR of acetic
acid was studied with Ni, Ni/Al203, Co and Co/Al2O3 catalysts (at 500 °C, S/C
ratio of 1.5, time on stream (TOS) of 5 h and LHSV of 12.7 h'!). Low acetic acid
conversion (40 %) and Hz yield of 20 % were obtained with the unsupported Ni
catalyst, although no evidence of deactivation was observed under the
experimental conditions. On the contrary, the Ni/Al2O3 catalyst, which was more
active at the beginning of the reaction, was progressively deactivated until a
conversion of 70 % and a H» yield of 50 % were obtained. For the unsupported
Co catalyst, although the conversion remained stable (55 %), the hydrogen
evolution decreased from 30 % to about 22 %. Similar to the supported Ni
catalyst, the Co/Al2O3 catalyst suffered a clear deactivation with the reaction
time, obtaining a conversion of 80 % and a H» yield of 43 %. Thus, this work
concluded that the alumina support has a significant influence on the catalytic

stability of the catalyst.

1.4.1.2. Acetone

Acetone is also a widely studied model compound as it is an intermediate in the
reforming of acetic acid and ethanol. Due to its high reactivity, most studies have

been carried out using low cost Ni and Co catalysts.

Navarro et al. [125] investigated the SR of acetone with Ni catalysts and
bimetallic Pt-Ni catalysts supported on modified Al2O3. La, Ce and Mg oxides
were used as support modifiers to neutralise acidity and/or increase water
adsorption and OH- surface mobility of the AloO3 support. At 600 °C, S/C ratio
of 2, TOS of 10 h and gas hourly space velocity (GHSV) of 10180 h-!, full acetone

conversion was obtained with all the catalysts used.
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Elias et al. [126] used a Ni/ZnO catalyst for the SR of acetone and analysed the
effect of the incorporation of CeO2 on the catalytic behaviour and carbon deposit
formation. The CeO2 phase, either as a pure support or as part of a mixed oxide
mixture, is traditionally a widely used support for catalysts, due to its good redox
properties and high oxygen storage capacity, which promotes the combustion of
coke and its precursors [136, 137]. The authors studied the SR of acetone at 600
°C, S/C ratio of 1 and GHSV of 7800 h'', and concluded that Ni/xCeZnO
catalysts (x=10, 20, 30 CeO2 wt%) performed better than Ni/ZnO catalyst, with
higher acetone conversion: 75 % (Ni/ZnO) versus 81 % (Ni/30CeZnO). Similarly,
a higher Ha yield was obtained, 9.8 % (Ni/ZnO) versus 30.7 % (Ni/30CeZnO). In
addition, the amount of carbonaceous deposits on the used catalyst and their
graphitic nature was lower for Ni/xCeZnO than for Ni/ZnO, and the amount of

carbonaceous deposits decreases with CeO2 content.

Basu and Pradhan [127] studied the SR of acetone over NiCoMgAl mixed oxide
catalysts obtained from hydrotalcite precursors with varying Ni/Co ratios (0.33,
1 and 3), in the 450-550 °C range, with a steam/acetone molar ratio of 4-10 and
a space time of 10-24 kgcatalyst-h/kmolacetone. These authors obtained about 99 %
acetone conversion over all the catalysts employed and a maximum hydrogen
selectivity of ~ 80 % over NiCoMgAl (0.33). The stability of the catalyst
(NiCoMgALl (0.33)) was studied for 4 h at 500 °C and with a steam /acetone molar

ratio of 6. The conversion remained constant throughout the test.

1.4.1.3. Hydroxyacetone (Acetol)

Hydroxyacetone or acetol, formed from carbonyl and hydroxyl functional groups,
is studied as a model compound for the ketone and alcohol families. Medrano et
al. [113] studied the SR of acetol, butanol, ethanol and acetic acid in a fluidized-
bed reactor at 650 °C, S/C ratio of 7.64, u/ums = 6 and methane-equivalent gas
hourly space velocity (GciHSV) of 30000 h'! with NiMgAl catalyst (29.3 wt% Ni
and Mg/Al=0.26 molar ratio). The catalyst showed high stability in the SR of
alcohols, although the carbon to gas conversion was low (76.4 % and 88.3 % for

butanol and ethanol, respectively). In the SR of acetol and acetic acid, acetol was
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significantly more reactive, reaching a carbon to gas conversion of 91.7 %, and in
both cases a decrease in carbon to gas conversion was observed with time, more
significant in the case of acetic acid. In the SR of butanol, ethanol and acetic acid
the Hs selectivity remained stable at a value corresponding to the equilibrium
conditions, whereas in the SR of acetol a steady decrease of Ha selectivity was

observed, resulting in a selectivity far from thermodynamic equilibrium.

Wang et al. [115]| investigated the SR of acetol over a 15 %Ni/nano-Al2O3
catalyst, S/C ratio of 9.2 and WHSV of 3 h'l. Both, acetol conversion and H»
yield increase with temperature: at 500 °C, 72.8 % conversion and 71.3 % Ha
yield; at 700 °C, 98.7 % conversion and 97.2 % Haz yield; and at 800 °C, 99 %

conversion and 97 % Ha yield.

1.4.1.4. Phenols

Some phenols and derivatives, such as furfural, cresol, guaiacol and toluene, have
been studied as representative model compounds for tar (organic fraction of bio-
oil) [138-141]. One of the main problems in the SR of phenol is the formation of
some by-products such as carbon, which leads to catalyst deactivation and can

cause problems for continuous SR and sustainable hydrogen production [134].

Matas Giiell et al. [133] compared the SR of phenol over Ni/K-La-ZrO2 and
Ni/Ce-ZrO; catalysts at 700 °C, S/C ratio of 20, GHSV of 950000 h-! and TOS
of 22 h. The conversion of phenol with Ni/K-La-ZrO: catalyst was ~ 85 %,
remaining relatively stable during the whole reaction. However, the product
distribution varied with time. The Hz and CO2 yields decreased from 90 % to 78
% and from 86 % to 65 %, respectively. In contrast, the CO yield increased from
20 % to 32 %. The Ni/Ce-ZrOs catalyst also showed high initial activity (~80 %
phenol conversion), with Hz and CO2 yields around 88 % and 79 %, respectively,
CO yield ~21 % and no CHs was detected throughout the experiment. The
changes in product distribution were less than for Ni/K-La-ZrOs: Hz and CO2
decreased from 85 % to 71 % and from 78 % to 68 % respectively, whereas CO

remained fairly constant.
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Wang et al. [115], under the same conditions used for the SR of acetic acid and
acetol (15 %Ni/nano-AlbO3 catalyst, S/C ratio of 9.2 and WHSV of 3 h'!), also
observed an increase in phenol conversion and Hs yield with temperature: at 500
°C, 700 °C and 800 °C the conversion was 64.8 %, 84.2 % and 92.2 %, whereas
the Ha yield was 64.8 %, 69 % and 74.4 %, respectively.

Nabgan et al. [134] analysed the influence of Ni-Co ratio supported on ZrO:
(NixCoy/ZrO2 x = 0, 1, 2, 3 where x + y = 4) on phenol SR at 600 °C,
water/phenol molar ratio of 10 and 6 h. No significant variation with time was
observed for phenol conversion and H2 and CO yield for the Ni2Co2 and NizCo1
catalysts. However, both phenol conversion and H2 and CO yields decreased
slowly with time for the Nis and Cos catalysts. On the other hand, the CO> yield
increased progressively with time for all catalysts. Overall, the work concluded
that the Ni3Co1 catalyst had the highest activity and stability compared to the
others (phenol conversion of 53.5 % and H> yield of 50.4 %).

Hu and co-workers extensively studied the SR of guaiacol over different Ni-based
catalysts [142-145|. The authors investigated the effect of the support (Al2O3 and
SBA-15) with two Ni-based catalysts (both with 20 wt% of Ni) in a fixed-bed
reactor with S/C ratio of 5 and LHSV of 21.2 h! at 300-600 °C temperature range
for 30 min on stream [142]. Both catalysts were not active below 400 °C, but
significant activity was observed for guaiacol SR at 600 °C, with initial values of
conversion and Hz yield of ~92 % and 80 %, respectively, for Ni/SBA-15 catalyst
and of ~ 75 % and ~ 30 % for Ni/AlO3 catalyst. Ni/SBA-15 catalyst also showed
superior stability at 600 °C for 300 min in spite of its higher amount of coke
deposited (38.6 %) compared to Ni/AlO3 (10.2 %), which was explained because
the coke in the Ni/Al2O3 catalyst was mainly of amorphous nature, whereas in
the Ni/SBA-15 catalyst carbon nanotubes were the main form of coke. These
authors also studied the SR of guaiacol over a Ni/SiO2 catalyst (20 wt% Ni)
modified with Na, Mg and La [143], under similar operating conditions. The La-
Ni/SiO2 catalyst reached the highest activity (complete guaiacol conversion and
~ 80 % of Ha yield at 600 °C) and stability, whereas the strong alkalinity caused
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by the addition of Na or Mg to Ni/SiO2 led to a noticeable decrease in the initial

catalytic activity and a higher deactivation rate.

These researchers also investigated the SR of a series of organic molecules with
different molecular structures derived from bio-oil (methanol, formic acid,
ethanol, acetic acid, acetaldehyde, acetone, furfural and guaiacol) over a Ni-
La/Al2O3 catalyst (15 wt% of Ni and 2 wt% of La) in a fixed-bed reactor at 600
°C, S/C ratio of 1.5 and LHSV of 12.7 h'! for 240 min on stream [144]. The
reforming of methanol and formic acid was relatively easy because they do not
contain a carbon (C-C) chain to be cracked in their structures and thus, coke
formation was insignificant, so the catalyst showed a stable catalytic performance.
A progressive deactivation was observed with time on stream in the SR of the
other reactants (acetic acid, ethanol, acetaldehyde and acetone), which were more
difficult to be reformed and coking was significant (mainly amorphous coke),
especially for acetone and acetaldehyde. However, the catalyst was unable to
convert the high molecular weight reactants furfural and guaiacol under the
reaction conditions employed in that study and a significant amount of coke
(mainly carbon nanotubes) was formed. These results showed that the structures
of the feedstock affect their reaction behaviour in the steam reforming and, in

particular, their tendencies to coke formation.

Moreover, the SR of acetic acid and guaiacol over Ni/attapulgite (natural
mineral) catalyst (25 wt% of Ni) and the effect of attapulgite activation with
KOH on the catalytic behaviour of Ni/attapulgite catalyst were investigated
[145]. The reaction runs were carried out in a fixed-bed reactor, S/C ratio of 5,
LHSV of 10.4 h' (for acetic acid SR) and 21.1 h' (for guaiacol SR),
KOH/attapulgite mass ratio of 0 and 2, at 700 °C for 300 min on stream. For
acetic acid SR, no deactivation was observed in any case (KOH /attapulgite 0 and
2). For guaiacol SR, the Ni/attapulgite (no KOH activation) catalyst deactivated
rapidly with time on stream, but the Ni/KOH-attapulgite (ratio of 2) catalyst
was much more stable. In both cases, the initial catalyst activity was higher with
KOH activation due to the higher metallic nickel dispersion and alkalinity of the
KOH activated Ni/attapulgite catalysts.
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Wu and Liu [146] studied the SR of m-cresol with Ni/MgO-Al2O3 catalyst in a
fixed-bed reactor at 850 °C, S/C ratio of 5 and space time of 1 geatalyst-h/gm-cresol
for 3 h on stream. After the experimental run, two conventional carbon
elimination methods (combustion with air and gasification with steam) were
applied and the m-cresol was steam reformed again on the regenerated samples
to investigate possible activity changes. Although catalyst activity decreased
slightly after regeneration (mainly due to loss of active metal), with Hz yield
decreasing from 84 % to 81.3 % for the combustion method and to 82.9 % for
steam gasification method, the overall performance of the regenerated catalysts
was similar to that of the fresh catalyst, achieving > 81 % Ha yield, and > 97 %

carbon conversion

1.4.2. Steam reforming of bio-oil

As discussed previously, steam reforming of raw bio-oil is an experimental
challenge due to the complex composition of the bio-oil. However, in order to
progress towards the scale-up of this process, it is required the study with real
bio-oil feeding, since the catalyst performance in the reforming of the model
compounds may differ significantly from that observed in the reforming of a real
bio-oil, in which the possible synergies between its components could impact on
the catalyst performance. Moreover, real bio-oils have a large amount of heavy
oxygenates with a lower expected SR reactivity and higher coking tendency than
light oxygenates. Unfortunately, SR studies with real bio-oil or with bio-oil

aqueous fraction are limited.

The studies over catalyst development and reaction conditions (temperature, S/C
ratio and space time) in bio-oil SR have mainly been performed with Ni-based
catalysts over different supports and with packed-bed reactors. The results
evidence operating problems due to the rapid catalyst deactivation by coke, and
even gas flow blockage when the feed is raw bio-oil [147, 148|. Considering the
relevance of catalyst deactivation by coke, it is required to be regenerable,
recovering its activity after coke combustion. It has been demonstrated that a

catalyst prepared by reduction of NiAlxOy is completely regenerable [149] and its
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good performance in the reforming of bio-oil (with high activity, Ha selectivity
and stability) is due to the presence of highly dispersed and uniformly distributed

Ni sites within the catalyst particle.

The scale-up of raw bio-oil SR (as well as other catalytic processes with high
reaction heat and rapid catalyst deactivation) recommends the use of a fluidized-
bed reactor [150] to avoid bed blockage problems [151, 152| and the complex
design and operation of packed-bed multitube reactors [153]. Thus, the free
movement of the catalyst particles facilitates temperature control (uniform
throughout the reactor and without cold spots). Moreover, the high velocity of
heat transport between phases facilitates external heat input (necessary because
the reaction is highly endothermic). The movement of the catalyst in the
fluidized-bed reactor would also facilitate the future operation of a reactor-
regenerator system, with circulation of the catalyst between the two units,
maintaining a constant catalyst activity in the reactor and continuously
regenerating the catalyst (and the sorbent in the sorption enhanced steam
reforming (SESR) operation, process explained in section 1.4.3). Papalas et al.

[154] have simulated such a system for CHy reforming.

For the purpose of attenuating catalyst deactivation by coke, lower coke
deposition has been observed in the fluidized-bed reactor compared to the packed-
bed reactor in the steam reforming of biogas [155], acetic acid [156], aqueous
fraction of bio-oil [151, 157, 158] and raw bio-oil [148], and in the oxidative
reforming of ethanol [159]. The reason seems to be that the mixing regime of the
catalyst particles, at a high temperature (above 600 °C in the experiments
reported in the literature) and with the appropriate catalyst, promotes the
gasification of the coke from bed particles and also delays the evolution of the

coke towards structures that encapsulate the Ni sites.

However, results in the literature (in laboratory equipment or by simulation)
show the negative effect of bubble presence in the gas-solid contact [160]. Thus,
for the SR of methane [161], methanol [162], aqueous fraction of bio-oil [151, 158]
and raw bio-oil [148| the conversion is lower in the fluidized-bed reactor than in

the packed-bed reactor. Fernandez et al. [163| have studied the reforming of

33



Chapter 1. Introduction and objectives

volatiles from biomass fast pyrolysis on a commercial Ni-Ca/Al2O3 catalyst and
attributed the higher coke deposition rate in the fluidized-bed reactor to the

higher-concentration of unreacted oxygenates [164].

Overall, numerous articles in the literature summarise the general aspects of the
SR reaction, such as the effect of the feed, catalyst, reactor type and operating

conditions on hydrogen production [77, 79, 165, 166].

To mitigate catalyst deactivation, Remiro et al. [167, 168] proposed a two-step
in-line (thermal and catalytic) reaction system (Figure 1.5) for the SR of bio-oil
aqueous fraction or complete bio-oil. The first reactor (a U-shaped stainless steel
tube) retains the carbonaceous solid (pyrolytic lignin) formed by the
repolymerization of certain oxygenated components of the bio-oil (mainly
phenolic compounds). The volatile compounds leaving this unit (treated bio-
oil+gases) are reformed (by catalytic steam reforming) in a fluidized-bed reactor
(unit 2). This reaction system minimises the operational problems caused by
pyrolytic lignin deposition and attenuated catalyst deactivation. Therefore, under
suitable conditions (700 °C, S/C ratio of 9 and GciHSV of 8000 ht), Ha and CO
yields were 95 % and 6 %, respectively, with slow catalyst deactivation, leading

to a minimal decrease (about 2 %) in H» yield over 100 min of reaction [167].

Bio-oil Thermal Treated bio-oil Catalytic H,, %%, CO,,
or D E— .
reformin it
Bio-oil aqueous treatment R gases (H,, CO, = hydrocarbons,

fraction CO,, hydrocarbons) coke

Pyrolytic lignin

Figure 1.5. Two step process for the steam reforming of bio-oil or bio-oil aqueous fraction
[167, 168].

Bimbela et al. [169] studied the catalytic steam reforming of three different
aqueous fractions of bio-oil (with 83-84 wt% of H20) using Ni/Mg-Al (28 wt% of
Ni) catalysts modified with Ce (0-5 wt% of Ce), by different preparation methods
(co-precipitation, impregnation and thermal decomposition of the precursor salts)
in a packed-bed reactor at 650 °C and GciHSV of 13000 hl. Overall, the addition
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of Ce to the Ni/Mg-Al catalyst improved the carbon conversion to gas, Ho yield
and catalyst stability in the SR process. The best preparation method was
impregnation and the optimum Ce content was 0.5 wt% (resulting in a significant
reduction of carbon deposits compared to the unpromoted Ni/Mg-Al catalyst)
with a carbon conversion to gas of 78.7 % and 70.8 vol.% of Ha. Regarding the
effect of the aqueous fraction fed, the two aqueous fractions derived from pine
produced much higher initial carbon conversion to gas and initial Hs yield than
that derived from poplar. However, the latter provided a more stable carbon

conversion to gas and Ha production.

Valle et al. [170, 171] investigated the influence of temperature, space time and
S/C molar ratio in the SR of raw bio-oil over Ni/LaO3-aAl2O3 (10 wt% of Ni)
catalyst in a fluidized-bed reactor. The influence of temperature was studied in
the 550-700 °C range with S/C ratios of 1.5 and 6, and space time in the 0.04-
0.38 geatalyst-h/gnio-oil Tange. Bio-oil conversion and H yield were significantly
improved by increasing the temperature. Above 650 °C, S/C ratio of 6 and space
time higher than 0.10 geatalyst-h/gbio-oil, @ Ha yield higher than 88 % was obtained
with low catalyst deactivation [170]. On the other hand, the effect of space time
(0.04-0.38 geatalyst-h/ghio-oit) and S/C molar ratio (1.5, 3 and 6) were also studied
at 700 °C over the same catalyst [171]|. The increase of both space time and S/C
ratio contributes to increase the yield of Ho and decrease the yield of CO, CH4
and light hydrocarbons (C2-Cs). In addition, catalyst deactivation is attenuated
by the increase of space time due to the lower deposition of encapsulating coke
(amorphous carbon), which blocks Ni sites and causes rapid deactivation.
However, space time has no effect on the formation of filamentous coke (with
lower impact on deactivation). Regarding the S/C ratio, it has less influence than
space time on the total coke content. Therefore, at 700 °C with the highest space
time (0.38 geatalyst-h/ghio-oil) and S/C ratio (6) studied, a hydrogen-rich gaseous
outlet stream is obtained, with an initial Hz yield of 93 %, which decreased to 70

% after 7 h of reaction due to low catalyst deactivation.

Bizkarra et al. [172] analysed the SR of a real bio-oil (obtained from pine sawdust

with C27He7037 chemical composition) in a packed-bed reactor with catalysts
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based on Ni supported on alumina (Ni/Al2O3, 13 wt% of Ni), modifying the AloO3
support with CeO2 (8 wt%) (Ni/CeO2-Al203) and LaxO3 (6 wt%) (Ni/La20s-
Al>O3) at 800 °C, atmospheric pressure, S/C ratio of 5 and space time of 1.45
Seatalyst'1/Ehiooil for 3 h. Initially all the catalysts presented high H» yields (about
90 % for Ni/Al2O3 and Ni/CeO2-Al203 catalysts and about 75 % for Ni/La2Os-
Al>O3 catalyst), but they rapidly decreased to Ha yields of ~ 35-40 %. The bare
alumina supported catalyst (Ni/AloO3) showed the fastest deactivation, while
Ni/CeO2-Al203 maintained the initial activity for a longer time, being more
resistant to deactivation. Therefore, Ni/CeO2-Al2O3 catalyst was selected for
further studies under the same operating conditions but promoted by noble metals
(Rh, Pt and Pd, with 1 wt% of each promoter). Although Pt- and Pd-containing
catalysts showed high initial Hy yields (around 70 %), they rapidly lost catalytic
activity, resulting in a decrease in Hz, CO2 and CO yields. For the Rh-Ni/CeO»-
AlO3 catalyst, the initial Hy yield (around 60 %) was lower compared to the
other bimetallic catalysts and Ni/CeO2-Al2O3, but remained stable up to 3 h,
without showing any deactivation. The latter is therefore a promising catalyst for

obtaining a hydrogen-rich gas from the SR of bio-oil.

Remiro et al. [173] studied the deactivation mechanism of Rh/CeQO2-ZrO2 (with
2 wt% of Rh) catalyst in raw bio-oil SR in a fluidized-bed reactor at 700 °C, S/C
ratio of 6 and space time of 0.15 geatalyst-h/gbio-oil, up to 6 h on stream. Considering
the evolution with time of the results, five catalyst deactivation states can be
distinguished, with two sharp changes in bio-oil conversion and product yields (as
shown in Figure 1.6). The initial period corresponds to thermodynamic
equilibrium, with constant values of the reaction indices (complete bio-oil
conversion and 95 % of Ha yield). Subsequently, a rapid deactivation occurs (first
sharp change), which is followed by a new pseudo-stable period (stage 3) with 95
% of bio-oil conversion and Hz yield of ~ 70 %. In this first deactivation period
(stage 2), CHs and hydrocarbons (HCs) yields increase due to catalyst
deactivation for their reforming. From the pseudo-stable state (period 3), a second
rapid deactivation period begins (second sharp change, stage 4), where the bio-
oil conversion and Hz and CO2 yields decreased significantly, faster than in the

first deactivation period, and the yield of hydrocarbons increases in parallel. Once
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the catalyst has undergone a high deactivation level, the change in the reaction
indices takes place slowly (stage 5), reaching values corresponding to the thermal
routes, when the catalyst is completely deactivated. According to the authors,
the first deactivation period is the result of a structural change in the catalyst
(support aging), which is irreversible and occurs quickly at the beginning of the
run, whereas the second deactivation stage is associated with encapsulating coke

deposition, which is reversible and develops more slowly.
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m—

| 1 1 1
0 60 120 180 240 300 360

TOS, min

Figure 1.6. Evolution with TOS of bio-oil oxygenates conversion and yields of products
and deactivation stages in the SR of bio-oil with Rh/CeO2-ZrO> catalyst (adapted from
[173]).

Garcia-Gomez et al. [96] studied the effect of reaction conditions (temperature,
space time and S/C molar ratio) on the deactivation of a Ni/AlOsz catalyst
(obtained by reduction of NiAloOy4 spinel, with 33 wt% of Ni) in the SR of bio-
oil. The runs were carried out in a fluidized-bed reactor with prior separation of
the pyrolytic lignin (Figure 1.5). The effect of reaction temperature was analysed
at 600, 650 and 700 °C for a space time of 0.15 geatalyst-h/gbio-oil and S/C ratio of
3. Initially, bio-oil conversion increased with increasing temperature, reaching
complete conversion at 650 and 700 °C, while the initial yields of Ha and CO2
reached a maximum at 650 °C (around 90 %). Regarding the catalyst stability,

bio-oil conversion and the yield of Ha and CO2 decreased with time, indicating
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that the catalyst underwent deactivation, in the following order: 650 °C > 700 °C
> 600 °C. Catalyst deactivation was practically complete after 4 h and 4.5 h at
650 °C and 700 °C, respectively, whereas at 600 °C, the catalyst maintained high
activity after 4.5 h. The influence of space time (of 0.075, 0.15 and 0.25
Seatalyst-1/Ehio-oil, varying catalyst weight) was assessed at 700 °C and S/C ratio of
3. Complete conversion and fairly similar product yields were observed at zero
time on stream for the different space time values due to the high reaction
temperature used (at 700 °C). The deactivation rate decreased significantly with
increasing space time and therefore, the variations of the reaction indices were
slower at higher space time values. Finally, the effect of S/C molar ratio (1.5, 3
and 4.3) was studied at 700 °C and space time of 0.25 gcatalyst-h/gbio-oil. Initial bio-
oil conversion and Hz and CO2 yields increased with increasing S/C ratio,
indicating that the excess of water favours SR and WGS reactions. Besides, the

deactivation rate was attenuated with increasing S/C ratio.

Moreover, these authors also investigated the effect of bio-oil composition for Ha
production by SR process in fluidized-bed reactor over the same NiAloO4 derived
catalyst [174], using (i) raw bio-oil, or modifying raw bio-oil composition by (ii)
removal of phenolic compounds by liquid-liquid extraction method or (iii) with a
pre-reforming step using dolomite as a low-cost guard and pre-reforming catalyst.
The experiments were performed at 600 and 700 °C, S/C ratio of 3 (for raw bio-
oil and pre-reformed bio-oil) and 6 (for the treated bio-oil by removal of phenolic
compounds) and space time of 0.14 geatalysth/gbio-oil. For the raw bio-oil SR, the
catalyst stability was higher at 600 °C (with 13 h duration run) compared to 700
°C (7.5 h duration). At both temperatures, the oxygenate conversion was
complete at zero time and the Hs yield was around 90 %, slightly higher at 700
°C. In the case of the bio-oil treated by phenol extraction, the conversion was
complete at 700 °C but not at 600 °C, and the Haz yield was significantly lower at
600 °C (72 %) than at 700 °C (92 %). Contrary to the SR of raw bio-oil, for the
treated bio-oil, the stability of the catalyst was higher at 700 °C and remains
practically constant for almost 3 h, after which a moderate decrease was observed.
For the pre-reformed bio-oil, although complete oxygenate conversion was
achieved at both temperatures, the yield of Ha was higher at 700 °C (80 %) than
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at 600 °C (60 %), and temperature also affected catalyst stability, so that at 600
°C the conversion of oxygenates decreased with time more slowly than at 700 °C,
remaining practically constant after 4 h with a conversion of 75 % and a Hz yield
of 42 %. Hence, when comparing the three bio-oil feeds, the catalyst stability at
600 °C was in the following order: raw bio-oil > pre-reformed bio-oil >> treated
bio-oil, whereas at 700 °C the order was: treated bio-oil >> raw bio-oil > pre-

reformed bio-oil.

1.4.3. Intensification in hydrogen production by in situ CO, sorption

The SR process allows obtaining higher H2 yields from bio-oil than other
reforming alternatives, such as dry reforming (DR) or combined steam/dry
reforming (CSDR) (explained in more detail in section 1.4.4) and oxidative steam
reforming (OSR), but it produces a high CO2 yield. In this framework, the
sorption enhanced steam reforming (SESR) (Chapter 4) is an attractive
and more efficient technology that improves the traditional SR [175-177|. The
use of a COz sorbent in the catalytic bed in the SESR process allows for attaining
a higher Hs production, since COz capture (Eq. (1.24)) shifts the equilibrium of
WGS (Eq. (1.15)) and methane SR (Eq. (1.17)) reactions. Moreover, SESR also
contributes to making CO2 sequestration easier, as it is released almost pure when
the sorbent is regenerated, which has a remarkable techno-economic interest to
contribute to energy decarbonisation and reduction of emission taxes [178].
Besides, the exothermic carbonation reaction (AHagzs = -178 kJ/mol, Eq. (1.24))
partially provides the energy required by the endothermic reforming reactions,

contributing to mitigate its high-energy demand.

CaO + COy « CaCOg (1.24)

Therefore, the selection of a suitable COs2 sorbent is essential for the efficient
implementation of the SESR process. For that purpose, a good sorbent should
have the following properties: thermal stability at operating conditions, high CO»
capture capacity, long-term cyclic stability and durability, attrition resistance
and mechanical strength, good CO2 sorption kinetics, availability, reasonable

production cost and easiness of regeneration [179, 180]. CaO-based sorbents
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derived from natural precursors, such as limestone and dolomite, are commonly
used in the SESR process. Their main advantages are a high sorption capacity,
fast sorption kinetics according to a random pore model [181], low cost and wide
availability in nature, although they show lower reactivity after multiple
carbonation/calcination cycles and weak mechanical resistance [175, 182, 183]. To
overcome these drawbacks, synthetic CaO-based materials have received intense
consideration [16]. It has been widely reported that dispersing CaO particles into
inert supports such as AloOs improves the CO2 capture capacity as well as the
stability of the sorbent due to the formation of mayenite (Ca12Al14033) [180, 184—
186]. According to Li et al. [186], the CaO/mayenite sorbent has high stability

under multiple carbonation/calcination cycles.

Regarding the SESR strategy, it can be distinguished [177]: (i) the integration of
the COz sorbent material into the particle of a hybrid catalyst; and ii) the physical
mixing of sorbent and catalyst particle. Antzaras and Lemonidou [187] analysed
the main advances in the development of materials and processes for the
production of blue Ha from natural gas, considering chemical looping reforming
(CLR) and SESR processes. They also considered several hybrid processes that
combine the advantages of the mentioned [154] and incorporate multifunctional
materials (sorbent/catalyst) [188] and other technologies, such as the membrane
reactor, to increase conversion and reduce energy requirements. Sorption
enhanced chemical looping steam reforming (SE-CLSR) has also been studied for

pure oxygenates such as ethanol [189, 190| and glycerol [191].

The SESR of bio-oil has been approached in the literature mainly with pure or
mixtures of oxygenated compounds (such as acetic acid, acetone, ethanol, phenol,
glycerol), which are representative of the main families of components present in
raw bio-oil [192-200]. In general, Ni-based catalysts have been used and different
materials containing CaO or bifunctional composites (generally based on Ni over
CaO and with different modifications) have been used as CO2 sorbents [201, 202].
The objectives of these works have focused on the optimisation of the catalyst
composition and the reaction conditions, although the results are different and

the appropriate conditions to obtain a Ha purity above 95 % depend on the nature
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of oxygenates. Therefore, the nature of oxygenates has a great influence on the
stability of the catalysts, which has also been established in the SR of oxygenates
in bio-oil [174]. Unfortunately, SESR studies with real raw bio-oil or with bio-oil
aqueous fraction are also limited [192, 203-207].

Considering the interest of activity recovery by catalyst regeneration for the
viability of the SESR process, Acha et al. [200] have verified the importance of
the Ni catalyst support and the composition of the dolomite used as sorbent for
the activity recovery of both materials used in the SESR of acetic acid and a
mixture of oxygenates. The results highlight the importance of a support that
minimises sintering and coke deposition, while dolomites lose their capture
capacity upon reactivation. Li et al. [192] investigated the SESR of acetic acid
and poplar sawdust bio-oil in a packed-bed reactor, with good results for
Ni/Cei.2Zr1Cas hybrid catalyst (Ce/Ca ratio of 0.24), with an initial Ha purity up
to 95 % for the SESR of acetic acid (550 °C, S/C ratio of 4, and LHSV of 0.48
mL/g-h) (even after 15 consecutive cycles). Under the same operating conditions,
more than 90 % Ha could also be obtained by SESR of bio-oil. Nevertheless,
carbon deposits and Ni particles sintering were found on the surface, which could

be the cause of deactivation of this catalyst.

Xie et al. [203] analysed the SESR of raw bio-oil in a packed-bed reactor with Ni-
Ce/Co catalyst supported on AloO3 and with CaO powder as a sorbent (at 650-
850 °C, S/C ratio of 9-15, molar ratio of CaO and carbon in the bio-oil in the
feed (CaO/C) of 3, LHSV of 0.15 h'! over 30 min). Among the results, the increase
of the Hy yield in the SESR process with respect to the SR process (> 85 % and
75-80 %, respectively, between 750 °C and 800 °C) and the verification of an
optimal value of 12 for the S/C ratio in the SESR process stand out.

Yan et al. [207] investigated the influence of temperature (500-700 °C) and
water/bio-oil ratio (1-4/1, by weight) in the SESR of bio-oil aqueous fraction in
a bench-scale packed-bed reactor using a commercial Ni-based catalyst (Z417)
and calcined dolomite as a sorbent. The authors set 600 °C as the optimum

temperature, since the sorption capacity of the sorbent decreases above this

41



Chapter 1. Introduction and objectives

temperature, and a water /bio-oil ratio of 1/1. Under these operating conditions,

the hydrogen yield was maximised and reached 75 %.

In the SESR of bio-oil aqueous fraction, with a Ni/LaO3-AloO3 catalyst and
calcined dolomite as sorbent, Remiro et al. [204] reported a significant role of the
catalyst/dolomite mass ratio, due to the active role of dolomite for both cracking
and reforming reactions. A suitable balance between the reforming and WGS
reactions on the one hand, and the cracking and coke formation reactions on the
other hand, was stricken at 600 °C for catalyst/dolomite mass ratios > 0.17. At
this temperature and space time of 0.45 geatalyst-h/@bio-oil, the bio-oil was fully
converted and the Hy yield was around 99 % throughout the CO2 capture step.
Dou et al. [189] also observed a limit on the sorbent/catalyst ratio to avoid a
decrease in Hz in SE-CLSR of ethanol with NiO/Al2O3 oxygen carrier catalyst,
due to the role of CaO based sorbent (with > 96 % CaO) in secondary reactions
to SR, such as dehydration and cracking of ethanol. These authors obtained the

highest Hs selectivity and ethanol conversion at a Ca/Ni ratio of 3.0.

1.4.4. Combined steam/dry reforming for valorization of CO,

To ensure a sustainable future, a rapid reductions in GHG emissions (mainly
CO2) are required. Consequently, CO2 valorization routes are receiving a great
deal of attention in the literature, as part of the CCUS strategy framework [208—
210]. Figure 1.7 summarises the different routes for CO2 valorization: oxidative
coupling (OC), oxidative dehydrogenation (OD), dry reforming (DR) or combined
steam/dry reforming (CSDR) and chemical production [211]. We will focus on
the combined steam/dry reforming process, which is object of this Thesis
(Chapter 5).

As aforementioned, the main gaseous by-product of the steam reforming reactions
is COq, which motivates the interest in the combined steam/dry reforming
(CSDR) process, with the objective of reducing CO2 emissions by forming CO
(through reverse-WGS reaction, reverse of Eq. (1.15)) and thus producing syngas.
This process is in line with the philosophy of CO2 valorization for the production

of fuels and chemicals of commercial interest [212, 213]. It has as a close reference
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the development of DR of CHy for the production of syngas [214, 215], whose use
for the production of fuels and chemicals (methanol, DME, gasoline, olefins, or

aromatics, among others) is well established [216-218].

OC methane { Ethane, Ethylene
)
OD paraffins Light olefins
OD ethylbenzene St
yrene
DR/CSDR |
methane or oxygenates
Methanol
SR /{ Carbonates |
Fthylene \{ Acrylic acid |
Benzene i Benzoic acid |
Methane { Acetic acid |

Figure 1.7. Routes for CO2 conversion (adapted from [211]).

The main reactions for the CSDR process of bio-oil, apart from Egs. (1.13)-(1.22),
are DR of oxygenates and CHy, Egs. (1.25) and (1.26), respectively:

CoH,0p + xC0, — (tx)CO + @x) H,y + (x+K)H,0 (1.25)

DR and CSDR technologies have been extensively studied experimentally for
methane/biogas, in a process usually called bi-reforming of methane (BRM) (219,
220, 229, 221-228|, but studies with other Ha sources are limited to ethanol [230,
231], glycerol [232, 233], toluene [234] and light hydrocarbons [235, 236]. The DR
and CSDR of bio-oil has also been addressed in the literature, but mainly with
mixtures of oxygenated compounds (such as phenol, ethanol, acetic acid, acetone,
acetaldehyde, glycol, formic acid, methanol, formaldehyde) [237-242]. The results
reveal that the main disadvantage of DR of oxygenates (Eq. (1.25)) is obtaining
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a syngas with a reduced H2/CO ratio (too low for its conversion to fuels and
chemicals in the corresponding catalytic processes). Nevertheless, the CSDR
process combines the advantages of the SR and DR processes, and limits the
disadvantages of the DR process due to the presence of H2O in the inlet stream
(something inherent in real bio-oil). As a result, the CSDR of oxygenates enables
producing a syngas with a H2/CO ratio suitable for some applications (2 for
methanol and Fischer-Tropsch synthesis; 1 for DME, acetic acid or ethanol
synthesis and oxo-synthesis [243-247]). Nevertheless, when syngas is directly used
as a fuel for power generation (in gas turbines, internal combustion engines or
fuel cells) a Ha rich gas (H2/CO ratio > 50) is required [248|. The feed composition
(amount of CO2 and H20 referred to C in the bio-oil, CO2/C and S/C molar
ratios, respectively) and reaction temperature will determine the H2/CO ratio in

the product stream resulting from the CSDR of a real bio-oil.

Thermodynamic studies could bring important guidance toward the use of
different process strategies, demonstrate their theoretical feasibility and provide
a preview for further research. Thermodynamic analysis for the CSDR has focused
on methanol [249], propane [250], methane [251, 252], methane-ethane-glycerol
mixture [253]. Nonetheless, Xie et al. [241] investigated the thermodynamics of
CSDR of bio-oil (empirical formula of C1sH4201.4) with the perspective of using
the waste heat from blast furnace slag to satisfy the energy requirement. The
study was based on a simulated bio-oil composed of a mixture of 8 typical model
oxygenates, limited to Ci-C3 compounds, including carboxylic acids, ketones,
aldehydes and alcohols, which corresponds to the typical aqueous fraction of the
bio-oil. The authors concluded that the Ho and CO yields are higher than in the
SR and DR processes, with a lower coke yield at a lower reforming temperature.
A feed with a HoO/CO2/C in bio-oil ratio of 3/0.5/1 allowed achieving a Ha/CO
ratio of 3 (adequate for methanation) at 804 °C, with a Ha yield of over 90 %.

Hu and Lu [254] introduced the idea of coupling the most common bio-oil
reforming technologies (SR, POX and OSR) with COz reforming (DR) to produce
a useful syngas for chemical synthesis and, additionally, as an environmentally

friendly and efficient method for CO2 valorization. Recently, other authors have
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addressed the DR or CSDR of bio-oil, either with thermodynamic works [241] or
experimental studies with model compounds of bio-oil or their mixtures
(simulated bio-oil) [237, 239, 242] and, more rarely, with real bio-oil [238, 240].

Xu et al. [237] studied the combined reforming (steam and dry) of bio-oil model
compounds (consisting of phenol, ethanol, acetic acid and acetone, each at 25
wt% and a composition of CHi190043) with Ni/Al2Os catalyst under different
operating conditions (S/C ratio, CO2/C ratio and temperature). The results
showed that at the condition of 700 °C and bio-0il:CO2:H20 of 1:0.5:1.5 the H»
yield, syngas yield and Ha/CO ratio were 60.23 %, 81.97 % and 2.77, respectively.
Fu et al. [239] examined the DR of bio-oil model compounds (mixture of acetic
acid, phenol, ethanol and acetone with a mass ratio of 1:1:1:1) over Ni/Al2O3
catalyst and studied the effect of reaction conditions such as temperature, WHSV
and CO2/C molar ratio. Their results showed a Ha yield of 88.2 % and bio-oil
model compounds conversion of 97 % under optimum reaction conditions of 700
°C, CO2/C ratio of 0.75 and WHSV of 0.9 h'l. Moreover, the authors concluded
that high temperature (> 600 °C) and high CO2/C ratio (> 0.75) are good for
carbon elimination. Besides, the forms of carbon deposits on Ni/Al2O3 catalyst
were mainly filamentous carbon and graphitic carbon. Regarding real bio-oil
studies, Xu et al. [238] researched the catalyst deactivation and regeneration
during CO2 reforming of bio-oil (CH1.5700.41, 58.83 wt% C, 7.68 wt% H, 32.50
wt% O, 0.99 wt% N). The activity and stability of Ni/Al2O3 catalyst (20 wt% of
Ni prepared by impregnation method) for CO2 reforming of bio-oil was tested in
a packed-bed reactor at 700 °C with CO2/C ratio of 0.75 and WHSV of 0.9 h-l.
Although the catalyst displayed a good stability within 1 h, with 74 % of H» yield,
the catalyst stability was reduced progressively and after 4 h, the H» yield
dropped remarkably, reaching a stable value around 39 % subsequent to 7 h.
Catalyst deactivation was a combination of carbon deposition (amorphous and
filamentous carbon) and sintering. Yao et al. [240] investigated bio-oil (CH2.0700.65
with 13.24 wt% of water content) dry reforming under different operating
conditions using the waste heat of granulated blast furnace slag in a packed-bed
setup. According to the authors, the optimum operating conditions were 800 °C,
CO2/C ratio of 0.85 and LHSV of 0.45 h!, reaching 90.15 % of bio-oil conversion,
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and 34.43 % and 40.17 % of Ha and CO gas composition, respectively (Hz/CO
ratio of 0.85).

1.5. DEACTIVATION AND REGENERATION OF REFORMING
CATALYSTS

Catalyst deactivation is an undesirable and unavoidable phenomenon in bio-oil
reforming. Continuous efforts are being made to develop new reaction
technologies and new catalysts to minimise, delay and/or reverse deactivation so
that the catalyst can be regenerated and recover the initial activity of the fresh
catalyst. Deactivation is caused by a series of physicochemical phenomena, such
as coke deposition/formation, metal sintering, metal oxidation, aging or thermal
degradation of the support, poisoning and attrition. The causes and mechanisms
of catalyst deactivation depend on the catalyst composition (metal, support and
metal-support interaction) and the reaction medium: feed composition, operating

conditions, reactor type [255].

There are several reviews in the literature that report advances in the

understanding of catalyst deactivation and regeneration [77, 79, 255-257].

1.5.1. Coke formation and deposition

Coke deposition is the major cause of deactivation in the SR of bio-oil and its
formation is inevitable in any catalytic process with hydrocarbon and/or
oxygenated feeds. It consists of a physical deposition of an unwanted
carbonaceous species from the fluid phase onto the catalyst surface, which blocks
the active sites and/or pores, causing a loss of activity [257]. Coke deposition
occurs by several pathways: (i) carbon chemisorption (as a monolayer: metal
carbide) or physisorption (in multilayers), hindering the access of reactants; (ii)
total encapsulation of the active site (metal particle), which completely
deactivates the particle; (iii) plugging of micro- and/or mesopores, which blocks
the access of reactants to the active sites in the inner pores; (iv) advanced coke
growth (strong carbon filaments can form), which can lead to changes and/or

disintegration of the catalyst structure and reactor plugging.
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Overall, in processes affected by coke deposition, the properties and effects of
coke are described based on four main characteristics: (i) content; (ii) location;

(iii) morphology; and (iv) chemical nature.

The coke content depends mainly on the operating conditions (temperature, space
time, feed composition). In reforming reactions, too low temperatures (< 550 °C
in bio-oil steam reforming) favour coke deposition, as secondary reactions are
promoted instead of reforming and coke gasification [255|. However, several works
show that increasing the reaction temperature (in the 500-800 °C range) decreases
the total coke content [164, 168]. Similarly, as the space time increases, less coke
is deposited because secondary reactions are minimised. Besides, the increase of
steam (S/C ratio) and oxygen (O2/C ratio) (in the SR and OSR, respectively)
favours the gasification and combustion of coke precursors and coke itself |96,
168, 171, 258].

Several types of coke can be distinguished in terms of their location: (i) coke
deposited on or near the metal sites, which facilities its combustion/gasification;
(ii) coke deposited on the metal-support interface; and (iii) coke deposited over
the support, whose combustion is not catalysed. Based on coke morphology, three
different types of coke can be identified [255, 257|: (i) encapsulating coke; (ii)
filamentous coke; and (iii) pyrolytic coke. Encapsulating coke covers the surface
of the active site, hindering the access to the reactants. Its combustion
temperature is low (< 500 °C) and is considered responsible for significant catalyst
deactivation. This type of coke is formed from the oxygenates
decomposition/cracking or polymerization. Filamentous coke (usually carbon
nanotubes and/or carbon fibres, whose length and thickness depend on the
reaction medium and catalyst) burns at higher temperatures (> 500 °C) and is
located far away from the metal sites. It is mostly formed in the reforming of
pure oxygenates and has little impact on deactivation [259-262]. Pyrolytic coke
is formed at high reaction temperatures (> 600 °C) and mostly in the reforming
of bio-oil or under severe reforming conditions, with high impact on deactivation
[164, 255, 263-266]. This coke is deposited indifferently over the catalyst surface,

forming a coke layer and causing a total encapsulation. The origin of long and
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heterogeneous carbon filaments can be attributed to CHjs/hydrocarbons
decomposition and Boudouard (CO disproportion) reactions, whereas pyrolytic

coke is formed by thermal cracking of hydrocarbons or oxygenates.

Regarding the chemical nature of coke, the fraction deposited near the active site
is more hydrogenated (higher proportion of aliphatics compared to aromatics,
higher H/C ratio) and/or more oxygenated (higher O/C ratio), easily combusted
and/or gasified. Conversely, the coke fraction deposited further from the metal
sites evolves into a more condensed and graphitic-like structure (higher
proportion of aromatics), with lower H/C and O/C ratios and therefore, a higher

combustion temperature is required [79, 164].

Interestingly, there is no direct relationship between the amount of coke and the
deactivation rate [142, 145, 255, 260, 267, 268]. Other characteristics of the coke
(such as, morphology, structure and location) have higher incidence on

deactivation rather than its content.

1.5.2. Metal sintering

Metal sintering is a thermally activated phenomenon that results in a loss of
active surface area due to the particle size growth and agglomeration. The
sintering mechanism involves: (i) particle migration over the support followed by
coalescence with other metals, (ii) atomic migration (known as Ostwald ripening)
where the metal atom migrates over the support or in the vapour phase and is
captured by larger crystallites, and (iii) vapour transport, which occurs at very
high temperatures [256, 257, 269].

Several factors influence metal sintering (atmosphere, metal type, metal
dispersion, promoters, support surface area, texture and porosity), but
temperature is the most common [256]. The sintering rate increases exponentially
with temperature. Metal sintering occurs above their Tamman temperature,
which is half of the melting temperature, because above this temperature metal
atoms become mobile. The Tamman temperature for Ni is 590 °C and therefore

sintering is unavoidable under typical reforming conditions (> 600 °C) [95, 257].
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Sehested et al. [269-274] extensively investigated the sintering of Ni-based
catalysts. In a steam/hydrogen atmosphere, the sintering of Ni/MgAloO4 and
Ni/AlbO3 catalysts was studied at high (40 bar) and low (1 bar) pressures. The
authors concluded that above 600 °C at 40 bar and around 700 °C at 1 bar, the
sintering rate increased significantly and was dominated by Ostwald ripening
sintering mechanism [274]. Moreover, at high pressures of steam and hydrogen
(31 bar and steam /hydrogen=10/1), potassium promotion increased the sintering
rate. Similarly, sulphur poising also increased the sintering rate at high pressures,
but the effect is less than that of potassium [271]. Remiro et al. [258] compared
the performance of Ni-based (Ni/La203-0Al2O3) and Rh-based (Rh/CeO2-ZrO2)
catalysts in the OSR of raw bio-oil at 700 °C, with metal sintering being the main
responsible for the rapid deactivation of the Ni supported catalyst compared to
Rh catalyst. Likewise, sintering is also accelerated by a high steam content in the
SR process [257, 275].

1.5.3. Others causes of deactivation

In addition to coke deposition and metal sintering, which are the main causes of
catalyst deactivation in the reforming processes, other phenomena can lead to
catalyst deactivation, such as metal oxidation, aging or thermal degradation of

the support, poisoning and attrition.

The ozidation of metal particles in the catalyst surface is detrimental to catalytic

activity and stability, as the metal phase is normally the active one. Among the
most commonly used reforming catalysts, noble metals (Rh, Pt, Pd, Ru) and Ni,
the latter is the most susceptible to deactivation under typical reforming
conditions. However, metal oxidation is often ruled out as a deactivation cause

due to the highly reducing atmosphere along the SR reactions [79].

Thermal degradation or aging of the catalyst can lead to a loss of support area

through support sintering and/or collapse of the porous structure, blocking the
access to the reactants [257]. Remiro et al. [173] observed structural changes

(support aging) over a Rh/CeO2-ZrOs catalyst in the SR of raw bio-oil.
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Poisoning consists of strong chemisorption of reactants, products or impurities
onto metal sites, blocking sites for catalytic reactions. Sulphur poisoning, when
present in the feed, is a difficult problem in many catalytic processes, such as
steam reforming. Under reforming conditions, sulphur is converted to H2S and
the sulphur atom in H2S then binds strongly to the metal [79, 256, 257].

Attrition refers to the mechanical degradation of catalyst particles due to physical
forces such as collision, abrasion or mechanical stress. When catalyst particles
undergo attrition, they can break into smaller fragments, leading to a decrease in
particle size and surface area. As a result, the available catalytic sites are reduced,
leading to a decline in catalytic activity. This is a difficult problem in the
operation of reactors with continuous particle mobility, such as fluidized-bed,

moving-bed or slurry-bed reactors [257].

1.5.4. Catalyst regeneration

In the literature, great emphasis is usually placed on the need to minimise the
deactivation of the reforming catalysts. However, little attention is generally paid
to regeneration, despite its importance for the industrial viability of the process
[276, 277].

As mentioned above, carbon deposition is the main deactivation mechanism in
bio-oil reforming. Therefore, catalyst regeneration requires the removal of coke,
which can be achieved either by combustion with air [149] or by gasification with
steam [278| or with CO2 (reverse-Boudouard reaction) [279]. Each regeneration
method has its advantages and disadvantages [238, 276]: combustion with air
generally requires a lower temperature than gasification with steam, but can lead
to sintering of the catalyst due to hot spot formation, as it is strongly exothermic,
and generates significant CO2 emissions. On the other hand, steam gasification
has a remarkable energy consumption, but is attractive due to its reduced CO2
emissions and sintering. Alenazey et al. [280] have used a mixture of air and CO2
to remove coke from Ni-Co catalysts used in the propane reforming in order to
achieve the autothermal regime by coupling the exothermic oxidation reaction in

air with the endothermic reverse-Boudouard reaction. Wu and Liu [146] studied
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the regeneration of Ni/MgO-AlyO3 catalyst by combustion (with air at 600 °C)
or gasification (with steam at 850 °C) and reported that the regenerated catalysts
had similar performance to the fresh catalyst in the SR of m-cresol. Recently, Xu
et al. [238] have compared coke removal with air, steam and COz for regeneration
of a deactivated Ni/AlxO3 catalyst in CO2 reforming of bio-oil. In addition to a
slight irreversible deactivation in all three cases (attributed to sintering in the
reaction stage), they observed a recovery of activity in the order of steam > air
> COz2, emphasizing in the case of CO2 (in addition to the reduction of CO2

emission) the interest in CO production.

Some researchers have prepared spinel-structured catalysts to overcome the
sintering problem in the regeneration process [149, 281-283|. Remiro et al. [149]
compared the performance of Ni/La2O3-a-Al2O3 (prepared by impregnation) and
NiAlOy4 spinel (prepared by co-precipitation) catalysts in a reaction-regeneration
cycle during the OSR of bio-o0il at 700 °C. The causes of deactivation were coke
deposition and slight sintering of Ni (more pronounced on the supported catalyst,
Ni/LazO3-a-Al203). Therefore, for the complete recovery it was necessary to
remove the formed coke, but also to restore the original NiAloO4 spinel structure.
The NiAlbOy4 spinel derived catalyst recovered its initial activity after the ex situ
combustion at 850 °C, since the initial spinel is completely reconstructed under
these regeneration conditions and its subsequent reduction allows achieving a
good redispersion of the Ni particles on the AloOs support, recovering the activity
of the fresh Ni/AloO3 and without negligible loss of Ni particles on the catalyst
surface [282]. Wang et al. [283] also studied the regenerability of two Co-based
catalysts (15 wt%) supported on Al2O3 and sepiolite (spinel phase in both cases)
during the SR of a simulated bio-oil (mixture of ethanol, acetic acid, acetone and
phenol) at 700 °C with a S/C molar ratio of 2 for 20 h. The regeneration step
consisted of coke combustion with air at 900 °C for 4 h. Only the Co/Sepiolite
catalyst recovered its initial activity and was partially regenerated by coke

combustion after five consecutive reaction-regeneration cycles.
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Chapter 1. Introduction and objectives

1.6. AIM AND OBJECTIVES

As mentioned above, the overall objective of this Thesis project is to reduce the
carbon footprint in bio-oil reforming. For this purpose, two alternative strategies
have been considered: i) sorption enhanced steam reforming (SESR) of bio-oil,
minimising CO2 emissions by in situ CO2 capture, which enhances hydrogen
production, and ii) CO2 valorization by combined steam/dry reforming process
(CSDR), for the production of syngas. As a preliminary step to better understand
the results obtained in these previous chapters on catalyst deactivation, we have
deepened our knowledge by studying the role of individual oxygenated compounds
with different functionalities (present in bio-oil) in coke deposition and

deactivation behaviour, through thermodynamic and experimental studies.

The following specific objectives were set in order to achieve this main goal. These
individual objectives are addressed in an orderly manner in each of the chapters
of the Thesis.

Role of individual oxygenates in the steam reforming of bio-oil

1. Improve the information on the effect of the different functionalities in bio-oil
(acids, ketones, aldehydes, phenols and saccharides) in their reforming by
thermodynamic analysis, providing the necessary information to understand
the reforming of raw bio-oil. To this end, a wide range of operating conditions
(temperature, S/C molar ratio, N2 co-feeding) will be addressed. Likewise, the
effect of oxygenates composition on the energy requirement of the unit will

also be assessed.

2. Delve into the clarification of deactivation by coke of a catalyst derived from
NiAl2O4 spinel in the SR process by studying the behaviour of individual
oxygenated compounds with different functional groups present in bio-oil. In
this way, the aim is to determine which of the bio-o0il components are mainly
responsible for its deactivation, as well as to identify the main causes of

deactivation, primarily the coke characteristics.
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Sorption enhanced steam reforming (SESR) of raw bio-oil

3.

Selection of the most suitable sorbent/catalyst pair and optimum amount of
sorbent and catalyst to maximise Hs yield and catalyst stability, by comparing
two Ni-based catalysts (derived from NiAloO4 and supported on CeO2), two
sorbents (natural dolomite and CaO/mayenite) and two sorbent /catalyst mass

ratios.

. Compare the behaviour of packed-bed and fluidized-bed reactors with a

Ni/AlO3 catalyst derived from NiAlxOy spinel and dolomite as sorbent.

. Determine the optimum operating conditions (temperature, space time,

sorbent /catalyst mass ratio, time on stream) for the selected sorbent /catalyst
pair in order to maximise Hs yield and purity and to attain stable operation

in reaction-regeneration cycles.

Combined steam /dry reforming (CSDR) of raw bio-oil

6.

Determine the right conditions to maximise syngas production or COq
conversion in combined reforming through thermodynamic analysis of a
simulated bio-oil. The effect of reaction temperature and feed compositions
(S/C and CO2/C molar ratios) on the equilibrium composition will be studied
and from these results the operating conditions that maximise the yield of
syngas as well as those required to produce a syngas with a target Ha/CO ratio
will be delimited. The energy requirements of the unit will also be evaluated

for all the scenarios presented.

Selection of suitable conditions (temperature, CO2/C molar ratio and S/C

molar ratio) for maximising syngas production and catalyst stability in the
CSDR of bio-oil over a Ni/AlxO3 catalyst derived from NiAloOy4 spinel.
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Chapter 2

EXPERIMENTAL

This Chapter provides detailed information on the materials (feedstocks: pure
oxygenated compounds and raw bio-oil; catalysts and sorbents), equipment and
analyses used in the reforming processes. Here, the characterization of the raw
bio-oil, a description of the synthesis methods used for the preparation of the
catalysts and sorbents, the techniques used for their characterization (fresh and
used samples), the reaction equipment and the reaction procedure (fluid dynamics
and operating conditions), the analytical equipment used for the analysis of the
outlet streams (reaction products) and the reaction indices used to quantify the

kinetic behaviour of the catalysts are detailed.






2.1. Feedstocks

2.1. FEEDSTOCKS

2.1.1. Pure oxygenated compounds

In section 3.1 of this Thesis, the reforming of different oxygenates in bio-oil (acids,
ketones, aldehydes, phenols and saccharides) was compared by thermodynamic
analysis using Proll software. Table 2.1 shows the 12 model oxygenates
considered to represent the families of bio-oil components. The selection of
components with different carbon numbers and with different functional groups
allows to analyse the effect of these characteristics of the bio-o0il composition on
the equilibrium composition and the energy requirement of the reformer. It should
be noted that the choice of the saccharide model (mannose) was conditioned by

the limitations of the database of components of this family in the software used.

Table 2.1. Oxygenated compounds used as feed in the thermodynamic study of SR

process.
Compound family Compound Formula
Carboxylic acids Acetic acid CaH402
Levulinic acid C5HgO3
Aldehydes Acetaldehyde C2H40
4-hydroxy-3-methoxybenzaldehyde (vanillin)  CgHsO3
Hydroxyacetaldehyde C2H402
Ketones Acetone C3HsO
Hydroxyacetone (Acetol) C3HO2
Cyclohexanone CeH100
Phenols Phenol CsHeO
1,2-benzenediol (Catechol) CeHeO2
2-methoxyphenol (Guaiacol) CrHgO2
Saccharides Mannose CsH1206

Besides, Table 2.2 shows the stoichiometry of the SR of each one of the
oxygenates, the corresponding stoichiometric steam/carbon molar ratio, (S/C)st,
and the number of moles of Ha that can be obtained stoichiometrically for each
C mol fed (H20).
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Table 2.2. Global reactions of SR of oxygenates, stoichiometric S/C molar ratio and
stoichiometric Ha/C molar ratio.

Compound Stoichiometry (S/C)st HO
Acetic acid CyH,05+2H,0—2C0,+4H, 1 2
Levulinic acid C5HgO3+7HyO—5C05+13H, 1.4 2.6
Acetaldehyde CyH,0+3H,0—2C05+5H, 1.5 2.5
Vanillin CgHgO3+13H,0—8CO,+17H, 1.62 2.12
Hydroxyacetaldehyde  CyH,05+2H,0—2CO,+4H, 1 2
Acetone C3HzO+5H,0—3C0O,+8H, 1.67 2.66
Acetol C3HgO5+4H,0—3CO4y+7H, 1.33 2.33
Cyclohexanone Ce¢H1iO+11H;0—6CO5+13H, 1.83 2.16
Phenol CeHgO+11H,0—6CO,+14H, 1.83 2.33
Catechol CeHgOy+10H,0—6CO,+13H, 1.67 2.16
Guaiacol C;HgO5+12H5,0—7CO5+16H, 1.71 2.26
Mannose CeH1204+6H,0—6CO,+12H, 1 2

Additionally, an experimental study of the SR was carried out (section 3.2) with
a wide range of model oxygenates with different functionalities, representative of
the major families of oxygenates in bio-oil, including: acetic acid (Romil LTD,
purity > 99.9 %), acetaldehyde (Merck KGaA, purity > 99 %), acetone
(AppliChem GmbH, purity > 99.9 %), acetol (hydroxyacetone, Alfa Aesar GmbH,
purity of 95 %), ethanol (Merck KGaA, purity > 99.9 %), 1,2-benzenediol or
catechol (Sigma-Aldrich, purity > 99 %), levoglucosan (1,6-anhydro-p-D-
glucopyranose, Acros Organics, purity > 99 %), and 2-methoxyphenol or guaiacol
(Alfa Aesar GmbH & Co, purity > 98 %) dissolved in 50 wt% of ethanol due to
its low solubility in water. Acetone, acetaldehyde, catechol and guaiacol are
representative of relevant families of compounds in bio-oils such as ketones,
aldehydes and phenols (among these, mainly guaiacols and catechols) [82, 86].
Acetic acid, levoglucosan and acetol are present in remarkable concentrations in

the bio-oil obtained from the pyrolysis of pine sawdust [167, 266]. The study of
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the catalyst behaviour in the SR of ethanol is interesting because it can be co-fed
with bio-oil for its stabilisation and because the SR of bio-oil/bio-ethanol mixture
is an interesting route for sustainable H2 production from two biomass derived
feeds [284].

2.1.2. Bio-oil

The raw bio-oil reformed in Chapter 4 and Chapter 5 (section 5.2) was supplied
by BTG Bioliquids BV (The Netherlands) and synthetized from fast pyrolysis of
pine sawdust in a plant provide with a conical rotatory reactor (RCR) with a
capacity to operate continuously with 5 t/h of biomass, with a bio-oil yield of 70
% (the remaining products are char and gases). The rotating conical reactor,
invented at the University of Twelve and developed by BTG [87], allows rapid
heating and a short residence time of the solids. No carrier gas is needed, which
reduces the cost and the dimensions of the reactor, producing pyrolysis products

at high concentrations [285].

The raw bio-oil was characterized by different analytical techniques to determine

its complex composition and properties.

Physicochemical features. The water content was determined by Karl Fischer
volumetric valorization in a Metrohm KF Titrino Plus 870 apparatus, which
operates at room temperature and pressure according to ASTM E-203. The
instrument requires calibration with deionised water. The viscosity measurement
was carried out in a Brookfield DV2T Ametek with a rotational speed of 5 rpm
at two different temperatures, 20 and 40 °C.

Elemental analysis. The elemental analysis (C, H, O, N, S) was performed in
an EA Flash 2000 (Thermo Fisher Scientific) with a TCD detector and Mettler
Toledo XP6 Microbalance. Organic and inorganic substances are converted by
combustion into elemental gases which, after further reduction, are separated on
a chromatographic column and transferred to a thermal conductivity detector.
The furnace temperature is 900 °C and the carrier gas (He) flow rate is 140

ml/min. It is also used as a reference gas (100 ml/min) and the Oz flow rate is
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250 ml/min. The standards used were sulphanilamide, cysteine and methionine
in a tin capsule and 1000-2000 mg of sample were measured. The C, H and N
contents were measured directly and the O content was calculated by difference.
The empirical formula and the higher heating value (HHV) were obtained from
the elemental analysis, the latter being calculated from the approach in Eq. (2.1)
[286], which is suitable for calculation in biofuels [287] and bio-oil [288].

HHV (MJ/kg) = 0.3491C + 1.1783H + 0.1005S — 0.10340 —0.0151N
— 0.0211Ash

Composition. The composition of bio-oil was determined by gas
chromatography-mass spectrometer (GC/MS) analysis on a Shimadzu GC/MS-
QP2010S provided with a BPX-5 column, with a length of 50 m, diameter of 0.22
mm and thickness of 0.25 pm, and a mass selective detector. The analytical
equipment is capable of operating up to 370 °C and of detecting trace amounts
of polar and non-polar compounds. The heating program for the separation of the
volatile compounds is as follows: i) 2 min at 50 °C; ii) linear heating rate of 10
°C/min up to 300 °C; and iii) 3 min at 300 °C. The oxygenated compounds of
bio-oil are grouped in the following families: acids, ketones (linear and cyclic),
esters, furans and furanones, alcohols, aldehydes, ethers, saccharides
(levoglucosan) and phenols (alkyl phenols, guaiacols, catechols, syringols and
others). The identification of compounds was carried out by comparison with
pattern spectra available in NIST 147 and NIST 27 data libraries. Due to the
complexity of the compounds analysed, it is not possible to carry out a direct
quantification of each compound by the usual calibration of their peak areas.
Thus, the relative proportion of each compound was determined using a semi-
quantitative method based on the percentage of the chromatographic area. This
analytical technique is limited in the detection of heavy oligomeric compounds

with a molecular weight above 320 g/mol [289].

The main properties of the raw bio-oil are summarised in Table 2.3
(physicochemical properties), Table 2.4 (elemental analysis, empirical formula
and HHV) and Table 2.5 (detailed composition of raw bio-oil and treated bio-oil
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(volatile oxygenates leaving Unit 1 of the reaction equipment, explained in more

detail in section 2.3.1)).

The physicochemical properties are consistent with those of bio-oils obtained by
fast pyrolysis of lignocellulosic biomass [290, 291|, more specifically from pine
[292] and pine sawdust [81, 293], although with a lower water content than the

latter. Both density and viscosity are a function of water content [292, 294].

Table 2.3. Physicochemical properties of raw bio-oil.

Physicochemical properties

Water content, wt% 24
Density, g/ml 1.201
pH 2.5-3.5*
Viscosity at 20 °C, cP 950
Viscosity at 40 °C, cP 250

* provided by BTG Bioliquids BV.

According to the elemental composition in Table 2.4, the raw bio-oil used in this
Thesis is in the range of compositions analysed by Czernik and Bridgwater [290]
for bio-oil from lignocellulosic biomass (54-58 % C, 5.5-7.0 % H, 35-40 % O) and
by Oasmaa et al. [292] in the case of biomass from pine (53.3 % C, 6.5 % H, 40.2
% 0O). For the HHV, the value is in line with those of the literature [83, 295, 296].

Table 2.4. Elemental analysis, empirical formula and HHV of raw bio-oil.

Elemental analysis, wt% (dry basis)

Carbon 55.4
Hydrogen 6.2
Oxygen 38.4
Nitrogen -
Sulphur -
Empirical formula Ca6Hp.202.4
HHV, MJ /kg 929.7
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As shown in Table 2.5, the composition of the raw bio-oil is similar to the bio-oil
analysed by Bertero et al. [293] from pine sawdust, with the main compounds
being acetic acid (16.6 wt%), levoglucosan (11.1 wt%), guaiacol (11.1 wt%) and
acetol (9.4 wt%).

Table 2.5. Composition (wt%) of raw bio-oil and treated bio-oil (oxygenates stream at
the outlet of the thermal treatment (Unit 1) at 500 °C used for bio-oil volatilization and
controlled deposition of pyrolytic lignin).

Compound Raw bio-o0il | Treated bio-oil
Acids 19.5 28.8
Acetic acid 16.6 20.8
Ketones 21.4 26.4
Linear 17.1 20.7
Acetone 5.2 1.0
Acetol 9.4 15.4
Cyclic 4.3 5.7
Esters 11.3 1.1
Furans/Furanones 5.0 4.4
Alcohols 3.2 2.0
Aldehydes 6.8 6.4
Ethers 0.8 1.2
Saccharides 13.7 19.0
Levoglucosan 11.1 13.8
Phenols 18.4 10.6
Alkyl phenol 1.4 0.7
Guaiacol 11.1 2.6
Catechol 0.9 3.5
Syringol 0.5 0.0
Others 4.5 3.8
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Moreover, in section 5.1 the thermodynamic analysis of the combined steam /dry
reforming of a simulated bio-oil was performed. The simulated bio-oil is composed
of 6 typical compounds representing the main families components in raw bio-oil,
and its composition (Table 2.6), with an empirical formula of C34Hs55018 (54.3
wt% C, 7.3 wt% H and 38.3 wt% O, on a water-free bases), is representative of
the raw bio-oil used in this Thesis (Table 2.4).

Table 2.6. Oxygenate compounds constituting the simulated bio-oil for the
thermodynamic study of the CSDR, process.

Compound family Compound wt%
Carboxylic acids Acetic acid (C2H402) 28.0
Aldehydes Furfural (CsH4O2) 9.8
Alcohols Ethanol (C2HgO1) 4.6
Ketones Acetone (C3HgO) 11.0

Hydroxyacetone (C3HgOz2) 19.9
Phenols 2-methoxyphenol (C7HsOz) 26.7

2.2. CATALYSTS AND SORBENTS

2.2.1. Synthesis of catalysts and sorbents

In this Thesis, two Ni-based catalysts were tested in the experimental runs:
Ni/Al;O3 derived from NiAloO4 spinel and Ni/CeO2 prepared by wet

impregnation.

The NiAlzOy4 spinel structure (with a nominal Ni content of 33 wt%) was prepared
by the co-precipitation method, using adequate amount of aqueous solutions of
hexahydrated nickel nitrate (Ni(NO3)2:6H20, Scharlau, purity of 98 %) and
aluminium nitrate nonahydrate (Al(NO3)3-9H20, Honeywell Fluka, purity of 98
%) and adding a 0.6 M solution of ammonium hydroxide (NH4OH, 5 M,
Honeywell Fluka) as the precipitating agent. The precipitation was carried out
at 25 °C until the pH was packed at 8. After aging for 30 min, the precipitate

was filtered and washed with distilled water to remove the remaining ammonium
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ions. The recovered precipitate was dried at 110 °C for 24 h, calcined at 850 °C
for 4 h with a heating ramp of 10 °C/min and finally, crushed and sieved to obtain
particle sizes in the range of 150-250 um. Prior to each reaction, the Ni spinel
derived catalyst was reduced in situ at 850 °C for 4 h, thus obtaining the active
Ni metallic particles deposited on the alumina support (Ni/AlOs catalyst)
(Figure 2.1).

+ NH,OH (0.6 M)

_stirring S Filtration Drying
(0.5 h) Washing 110 °C, 24 h
Calcination
850 °C, 4 h

Sieving (150-250 pm)

Ni(NO,),-6H,0
+
AI(NO,),-9H,0

Reduced in situ
(prior to each reaction)
(H, (7 vol.%) at 850 °C, 4 h)
Ni’/Al,04

Figure 2.1. Flowchart of the procedure for the synthesis of Ni/Al2O3 catalyst derived
from NiAl2Oy spinel.

The Ni/CeO2 catalyst was synthetized in the laboratories of Professor Wu at
Queen's University Belfast. The CeO2 was prepared by precipitating ammonia
cerium nitrate with urea in an aqueous solution (Figure 2.2). Typically, 60 g of
(NH4)2Ce(NO3)s (Sigma-Aldrich, purity > 99 %) and 200 g of urea (Sigma-
Aldrich, purity > 99 %) were dissolved into 2000 ml distilled water, and the
mixture was heated to 90 °C under stirring and kept at this temperature for 27
h. After filtration and washing with water, the precipitate was dried at 130 °C
overnight. The CeO2 was calcined at 650 °C for 5 h with a heating rate of 5
°C/min. The Ni/CeO2 catalyst with 10 wt% of Ni was prepared using a wet
impregnation method. In general, 5.0 g of CeO2 powder and 2.75 g Ni(NO3)2-6H20
(Sigma-Aldrich, purity > 99 %) were suspended in 30 ml distilled water and
stirred at room temperature for 2 h. Then, the slurry was vapored and dried at

130 °C overnight and ground to powder (particle size around 50 pm). The sample
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was reduced in 100 ml/min of 5 vol.% Hs in N2 in a tube furnace with a heating
rate of 5 °C/min and kept at 650 °C for 1 h. Subsequently, it was cooled down to

room temperature in Ha atmosphere.

Distilled water

7

(NH,),Ce(NOy), -h' stirring Filtration Drying Calcination
v iy T e
c

Urea
CeO 2
90°c8 ’

Ni(NO,),-6H,0 + CeO,powder

& L. - Reduction
stirring (room T) Drying
(2h)> 130 °C, 12 h (H, (5 vol%) at 650 °C, 1 h)
v Ni/CeO,

i Sievihg
< B (dp<50 pm)
Distilled water

Figure 2.2. Flowchart of the procedure for the synthesis of Ni/CeO2 catalyst.

In the SESR runs, two sorbents were studied: dolomite (CaMg(CO3)2) and
CaO /mayenite (CaO/Cai2Al14033) (denoted Ca-M hereafter).

The natural dolomite was provided by Calcinor S.A. (Cantabria, Spain). Prior to
each experiment the sorbent was sieved between 90-125 pm and dried at 110 °C
for 12 h. Then, it was calcined at 850 °C for 5 h with a heating rate of 10 °C/min,
to decompose into CaO and MgO [297]. Afterwards, it is sieved again to ensure
a particle size between 90-125 pm, since during the calcination step the particles
decrease in size due to decrepitation caused by the loss of CO2 from the

carbonates (Figure 2.3).

The procedure used for synthesizing Ca-M sorbent (Figure 2.4) was based on the
work of Li et al. [186] and consisted, first, of calcining pure CaO at 900 °C for 2
h with a heating rate of 5 °C/min, in order to remove possible impurities. Then,
calcium oxide powder (26.2 g) and aluminium nitrate nonahydrate (Al(NOs3)3
9H»0) (28.27 g) were added into a mixture of distilled water (760 ml) and 2-
propanol (130 ml), previously heated at 75 °C. The solution was stirred for 1 h
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at 75 °C and dried at 120 °C for 24 h before it was calcined at 500 °C for 3 h (5
°C/min) in air. This way, nitric acid, water and 2-propanol were evaporated from
the solution. Distilled water was then slowly added to the paste obtained and was
stirred until homogeneous. This solution was dried at 120 °C for 24 h and calcined
in air at 900 °C for 1.5 h. The mixed powder was ground to a particle size below

50 pm due to the poor mechanical strength of the synthesized Ca-M.

Natural dolomite

Calcined
dolomite

Drying Calcination
110 °C, 12 h 850 °C, 5 h

l Sieving (90-125 pm)

CaMg(CO;), + heat — CaO + MgO + 2CO,

. 0 005

m MgO: 39.5 %

Figure 2.3. Flowchart of the procedure for preparation of natural dolomite sorbent.

Distilled water + 2-propanol

Ca0 powder = ’. : _S_t_if}”_if{% Drying Calcination Washing
" 120°C, 241/ | 500 °C, 31/ | (distilled water)

AI(NO,) ;- 9H,0 e (1 D)
-
Calcination Drying
900 °C, 1.5 h 120 °C, 24 h

75oc 8

m Ca0: 69.6 % Sieving
Mayenite: 30.4 % (dp<50 pm)

Figure 2.4. Flowchart of the procedure for the synthesis of Ca-M sorbent.

2.2.2. Characterization of catalysts and sorbents

Hereby, the different techniques used for the characterization of fresh, used and

regenerated catalysts and sorbents are described, which allow to determine their
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physical, chemical and metallic properties. Furthermore, special emphasis was
put on the analysis of the features of coke deposited (content, morphology,

location).

2.2.2.1. N> adsorption-desorption

The specific surface area and porous properties (pore volume and average pore
diameter) of the catalysts and sorbents were determined by N2 adsorption-
desorption at N2 liquid temperature (-196 °C) in a Micromeritics ASAP 2010
apparatus. The experimental procedure consists of degasifying the sample (~ 100
mg) at 150 °C and under vacuum (10 mmHg) for 8 h in order to remove any
impurity and adsorbed water in the pores. Subsequently, N2 adsorption-
desorption is carried out in multiple equilibrium steps (different N2 relative
pressures) until sample saturation at cryogenic temperature (liquid N2). From the
N3 isotherms, information of the specific surface area was obtained with the
Brunauer-Emmett-Teller (BET) method, which uses the adsorbed monolayer
volume at relative pressures between 0.05-0.20 [298]. Besides, pore volume and
pore diameter were determined from the pore size distribution by the Barrett-
Joyner-Halenda (BJH) method proposed in 1951 [299], increasing the pressure

until the sample saturation at cryogenic temperature.

Figure 2.5 and Figure 2.6 show the N2 adsorption-desorption isotherms and BJH
pore volume distribution of the fresh-reduced catalyst and sorbent samples used
in this Thesis, respectively. Likewise, the textural properties of the solids (BET
surface area, pore volume and average pore diameter) are displayed in Table 2.7
for the catalysts and in Table 2.8 for the sorbents.

Table 2.7. Physical properties of fresh-reduced catalysts.

Catalyst SeET, M2/g | Vpore, cm3/g | dpore, M
Ni/Aleg 65.1 0.234 13.1
Ni/CeO2 23.1 0.073 9.3
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Figure 2.5. N3 adsorption-desorption isotherms (a) and BJH pore volume distribution
(b) of the fresh-reduced Ni/Al2O3 (solid line) and Ni/CeO2 (dashed line) catalysts.

All the solids have an isotherm of type IV according to IUPAC classification,
typical of mesoporous materials, whose hysteresis loop is associated with the
occurrence of capillary condensation in the pores. The isotherm of the Ni/Al2O3
catalyst presents a hysteresis of type H2, attributed to disordered materials in
which the pore size and shape distribution are not well-defined. Conversely, a H3-
type hysteresis cycle is observed for the Ni/CeO2 catalyst and for dolomite and
Ca-M sorbents, associated with aggregates of plate-like particles that gives rise

to slit-shaped pores with non-uniform size and/or shape [300, 301].
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Figure 2.6. N» adsorption-desorption isotherms (a) and BJH pore volume distribution
(b) of the fresh-calcined dolomite (solid line) and Ca-M (dashed line) sorbents.
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Table 2.8. Physical properties of fresh-calcined sorbents.

Sorbents SBET, M2/g | Vpore, cm3/g | dpore, NM
Dolomite 17.5 0.058 13.2
Ca-M 11.3 0.023 13.9

2.2.2.2. Temperature programmed reduction (TPR)

The optimum reduction temperature and the reducibility of the metal species of
the fresh catalysts were determined by TPR analysis in a Micromeritics
Autochem II 2920 system. The experimental procedure consist in an initial
treatment of the sample (100-200 mg) contained in a U-shape quartz reactor at
200 °C (with a heating ramp of 10 °C/min) for 1 h with a 40 ml/min He stream
to desorb impurities. The sample is then cooled to 30 °C and stabilised at room
temperature with a reducing flow rate (30 ml/min) of Ho-Ar, 10 % Haz in volume.
Finally, the sample is heated up to 950 °C with a heating ramp of 5 °C/min. The
hydrogen consumption is determined by thermal conductivity detector (TCD)
between the Hj stream passing through the reactor and another stream of similar
characteristics which does not pass through the sample. The temperature and
signal data from the TCD detector are recorded every second and the water
formed during the reduction is retained in a cold trap, located between the sample

and the detector to avoid interference in the TCD signal.

Figure 2.7 shows the TPR profiles corresponding to the two Ni-based catalysts
used in this Thesis, which were essential to establish the temperature needed for
their reduction prior to their use in the reforming runs. The TPR profile of the
NiAl2Os spinel catalyst shows a main reduction peak at around 800 °C,
corresponding to the reduction to Ni? of the Ni?>* ions incorporated in the spinel
structure and subsequent formation of Al>O3, which require high temperatures
for breaking the strong bonds [282, 302, 303].

The TPR profile of the Ni/CeO> catalyst shows a major peak in the 400-450 °C
range, assigned to the reduction of NiO species with strong interaction with the

CeO2 support. In addition, the possible reduction of the CeO2 support at a
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temperature close to 500 °C, whose peak could overlap with the NiO reduction
peak, should be considered [304].

NiALO,

NiO/CeO,
200 400 600 800 1000

TCD signal, a.u.

Temperature, °C

Figure 2.7. TPR profiles of the NiAloO4 spinel and NiO/CeOs catalysts.

Based on the TPR results, the reduction temperature of these catalysts was set
at 850 °C for 4 h for the NiAloO4 spinel catalyst and at 650 °C for 1 h for the
NiO/CeO3 catalyst.

2.2.2.3. X-ray diffraction (XRD)

The structural properties of the fresh-reduced and used catalyst (crystalline
phases, crystalline state of coke deposits and dynamics of sintering of Ni crystals)
were analysed by X-ray diffraction (XRD) analysis. The structural phases
detected by XRD were identified using the database of the International Centre
for Diffraction Data by matching with the appropriate Powder Diffraction File
(PDF).

In this technique, a monochromatic X-ray beam hits the crystalline sample and
the intensity of the elastically dispersed (diffracted) beam is measured as a
function of the diffraction angle (20). The equation proposed by Debye-Scherrer
in 1918, Eq. (2.2), is used to determine the average crystal size of the metal

present in the active phase of the catalyst:
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KA
T7[§-cose

(2.2)

where T is the average crystallite size; K is a factor whose common value is 0.9;
A is the wavelength of the employed radiation; B is the width at half height of the
diffraction peak of the sample, which is corrected considering the contribution of
the measuring equipment (0.08 °); 0 is the position of the diffraction peak

corresponding to the analysed metal.

The measurements were performed by technicians at the Advanced Research
Facilities (SGIker) in the University of the Basque Country. The used
diffractometer was an automatic Philips X Pert PRO operating at 40 kV and 40
mA, in theta-theta configuration and equipped with a secondary monochromator
with Cu-Kal radiation (wavelength, 1.5318 A) and a PIXcel solid state detector
(active length in 26, 3.347 °). Data was collected at room temperature from 10 to
80 ° in the 20 range (step size, 0.026°; time per step, 90 s). Additionally, a fixed
divergence and anti-scattering slit were used, giving constant lighting volume to

the sample.

The XRD diffractograms of the fresh and reduced catalysts are presented in
Figure 2.8. The presence of different phases is identified. For NiAloO4 spinel
catalyst (Figure 2.8a), in the fresh (oxidized) sample a single NiAloO4 phase is
observed (intense peaks at 20 = 37.2, 45.2 and 65.7 °, PDF-00-010-0339), whereas
the reduced sample presents two phases, Ni? (20 = 44.6, 51.8 and 76.3 °, PDF 04-
010-6148) and AlO3z (20 =37.5, 459 and 66.9 °, PDF 04-005-4662). For
NiO/CeQOs catalyst (Figure 2.8b), in the fresh (oxidized) sample signals
corresponding to NiO (20 = 37.5, 43.6 and 63.3 °, PDF 01-080-5508) and CeO>
(20 = 28.7, 33.2, 47.7, 56.6, 59.3, 69.6, 76.3 and 79 °, PDF 01-078-0694) phases
are identified, whereas the reduced sample confirms the presence of CeO2 and

reduced Ni species.

The XRD diffractograms of the fresh-calcined dolomite and Ca-M sorbents are
shown in Figure 2.9. The XRD pattern of the calcined dolomite shows different
peaks attributed to the presence of CaO (PDF 00-043-1001) and MgO (PDF 00-
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045-0946), while the diffractogram of the fresh Ca-M sorbent presents signals
corresponding to CaO and Cai2Al14033 (mayenite) (PDF 01-070-2144). In both
cases, a small presence of the Ca(OH)2 phase is also observed (PDF 01-076-0570).
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Figure 2.8. X-ray diffractograms of fresh and reduced NiAl»Oy4 spinel (a) and NiO/CeO2
(b) catalysts.
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Figure 2.9. X-ray diffractograms of fresh-calcined dolomite and Ca-M sorbents.

2.2.2.4. X-ray fluorescence (XRF)

The X-ray fluorescence (XRF) was used to determine the composition of the
prepared sorbents. The measurements were performed by technicians from SGlker
in the University of the Basque Country, using a wavelength dispersive X-ray
fluorescence spectrometer (PANAnalytical, AXIOS). The sample preparation

consisted of melting sorbent powder (dolomite or Ca-M) with lithium borate
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(Merck, Spectromelt A12) in a 1:20 proportion, using an induction melting
microfurnace at 1200 °C. The XRF spectra were collected on the resulting glass
pearl containing the sorbent sample, and they are compared with several

elemental parents in order to determine the composition of each sorbent sample.

The quantitative composition of calcined dolomite is 60.5 wt% CaO and 39.5 wt%
MgO, while for the Ca-M sorbent it is 69.6 wt% CaO and 30.4 wt% Cai2A114033

(mayenite).

2.2.2.5. X-ray photoelectron spectroscopy (XPS)

The atomic composition of the surface species present in the catalyst samples was
determined by X-ray photoelectron spectroscopy (XPS). This technique is based
on the quantic interpretation of the photoelectric effect: the kinetic energy of the
emitted electrons in a photoemission process (Ex) is calculated by the difference
between the energy of the incident photon (hv) and the binding energy of the

electrons in the sample (Ep):
Ek:hU—EB (23)

The binding energy of an electron is characteristic of a certain atom and the
orbital in which the emitted electron was before. XPS is a superficial analysis and

thus, only species found on the outlet layers of the sample surface can be analysed.

The measurements of the XPS spectra were carried out at SGlker in the
University of the Basque Country with a SPECS system (Berlin, Germany)
equipped with a Phoibos 150 1D-DLD analyser and an Al Ko monochromatic
radiation (1486.6 eV). An initial analysis was carried out, with low resolution, to
gather information on the type of elements present on the solid surface of the
catalyst: energy increase of 1 eV, residence time of 0.1 s and an energy leap of 80
eV. Afterwards, detailed analyses, high-resolution local spectra (detailed scans),
were done to get information on the composition and chemical status of the
elements found on the solid surface. The high-resolution spectra were obtained
under the following conditions: energy increase of 0.1 eV, residence time of 0.1 s,

energy leap of 30 eV and an angle of 90 ° for the exiting electrons. The binding
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energies were referenced to the C 1s peak, established at 284.6 eV, to correct the
charge effect after calibrating the spectrometer with the 3ds/2 peak of Ag (368.28
Ev). The spectra were fitted with CasaXPS 2.3.16 software, which models the

Gauss-Lorentzian contributions, after a Shirley subtraction of the background.

2.2.2.6.Scanning electron microscopy (SEM)

The morphology of the fresh-reduced and used catalyst samples as well as the
morphology and location of the coke deposited (encapsulating or fibrillar nature)
were analysed by scanning electronic microscopy (SEM) images at SGlker in the
University of the Basque Country, using a FEG-SEM Hitachi S-4800 N field
emission gun scanning electron microscope with an accelerating voltage of 5 kV
and secondary electron detector (SE-SEM), and a SEM Hitachi S-3400N
microscope with 15 kV accelerating voltage and backscatter electron detector
(BSE-SEM). For the metallic coating of the non-conductive samples, a layer of
about 15 nm of gold was deposited using an Emitech K550X ion sputter.

The SE-SEM provides a high-resolution image, while the BSE-SEM is used to
distinguish between different compounds in the surface, as the brightness in the

BSE-SEM images depends on the atomic number of the compound.

The SE-SEM images of the fresh-reduced NiAloO4 spinel derived catalyst and
Ni/CeO2 catalyst are shown in Figure 2.10a and Figure 2.10b, respectively. A
uniform granular texture (rough and porous structure) is observed in Figure
2.10a, which is expected for porous alumina phases [305]. Similarly, the Ni/CeOx
catalyst shows a porous surface (Figure 2.10b), as typically expected for this
catalyst [306].

The BSE-SEM images of the fresh-reduced NiAl2O4 spinel derived catalyst and
Ni/CeO2 catalyst are shown in Figure 2.11. The high brightness intensity in these
figures indicate the presence of heavy elements (Ni, Al and Ce) constituting the

catalyst phases (Ni crystals, AloO3 and CeO3).
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Figure 2.11. BSE-SEM images of fresh Ni/Al>O3 catalyst (a) and Ni/CeOz catalyst (b).

2.2.2.7. Transmission electron microscopy (TEM)

The transmission electron microscopy (TEM) images were obtained at SGlker in
the University of the Basque Country in a Phillips SuperTwin CM-200 microscope
equipped with a LaB6 filament and EDAX EDX microanalysis system using an
accelerating voltage of 200 kV. Firstly, the samples submitted to analysis were
dispersed in ethanol, keeping the suspension in an ultrasound bath for 5 min.
Subsequently, a drop of the suspension was deposited on a TEM copper sieve
(300 Mesh) covered by carbon film.
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2.2.2.8. Raman spectroscopy

Raman spectroscopy is a technique used to study the vibrational, rotational and
other low-frequency modes of a material. It provides structural information about
the materials, because the vibrational information is specific to the chemical
bonds of the molecules. The technique is based on inelastic dispersion or Raman
dispersion of the monochromatic light, which usually comes from a laser in the
visible region, near infrared region or near ultraviolet region. The Raman spectra
were carried out on a Renishaw In Via confocal microscope at SGlker in the
University of the Basque Country, using an excitation wavelength of 514 nm,

taking a spectrum in several areas of the sample for assuring reproducibility.

2.2.2.9. Temperature programmed oxidation (TPO)

The amount and nature of coke deposited on used catalyst/saturated sorbent
samples was determined by Temperature programmed oxidation (TPO) in a TA-
Instruments TGA-Q5000IR thermobalance, coupled in line with a mass

spectrometer ( Thermostar Balzers Instrument) for monitoring the CO> signal.

Usually, the deposited coke measurement is determined by the difference between
the initial and the final sample mass during TPO experiment. Nonetheless, this
method is unfeasible for samples that increase their mass during combustion. The
metals of these type of catalysts react with oxygen, in parallel to the combustion
of coke, as in the case of the Ni metallic catalysts used in this Thesis. Thus, the
coke content was quantified from the CO2 spectroscopic signal, because oxidation
of Ni crystals during the combustion process might mask the thermogravimetric

signal.

The experimental procedure consists on introducing 20-25 mg of sample in the
cresol and stabilizing the TG signal at 50 °C with an air flow (20 ml/min) for 5
min. Subsequently, the coke combustion is started by heating the sample up to
800 °C with a heating ramp of 5 °C/min, maintaining this value for 10 min to
ensure a complete combustion of the coke deposited. During the heating process,

values of temperature and sample mass were registered as well as the exiting gas

76



2.3. Reaction equipment, operating conditions and product analysis

composition, by means of the m/z 14, 18, 32 and 44 signals, corresponding to Ny,
H20, O2 and COa2, respectively.

For the determination of the coke and CO2 content in the saturated sorbent
samples, an additional CO2 desorption step (combustion+CO2 desorption) was
included after the combustion of the coke with air. First, the sample is stabilised
at 50 °C with an air stream (20 ml/min) for 5 min and then the combustion step
is carried out, heating up to 550 °C with a heating ramp of 5 °C/min and keeping
it constant for 15 min. The CO» adsorbed during the SESR runs is then desorbed
by heating with a N2 stream of 20 ml/min to a maximum temperature of 800 °C,
maintaining the isotherm for 10 min. In this way, CaCO3 is decomposed into CaO
and the adsorbed CO2 is removed. In this case, both the content and nature of
the coke and the amount of COs captured by the sorbents were determined

directly from the thermogravimetric signals (TG, DTG).

2.3. REACTION EQUIPMENT, OPERATING CONDITIONS AND
PRODUCT ANALYSIS

This section describes each of the elements of the reaction equipment (section
2.3.1), the different operating conditions studied and the fluid dynamic conditions
required in the fluidized-bed reactor (section 2.3.2), and the analysis procedure
for each of the products (section 2.3.3). Besides, the calculation procedure of the
equilibrium composition (for thermodynamic studies with Proll software) (section
2.3.4) and the reaction indices used to quantify the kinetic behaviour of the

catalysts are defined (section 2.3.5).

2.3.1. Reaction equipment

The steam reforming (SR), sorption enhanced steam reforming (SESR) and
combined steam/dry reforming (CSDR) runs were performed in an automated
reaction equipment (MicroActivity-Reference, PID Eng & Tech) provided with
two units in series (Figure 2.12), for thermal treatment of raw bio-oil (Unit 1)
and catalytic reforming (Unit 2) of treated bio-oil (fluidized- or packed-bed

reactor). The system can operate up to approximately 900 °C and with gaseous
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and/or liquids feeds. The equipment is highly automatized and allows
programming consecutive sequences varying any operating condition or even
operating in reaction-regeneration cycles. It has a high security level, with an
anti-failure system of the electric current, several alarm system for temperature,
pressure, liquid level and gas flows and automatic sessions that stop the

experiment when one of the alarms is activated.
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Figure 2.12. Scheme of the experimental set-up with two units in series.

The different elements of the reaction equipment are described below.

2.3.1.1. Liquid feeding system

The equipment has two liquid feed lines: (i) for bio-oil or oxygenated model
compounds and (ii) for water. An injection pump (Harvard Apparatus 22) was
used for feeding the bio-oil or individual oxygenates in a 100 ml Harvard
Apparatus injection syringe (diameter, 34.9 mm) and a 307 Gilson HPLC pump

for co-feeding the additional water required according to the desired S/C ratio.
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2.3.1.2. Gas feeding system

The gas distribution network used for the reduction, reaction, sweep, regeneration
and in-line analysis steps consists of five gas lines: inert gas for the reactor (N2),
reducing gas (Hz), CO2 for the CSDR reaction runs, synthetic air for the catalyst
regeneration (coke combustion) and auxiliary carrier gas for the chromatograph
(He). The gas feed lines are controlled by Bronkhosrt High- T'ech mass flow meters.
At the exit of the controllers the stream of inert, reducing and CO2 gases (the
latter only in the combined process) are jointly preheated in the hot box (300 °C)
and fed into the thermal treatment. The synthetic air stream, after exiting the
mass flow controller, can be routed via a valve to the thermal treatment unit
(same route as the N2, Ho and CO2 lines) or directly to the reactor to avoid
combustion of oxygenates in the thermal stage when performing an OSR run.
This last configuration has not been used in this Thesis. The He stream joins a
sample of reforming products (collected by a loop), carrying and diluting it into

the chromatographic analysis.

2.3.1.3. Thermal treatment unit (Unit 1)

The first unit is a U-shaped steel tube (Figure 2.13) (inner diameter of 15.9 mm)
at 500 °C for vaporization of bio-oil and controlled deposition of a solid residue
(pyrolytic lignin, PL) formed by repolimerization of oxygenates (mainly phenolic
compounds), which is responsible for rapid catalyst deactivation [307]. The
composition of pyrolytic lignin is suitable for use as fuel [308], which is interesting
to provide the energy required for the process, achieving an integral valorization
of the bio-oil. Therefore, the catalyst deactivation is noticeably attenuated using
this reaction system with two steps in series (Figure 1.5) [171]. The temperature
is measured with a K-type thermocouple located in the outlet branch and
controlled by a Toho TTM-005 Series digital controller. In a previous work [309],
it was proved that 500 °C is the thermal treatment temperature that allows
obtaining a better compromise between the yield of liquid volatiles susceptible to
be reformed in subsequent Unit 2 (treated bio-oil), of solid deposited as PL and
of gases. With the bio-oil feed used in this work, the yield (dry basis) of treated
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bio-oil, PL and gases is 75 wt%, 15 wt% and 10 wt%, respectively. The
composition of the treated bio-oil is detailed in Table 2.5 (section 2.1.2). The
gases consist mainly of CO (56.1 wt%) and CO:2 (25.5 wt%) resulting from
oxygenates  decarbonylation/decarboxylation reactions, and with low
concentration of Hz (1.3 wt%), CHa (7.7 wt%) and Co-C3 hydrocarbons (9.5 wt%)

resulting from decomposition/cracking reactions of the oxygenates.

The volatile oxygenates leaving Unit 1 constitute the treated bio-oil and together
with the inert gas and the vaporized water are fed into the reforming step through

a heated line (500 °C) to avoid condensation of heavy oxygenates.

Bio-oil
Thermocouple
V' Gas
Vs
Water »ﬁ ’E N Treated
bio-oil
Pyrolytic
lignin

Figure 2.13. Scheme of the U-shaped reactor configured for the thermal treatment unit.

2.3.1.4. Reforming reaction unit (Unit 2)

The second unit is a stainless-steel tube (22 mm of internal diameter, total length
of 460 mm and effective reaction length of 116 mm), for the reforming of the
volatiles exiting unit 1 (treated bio-oil), which is operated with downwards
(packed-bed reactor, PBR) or upwards (fluidized-bed reactor, FBR) flux. The
catalytic bed is located over a layer of quartz wool and consists of the catalyst
mixed with inert solid (silicon carbide (SiC) with particle size of 75 pnm, Fisher
Scientific), in order to improve the isothermal condition (in packed-bed) and the
fluid dynamics (in the fluidized-bed) of the bed. The temperature is measured
with a K-type thermocouple and controlled by a Toho TTM-005 Series digital

controller. The reactor is located within an oven, consisting of a stainless steel
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shell internally covered with refractory material and filled by electrical resistance.

Catalyst loading and uploading is carried out from the upper part of the reactor.

2.3.1.5. Sampling and product collecting

The reaction products exiting from the upper (FBR) or lower (PBR) part of the
reactor pass through two particle filters (of 15 and 2 pm) in series to avoid particle
dragging into the chromatograph by attrition. Sampling is performed
continuously, diluting a sample of the products (approximately 2 ml/min) with
the He carrier (30 ml/min) and feeding them together to the Varian CP-490 Micro
GC unit through a heated line at 130 °C to avoid condensation.

The remaining product stream is cooled down to 3 °C in a liquid/gas phase
separation vessel for the condensation of condensable compounds. The liquid level
is controlled by a digital Toho TTM-005 Series PID controller and this liquid is
collected for its subsequent weighting. Non-condensable gases join the gas stream

leaving the Micro GC, pass through a flow meter and are finally sent to vent.

2.3.1.6. Control software and data acquisition

The control of the different elements in the reaction equipment (hot box, thermal
treatment unit, catalytic unit, liquid feeding pumps) and the acquisition (every 5
s) and recording of real-time data are carried out by the Process@ process control
software, which enables sending set-point values to the control devices and
reading the current values of the process. The security system consists of a
computer-independent microprocessor. As the system is fully automated, the
software allows the design of a table with several consecutive sessions, including:
Start, Reduction, Sweep, Water feeding, Bio-oil feeding, Feeding shutdown,
Cooling and System shutdown. In each session, the duration and operating

variables can be modified.

2.3.2. Fluid dynamic and operating conditions

The use of a fluidized-bed reactor (FBR) minimises the temperature gradient in

the catalytic bed. It also mitigates coke formation on the catalyst, resulting in
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slower deactivation. In order to maintain correct fluidization (approaching the
ideal plug flow in the gas and perfect mixing in the solids), dead zones and the
formation of bubbles (slugs) must be avoided. This requires an appropriate gas

flow rate, particle size and solid mass.

The fluid dynamic conditions were studied in previous works [1, 4]. It was
determined that a catalyst particle size between 150 and 250 pm is required to
avoid internal diffusion limitation. An inert solid with good fluid dynamic
properties (SiC) in which to dilute the catalyst is also required to obtain good
fluid dynamic properties. SiC with a particle size (~ 75 pm) smaller than the
catalyst size was used to facilitate a correct separation of both by sieving. In
addition, an inert/catalyst mass ratio > 8 was set to ensure sufficient bed height

for fluidization. The fluid dynamic conditions determined are shown in Table 2.9.

Table 2.9. Fluid dynamics conditions.

No sorbent With sorbent
Minimum fluidization velocity, cm/s 0.60 0.72
Minimum fluidization flow, cm3/s 2.3 2.7
Linear velocity /minimum fluidization velocity ~7 ~6
Bed height/bed diameter 2 2

When using different mass of catalyst (and of sorbent in the SESR runs), in order
to achieve the established bed height/bed diameter ratio, the mass of the inert
solid (SiC) was varied while maintaining the total mass of the catalytic bed

(catalyst+ (sorbent)-+inert) constant (25 g).

Prior to each reaction, the catalyst was activated by reduction with a stream of
5-7 vol.% H» diluted in N2 at a heating ramp of 5-10 °C/min, up to the
temperature established by TPR analysis of the fresh catalysts. The operating
conditions for the kinetic runs with individual model oxygenates and bio-oil are

summarised in Table 2.10.
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Table 2.10. Operating conditions for the runs with individual oxygenates and bio-oil.

Steam reforming (SR) of individual oxygenates

Oxygenate mass flow rate, g/min 0.074
Water flow rate, ml/min 0.062-0.0222
Inert flow rate, ml/min 20-150
Reforming temperature, °C 600 and 700
Steam /Carbon (S/C) molar ratio 3 (6 for levoglucosan)
Catalyst mass, g 0.15 (0.075 for levoglucosan)
Space time, geatalyst-h/Goxygenates 0.034 (0.080 for levoglucosan)
Time on stream (TOS), h 5

Sorption enhanced steam reforming (SESR) of bio-oil
Bio-oil flow rate, ml/min 0.06
Water flow rate, ml/min 0.102
Inert flow rate, ml/min 75
Reforming temperature, °C 550, 600, 650, 700
Steam/Carbon (S/C) molar ratio 34
Sorbent mass, g 5 and 10
Catalyst mass, g 0.5, 1.0 and 1.25
Sorbent/Catalyst mass ratio (SCur) 0 (conventional SR), 4, 10 and 20
Space time, geatalysth/Soxygenates 0.15, 0.30 and 0.37
Time on stream (TOS), h 5

Combined steam/dry reforming (CSDR) of bio-oil

Bio-oil flow rate, ml/min 0.06
Water flow rate, ml/min 0.023 and 0.043
CO; flow rate, ml/min 26.8 and 53.6
Inert flow rate, ml/min 101-213
Reforming temperature, °C 600, 700, 800
Steam/Carbon (S/C) molar ratio 0.5 (no additional water), 1.2, 1.7
CO3/Carbon (CO2/C) molar ratio 0 (conventional SR), 0.6 and 1.1
Catalyst mass, g 0.4 and 0.8
Space time, geatalyst-n/Goxygenates 0.125 and 0.250
Time on stream (TOS), h 6
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2.3.3. Product analysis

The reforming reactions produce products in three phases (gas, liquid and solid),

which are analysed separately due to the configuration of the reaction equipment.

Gas products were analysed in-line in a Varian CP-490 Micro GC gas micro-
chromatograph provided with three analytical modules (equipped with injector,
column and TCD detector): (i) a molecular sieve (MS5) for the quantification of
Ha, Oz, N2, CHy and CO; (ii) Porapak Q (PPQ), for differentiating between CHy,
COa, light hydrocarbons (Cs-Cs) and water; and (iii) Stabilwax to separate light
oxygenated compounds (C2-C3) and water (although the analysis in this module
has not been used in this Thesis). The MS5 and PPQ modules have a
microinjector module with reflux (backflush) with variable injection volume that
allows programming of flow rates and flow reversal in each column to avoid the
entering of undesired compounds in the modules. The method for this analysis is
established as follows: sampling time, 30 s; run time, 300 s and sampling inlet line

temperature, 110 °C. The conditions of each module are listed on Table 2.11.

The identification of each chromatographic peak is done based on a previous
calibration with patterns of known concentration, both in gas and liquid mixtures.
Therefore, a calibration factor for each compound is obtained, which relates the
area of each peak with the molar concentration. These factors were calculated
taking N2 as a reference, whose calibration factor is defined as 1. Data acquisition

and processing is carried out with the Soprane II software.

Table 2.11. Analysis conditions used in the three analytical modules of the Varian CP-
490 Micro GC.

Module MS5 PPQ Stabilwax
Injector temperature, °C 90 110 110
Column temperature, °C 80 80 80
Injection time, ms 100 50 100
Backflush time, s 26 30 -
Column pressure, psi 20 31 15
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Liquid products are separated by condensation and are collected in a vessel at
the reactor exit. The identification of compounds in the condensed fraction was
carried out in a Shimadzu GC/MS-QP2010S unit, based on the procedure

previously described in section 2.1.2 for bio-oil analysis.

The yield of solid residue (pyrolytic lignin, PL) deposited in the thermal unit
(unit 1) was quantified with Eq. (2.4) (mass of deposited PL per unit mass of bio-

oil fed, on a water-free basis, expressed as a percentage):

~ deposited PL (g)

— . 2.4
Ypu Bio-oil fed (g) 100 (24)

Its elemental composition was analysed on an FA Flash 2000 elemental analyser
(section 2.1.2).

2.3.4. Calculation procedure of the equilibrium composition

The equilibrium composition of oxygenates and simulated bio-oil reforming can
be estimated by minimisation of the total Gibbs energy method (non-

stoichiometric approach), which can be calculated as follows [310]:

N
1 E o
+_R,T IliGi (25)

i=1

I oM
RT | £ rT O3
= .

S liquid

where G and G are the Gibbs energies of the system and of i product at their
standard states, respectively; R, T and P are the universal gas constant,
temperature and pressure, respectively; yi is the mole fraction of i product; N is

the total number of products; and nj is the number of moles of i product.

Besides, the elemental mass balance is fulfilled:

N

Z ot —b, k=1, M (2.6)
i=1
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where bk is the total number of atoms of each k atomic species (C, H or O) in the
system; ok is the number of atoms of k atomic species (C, H or O) contained in
each molecule of i product; and M is the total number of atomic species (C, H
and O).

The calculations were performed simulating a Gibbs reactor with Proll software,
using the SRK (Soave-Redlich-Kwong) thermodynamic model. The validation of
the calculation procedure (with Proll software and using the SRK thermodynamic
model) was carried out by comparing the results with those obtained with other
software (DWSIM) and other thermodynamic models (Peng-Robinson (PR) and
UNIFAC) and is included in Table A.1-Table A.3 (section A.1 in Annexes). The
results in Table A.1 and Table A.3 show that the differences in the molar flow
rates of the products calculated with SRK and PR models are insignificant, so
the relative error is less than 0.05 %. Moreover, the percentage relative error in
the products molar flow rates calculated with both simulation software (Table
1.2) is low, below 3.5 %, and this error is attributable to the differences in the
convergence parameters of the Gibbs reactor used by both simulators, less
restrictive in DWSIM.

The process flow diagram for oxygenates SR and CSDR. of simulated bio-oil are
shown in Figure 2.14 and Figure 2.15, respectively, with heat exchangers for
heating individual feed stream (oxygenates/bio-oil, water, N2 and COz), a mixer

and a Gibbs reactor.

Inlet Heat
streams exchangers
C,H,.0, Gibbs Outlet
reactor streams

Mixer N

N H,, COs, CO, CH—>
H,0

— C
—

Figure 2.14. Flow diagram considered for the simulated SR process.
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2.3. Reaction equipment, operating conditions and product analysis

The operating conditions studied for oxygenates reforming are: pressure, 1 atm;
temperature, 300-1000 °C, with steps of 50 °C, and additional simulations (firstly
every 10 °C and then every 2 °C) in the proximity of the maximum H» flow rates
for the precise location of the optimum temperature; and S/C ratio, 0.5-1-1.5-3-
5-7-9-12-16.

The operating conditions studied for the CSDR of simulated bio-oil are: pressure,
1 atm; temperature, 300-900 °C, with steps of 50 °C and additional simulations
every 1 °C in the proximity of the maximum syngas (H2+CO mixture) flow rate
and of the targeted Hz/CO ratios (1 and 2) for the accurate location of the
required temperature values; S/C ratio, 0.5-3 (with steps of 0.5) and CO2/C molar
ratio, 0 (conventional SR)-5 (with steps of 0.5).

Inlet Heat
streams exchangers
Lo Gibbs Outlet
Bio-oil:
reactor streams

Mixer A~

5 H,, CO,, CO, CH—>
H,0
— C

Figure 2.15. Flow diagram considered for the simulated SR (no CO2 addition) and
CSDR processes.

In addition to the oxygenate compounds (Table 2.1 and Table 2.6), the
components considered in the reaction medium are HoO, CO2 (which is a product
and also a reactant of the CSDR process), Ha, CO, CH4 and carbon (graphite).
The presence of light hydrocarbons (C»-C3) was not considered since their
formation is insignificant. Besides, the consideration of graphite carbon as a
representative of coke is an approach required by the software database. However,
it is well established in the literature that the structure of coke is much more
complex, which includes encapsulating amorphous carbon structures (deposited
on or near the metal sites) and structured carbon [255, 311, 312]. A better
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prediction of coke formation would require considering different carbon deposits
representations, whose thermodynamic properties are not available in
conventional databases [46].

2.3.5. Reaction indices

2.3.5.1. Steam reforming (SR) and sorption enhanced steam reforming (SESR)

The conversion of oxygenates in the treated bio-oil (that is, the volatiles
oxygenates exiting the Unit 1 for thermal treatment) is expressed as the carbon
units converted into gas, as indicated in (Eq. (2.7)), and Hz yield and yield of
carbon products (CO2, CO, CHy and light hydrocarbons (C.Hy)) are calculated
with Eq. (2.8) and Eq.(2.9), respectively:

Fout. eas

X = OE;’gab-loo (2.7)

F 2.8

YHQ:FEQJOO (28)

2
F; (2.9)
Yi=—.1

' Fin 00

In these equations, Fout,gas is the carbon-based molar flow rate of the carbonaceous
gaseous product (CO2, CO, CHy and light C.Hy) at the reactor outlet and Fi, is
the carbon-based molar flow rate of oxygenates at the reactor inlet (Unit 2). Fuo
is the H2 molar flow rate in the product stream and FOH2 is the stoichiometric
molar flow rate, which is calculated as ((2n + m/2 — k)/n)-Fi,, according to the
global stoichiometry for the bio-oil (CuHwmOx) steam reforming (Eq. (1.13),
including the WGS reaction, with a value of 2.17 moles of Ha per C atom fed). F;
is the carbon-based molar flow rate of the i product (CO2, CO, CH4 and C.Hy)
in the effluent (out) stream of the reactor. Coke yield was quantified referring the
total amount of coke deposited at the end of the reaction to the total mass of C
at the reactor inlet (Unit 2).
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2.3. Reaction equipment, operating conditions and product analysis

2.3.5.2. Combined steam/dry reforming (CSDR)

In order to evaluate the CSDR process, the reaction indices for the quantification
of the catalyst performance were the same as those defined in section 2.3.5.1 (for
SR and SESR runs), with a difference in the definition of the yield of carbon
products (CO, CHy and C.Hy) (Eq.(2.10)), CO2 yield (Eq.(2.11)) and conversion
of oxygenates (Eq. (2.12)). Likewise, new reaction indices were defined: syngas
(Ha+CO) yield (Eq. (2.13)), H2/CO molar ratio (Eq. (2.14)) and conversion of
CO:z (Eq. (2.15)).

F;
Y= —.100 (2.10)
Fin
Fout, co,-Fin, co, (2.11)
Yco,= T -100
X Fout, gas"Fin, CO, 100 (2.12)
Fin
Fp,+Fco (2.13)
Ysyngas: F?Z{—+CO -100
2
F 2.14
H,/CO— =2 (2.14)
Feco
XcozZFm o, Fout, co, 100 (2.15)
Fin, co,

In these equations, F; is the carbon-based molar flow rate of the i products (CO,
CH4 and CyHp) in the effluent (out) stream. Fou,co2 and Finco2 are the molar
flow rate of COz2 in the reactor outlet and inlet, respectively. Fu2 and Fco are the
Hs and CO molar flow rates in the product stream and Fy,,co is the Ha+CO
stoichiometric molar flow rate for the SR process, calculated as ((n+(n+m/2-
k))/n)-Fin according to Eq. (1.14), with a value of 2.17 moles of Ha+CO per C

atom fed.
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Moreover, to highlight the interest of the CSDR, process for the mitigation of CO2
emissions, it is worth defining a reduction of CO2 emissions index (Eq. (2.16)),
which quantifies the relative decrease in CO2 emission of the CSDR, process with
respect to the SR process as follows:

(Fout, o, (SR) +Fin, 002)-Fout, C0, (CSDR) (2.16)

Reox= Fout, co,sr)+Fin, co,

where Fout, co2 (sr) and Fout, co2 (cspr) are the molar flow rate of COs2 in the
reactor outlet for the SR and CSDR. processes, respectively. This definition takes
into account not only the possible lower CO2 flow rate in the product stream of
the CSDR process compared to the SR process, but it also considers the CO2 flow
rate at the reactor inlet in the CSDR process (Fin, co2), because it would

contribute to total CO2 emissions in the factory if not used in the CSDR reactor.
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Chapter 3

ROLE OF INDIVIDUAL OXYGENATES IN
THE STEAM REFORMING OF BIO-OIL

This Chapter aims to take a step forward in understanding the ideal conditions
for the reforming of raw bio-oil. Firstly, the equilibrium yield of Hs and by-
products, and energy requirements for the steam reforming of different oxygenates
in bio-oil (acids, ketones, aldehydes, phenols and saccharides) have been
compared for a wide range of conditions (temperature, S/C ratio and N2 co-
feeding) by thermodynamic analysis (using Proll software). A deep analysis of
the results allowed the proposal of original correlations to predict the maximum
equilibrium Hz yield from the oxygenate composition (H/C/O) and C/S in the
feed, as well as the temperature required to obtain that maximum and the
corresponding values of carbon products yield. Secondly, an experimental study
of the SR process was carried out with the aim of understanding the influence of
individual oxygenate compounds with different functional groups present in bio-
oil (acetic acid, acetaldehyde, acetol, ethanol, acetone, catechol, guaiacol and
levoglucosan) on the deactivation behaviour and coke deposition upon the
Ni/Al2O3 catalyst derived from NiAloOy spinel. In this way, the results obtained
have allowed stablishing the main responsible for catalyst deactivation during SR
of bio-oil, as well as the coke characteristics that mainly affect the deactivation

of the catalyst.

The results of this Chapter have been published in Energy Convers. Manag. 2021,
239, 114181 and Fuel. 2022, 321, 124009.






3.1. Thermodynamic study of the effect of feed composition

3.1. THERMODYNAMIC STUDY OF THE EFFECT OF FEED
COMPOSITION

In this section, the thermodynamic results (equilibrium product distribution and
heat duties) corresponding to the SR of different oxygenate model compounds are
analysed. The results of the maximum H> yield corresponding to each oxygenate
as well as the temperature at which this maximum is reached and the
corresponding equilibrium yields of carbon products have been correlated with
the composition of the oxygenate and the feed composition, and empirical
correlations for their calculation from the H/C/O composition of the oxygenate
and the C/S ratio in the feed have been obtained. The incidence of N2 co-feeding

in the SR was also analysed.

3.1.1. Products distribution

In section A.2 of Annexes the effect of temperature on the equilibrium molar flow
rates in the SR of each oxygenate is shown (Figure A.1). The effect of S/C molar
ratio and temperature on the molar flow rates of Hz, CO2 and CO for WGS
reaction is also shown (Figure A.2), as it helps understanding the results of the
SR of the oxygenates, due to the relevant contribution of WGS reaction to the

overall mechanism of SR reactions.

As an example of the results of equilibrium composition in the SR of oxygenates,
Figure 3.1 and Figure 3.2 show the joint effect of temperature and S/C ratio on
the yield of Ha and carbon by-products, respectively, for guaiacol. The effect of
these variables is consistent with well established results in the literature for
different oxygenates [313-315] and it is similar to that observed for the rest of
oxygenates (section A.2 in Annexes). Thus, the yields of Hy (Figure 3.1) and CO»
(Figure 3.2a), main products of reforming, go through a maximum as the
temperature increases, because in addition to the advance of the reforming
reactions (of oxygenates and CHy, Egs. (1.14) and (1.17), respectively), the
reverse-WGS reaction (Eq. (1.15)) is favoured at high temperature.
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Figure 3.1. Effect of temperature and S/C ratio on the yield of H in the SR of guaiacol.

The yield of CO (Figure 3.2b) increases with temperature and the yield of CHy
(Figure 3.2c) decreases because its reforming is favoured (Eq. (1.17)). Similarly,
S/C ratio noticeably affects the yield of all products, mainly because the excess
of water shifts the equilibrium of WGS (Eq. (1.15)) and methane reforming
reactions (Eq. (1.17)) and, moreover, oxygenates reforming reactions (Eq. (1.14))
are favoured over decomposition reactions (Eq. (1.16)). Consequently, the yields
of Hy (Figure 3.1) and CO2 (Figure 3.2a) continuously increase with S/C ratio,
the yield of CO decreases (Figure 3.2b) (more noticeably at high temperatures,
when there is a higher yield of this product) and the yield of CHy also decreases
(Figure 3.2c) except for very low temperatures, at which the reforming of CHy is

thermodynamically disfavoured.

Coke yield, Figure 3.2d, is only significant for very low values of the S/C ratio
(lower than 1.5, which is below the stoichiometric S/C ratio for guaiacol, (S/C)st
of 1.71). As the S/C ratio increases and above 600 °C, the coke yield drops
sharply. This result is a consequence of the extent of the gasification reactions of
coke with CO2 (reverse-Boudouard reaction, Eq. (1.21)) and with H2O (Eq.
(1.22)).
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3.1. Thermodynamic study of the effect of feed composition

100

Figure 3.2. Effect of temperature and S/C ratio on the yield of carbon products (COs,
CO, CHy and C (graphite)) in the SR of guaiacol.

To show in a simple way the values of the maximum H> yield for the different
oxygenates and the temperature and S/C ratio required, Figure 3.3a and Figure
3.3b show the effect of the S/C ratio on the maximum Hb> yield, and Figure 3.3¢c
and Figure 3.3d show the corresponding temperature. The results have been
grouped in light oxygenates (Figure 3.3a and Figure 3.3c) and heavy ones (Figure
3.3b and Figure 3.3d). It should be noted that the results are the same for acetic
acid, hydroxyacetaldehyde and mannose. Interestingly, the characteristic SR
values of these three compounds are also equal, (S/C)s of 1 and H2° of 2 (Table
2.2), which indicates that these values determine the results, regardless of the
structure and molecular weight of the oxygenate. Comparing the results for the
different oxygenates, the differences in the maximum Ho> yields (Figure 3.3a and

Figure 3.3b) are small, and decrease with increasing the S/C ratio. The general

95



Chapter 3. Role of individual oxygenates in the steam reforming of bio-oil

trend is that the maximum H> yield increases markedly with increasing S/C ratio
and that this effect gradually diminishes. Conversely, the temperature at which
the maximum Hp yield is reached (Figure 3.3c and Figure 3.3d) decreases with
increasing the S/C ratio, in agreement with Xie et al. [314], this effect also being

less noticeable with increasing S/C ratio.
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Figure 3.3. Comparison for the different oxygenates of the effect of the S/C ratio on the
maximum Hp yields (a and b) and on the temperature at which these maximums are
reached (c and d).

Table 3.1 shows the values of the maximum H> yield, the temperature at which
these maximums are reached and the corresponding yields of CO2, CO and CHy
for the SR of the different oxygenates with S/C ratios of 1.5, 5 and 12. The
maximum Hy yield is in the 74.6-66.8 % range for S/C ratio of 1.5, 91.8-89.7 %
for S/C ratio of 5 and 97.4-96.9 % for S/C ratio of 12. The required temperature
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3.1. Thermodynamic study of the effect of feed composition

is in the range of 700-796 °C, 610-644 °C and 546-572 °C, respectively. Under
the conditions of maximum Hp yield, the CHy yields are always very low (generally
less than 1 %, the lower the CHy, the higher the S/C ratio). The differences in
CO3z and CO yields for the different oxygenates are greater, especially for low S/C
ratio, with ranges of CO yield between 46.8-77.2 % and of CO2 yield between
22.0-52.2 %, for S/C ratio of 1.5. These differences are attenuated for a high S/C
ratio (range of CO yield of 4.4-7.0 % and COz yield of 92.7-95.4 % for S/C ratio
of 12).

Table 3.1. Values of the maximum equilibrium Hs yield, the temperature at which these
maximums are reached and the corresponding yields of CO2, CO and CHy, for different
values of the S/C ratio in the feed, for the different oxygenated compounds.

Acetaldehyde  Acetic acid* Acetone Acetol Levulinic acid

YH2 max, %
S/C=1.5 72.2 74.6 71.7 72.9 71.3
S/C=5 90.5 91.8 90.2 90.9 90.8
S/C=12 97.1 97.4 96.9 97.2 97.2
T, °C
S/C=1.5 754 700 776 734 734
S/C=5 634 610 642 626 622
S/C=12 564 546 570 558 556
Ycoz, %
S/C=1.5 33.4 52.2 26.6 39.9 39.8
S/C=5 78.9 85.2 76.4 80.7 82
S/C=12 93.4 95.4 92.8 94.2 94.5
Yco, %
S/C=1.5 65.6 46.8 72.8 59 59.2
S/C=5 20.2 14.2 22.8 18.6 17.3
S/C=12 6.4 4.4 6.9 5.6 5.3
Ycoms, %
S/C=1.5 0.86 1.02 0.76 0.95 0.91
S/C=5 0.77 0.59 0.82 0.71 0.69
S/C=12 0.30 0.21 0.32 0.27 0.24

* The same results for hydroxyacetaldehyde and mannose
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Table 3.1. Continued (heavy compounds).

Phenol Cyclohexanone Catechol Guaiacol Vanillin

YH2 max, %
S/C=1.5 66.8 69.9 67.5 68 67.7
S/C=5 89.7 89.7 90.2 90 90.3
S/C=12 97.0 96.9 97.1 97.1 97.2
T, °C
S/C=1.5 780 796 754 764 748
S/C=5 634 644 626 630 624
S/C=12 562 572 556 560 554
Ycoz, %
S/C=1.5 24.7 22 32.3 29.4 33.8
S/C=5 78.7 75.6 80.6 79.5 81.7
S/C=12 93.9 92.7 94.4 94.1 94.8
Yco, %
S/C=1.5 74.6 77.2 66.8 69.7 65.4
S/C=5 20.5 23.5 18.8 19.7 17.5
S/C=12 5.8 7.0 5.4 5.7 4.9
Yona, %
S/C=1.5 0.70 0.64 0.82 0.79 0.85
S/C=5 0.78 0.87 0.71 0.76 0.69
S/C=12 0.27 0.32 0.24 0.26 0.24

Overall, for all the S/C ratios, according to the compromise of the values of the
maximum Hs yield, the required temperature and the yield of by-products, the
order of quality of the SR of the oxygenates is:
acetic acid levulinic acetaldehyde henol "
(i) - (“aad ) (v ) (Pi) - )
mannose acetol catechol
According to this order, it is observed that the maximum Hs yield is higher (and

the temperature required to reach it is lower) when the (S/C)s ratio of the

oxygenates decreases (Table 2.2). It is also observed in Table 3.1 that the highest
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yield of carbon by-products (CO and CHi) corresponds to acetone and

cyclohexanone.

From all these results empirical equations were established, depending on the
carbon to steam (C/S) molar ratio in the feed and on the composition of the
oxygenate compound (expressed in terms of their H/C, O/C and O/H atomic
ratios), to calculate the maximum equilibrium yield of Ho (Eq. (3.1)) the
temperature necessary to reach this maximum (Eq. ((3.2)) and the corresponding
values of the yield of the carbon products (Egs. (3.3)-(3.5)) in the SR of any
oxygenated compound. Figure 3.4 shows how well these equations fit the values
given in Table 3.1. The calculation steps followed to obtain Egs. (3.1)-(3.5) have
been explained in section A.3 of the Annexes. The interest of these equations,
obtained for a high number of oxygenates of different composition and molecular
weight, lies in their application for a rapid estimation of the equilibrium results

in the reforming of bio-oil based on its composition, determined by elemental

smalysis
Vi - (101.2-59.46 (%)) N (—0.429+6.279 (%)) (#.2.9 31)
v (sssasaa () (r2mmo(g)) (o 2
Voo (10231304 () (0183075 (5))- (54 5) 33
Voo (231102 (§))+ (1omases(§))(2+9) 3.4
You- (021785 () 021(§) )+ (00s21(§) s (§) ) (2 +5) )

It should be noted that these equations apply for C/S molar ratio between 0.08-
0.67, (H/C+0O/C+0/H) atomic ratio between 1.33-3.5, (O/C+0O/H) atomic ratio
between 0.25-1.5, and in Eq. (3.2) the temperature is expressed in °C.
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Figure 3.4. Parity plots for the values obtained by minimisation of Gibbs energy
(software Proll) and calculated with Egs. (3.1)-(3.5) of the maximum equilibrium Hp yield
(a) and corresponding yields of CO2 (b), CO (c), CHy (d) and temperature necessary to

reach this maximum (e), at different S/C ratios.
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Considering the importance of catalyst deactivation for the viability of the
reforming process [255, 268|, attention has been paid to the formation of coke. As
aforementioned, the thermodynamic results of coke formation are only important
when the S/C ratio is significantly lower than the stoichiometric value and at low
temperature. The results in Figure 3.5 (for S/C ratio of 1.5) correspond to this
condition for most oxygenates, except for acetic acid, hydroxyacetaldehyde and
mannose, whose coke yield is negligible under the conditions of Figure 3.5. For
the rest of compounds, a high coke yield is observed when the temperature
decreases below 600-640 °C. The importance of the oxygenate composition in the
results is noteworthy, with a greater tendency for coke formation from the higher
molecular weight oxygenates in the order: phenol > catechol = guaiacol > vanillin.
Among the lower molecular weight oxygenates, acetone is the one with the highest

coke formation capacity.
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Figure 3.5. Comparison for different oxygenates of the evolution with temperature of
the coke yields at S/C ratio of 1.5 (insignificant coke yield for acetic acid,
hydroxyacetaldehyde and mannose).

It should be noted that these results are consistent with the experimental
deposition of coke in the bio-oil SR, where phenolic components and ketones are
attributed a relevant role as coke precursors [255|. Li et al. [311] found that coke
deposition is notably higher in sugars reforming than in acetic acid reforming.
Furthermore, the nature and composition of coke is different, being structured in

nanotubes and with C=C species the one formed in the reforming of acetic acid
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and amorphous and with C=0O species in the reforming of sugars. Likewise, the
results in Figure 3.5 are consistent with the decrease in coke deposition (due to
gasification) observed in the reforming of ethanol [268| and bio-oil [255], and in
the in-line reforming of biomass pyrolysis oxygenates [316]. Any case, it should
be pointed out that under conditions of maximum H» yield (with S/C ratios > 5
in order to achieve Hs yield above 90 %), coke yield will be insignificant for the

whole temperature range studied in this work and the catalyst will be stable.

3.1.2. Energy requirement

As an example, Figure 3.6 (corresponding to the SR of guaiacol) shows the effect
of temperature and the S/C ratio on the heat of reaction (AH:) (Figure 3.6a) and
heat exchangers duty (AHgg) (Figure 3.6b). As expected, SR is exothermic at low
temperature, due to the predominance of methanation, cracking and Boudouard
reactions, and it becomes endothermic with increasing temperature, when the
progress of the reforming reactions is greater. AH, increases sigmoidally with
increasing temperature (Figure 3.6a), with a different effect of the S/C ratio
depending on the temperature. Below 600 °C, as the S/C ratio increases, the heat
of reaction increases, and above 600 °C it decreases. Recently, Rodrigues et al.
[317] have reported these same trends in the effect of S/C ratio and temperature
on the heat of reaction for the SR of a simulated bio-oil (composed of
phenol/acetone/acetic acid). This different effect of S/C ratio on the heat of
reaction at different temperatures is due to the fact that at low temperature the
excess of water favours endothermic reactions, such as oxygenates reforming,
whereas at high temperature the reaction favoured by excess of water is the
exothermic WGS reaction. Furthermore, the heat exchangers duty increase with
temperature and S/C ratio (linearly in the case of the effect of temperature)
(Figure 3.6b).

In Figure 3.6 it is observed that the temperature required for the process to be
thermoneutral (AH,=0) decreases with increasing S/C ratio. These temperature
values are different for the oxygenates studied. Figure 3.7 shows the combinations

of temperature and S/C ratio for the thermoneutral regime with each of the

102



3.1. Thermodynamic study of the effect of feed composition

oxygenates studied. The region below each curve corresponds to an exothermic

regime and the region above to an endothermic regime. An order from lower to

higher temperature can be established for the thermoneutral regime according to

the functional groups in the oxygenates, acids < ketones < phenols < aldehydes

< saccharides. The higher temperature for hydroxyacetaldehyde with respect to

acetaldehyde, for acetol with respect to acetone, or to a lesser extent when

comparing the results for phenol and catechol, can be attributed to the additional

presence of an -OH group, which significantly enlarges the exothermic regime.
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Figure 3.6. Effect of temperature on the heat of reaction (a) and on the heat exchangers
duty (b), in the SR of guaiacol for different values of S/C ratio.
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The aforementioned results show that the conditions (temperature and S/C ratio)
that maximise Ha production clearly correspond to endothermic regime. Figure
3.8 compares the effect of the S/C ratio on the reaction heat (AH;) (Figure 3.8a
and Figure 3.8b) and on the heat exchangers duty (AHug) (Figure 3.8c and Figure
3.8d) for the SR of the different oxygenates. The results correspond to the
temperatures that maximise the Hs yield. It is observed that the type of functional
group influences the AH;, which increases with increasing number of C atoms in
the oxygenate and is lower with the presence of an OH group (compare acetone

and acetol, acetaldehyde and hydroxyacetaldehyde, as well as phenol and

catechol).
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Figure 3.8. Comparison for different oxygenates of the effect of the S/C ratio on the
heat of reaction (a, b) and on the heat exchangers duty (c, d). The temperature for each
S/C ratio corresponds to the required for reaching maximum Hs yield.
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3.1. Thermodynamic study of the effect of feed composition

The value of AHur increases linearly with the number of C atoms as shown in
Figure 3.9, but is practically independent of the type of functional groups in the
oxygenate, especially for a high S/C ratio, when the duty mainly corresponds to
the heating of the water fed. As observed in Figure 3.8a and Figure 3.8b, as the
S/C ratio increases the AHr decreases asymptotically, being almost constant

above S/C ratio of 5, whereas AHpr increases linearly.
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Figure 3.9. Effect of the number of C atoms in the oxygenated compound on the heat
exchangers duty, for three different values of the S/C ratio in the feed. The temperature
for each S/C ratio corresponds to the required for reaching maximum Hs yield for each
oxygenate.

For the selection of the optimum S/C ratio, the energy requirement should be
analysed in terms of the Ha production. For that purpose, the energy efficiency
has been defined as the difference between the energy contained in the H»
obtained from 1 mole of oxygenate reformed (considering 241.8 kJ/moluz, [318])
to the total heat duty, and these values have been plotted as a function of S/C
ratio (Figure 3.10). As observed, the maximum energy efficiency corresponds to
S/C ratio between 1.5 and 2, depending on the oxygenate. According to Egs. (3.1)
and (3.4), at these S/C ratios, the maximum H> yields for the different
oxygenates, and their corresponding CO yields, were between 66-80 % and 35-77
%, respectively, and the corresponding Ha/CO molar ratios were between 1.9-4.6,
which could be suitable for using the product stream as syngas. But if the target

is obtaining a high purity Ha2 stream, a higher S/C ratio should be used. As shown
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Chapter 3. Role of individual oxygenates in the steam reforming of bio-oil

in Figure 3.10, for all compounds the energy efficiency is positive (the energy
contained in the Ha formed exceeds the total heat duty required for obtaining it)
for S/C ratio values below the range 5-8 (depending on the oxygenated
compound). Based on these results, S/C ratio of 5 can be selected as a suitable
compromise for the set of oxygenated compounds studied, in order to obtain high
Hs yield (above 90 %) while maintaining a positive value of the difference between
the energy contained in the Hs produced and the total heat duty necessary to
produce it. Moreover, with this S/C ratio the deposition of coke is negligible. This
result is important to achieve the stability of the catalyst, which determines the
viability of this reaction. In these conditions, the AH, is a small fraction (in the
4-23 % range for S/C ratio of 5 and 2-11 % for S/C ratio of 12) of the total

energy requirement for SR of the different oxygenates studied.
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Figure 3.10. Evolution with the S/C molar ratio of the difference between the energy
contained in the Ha formed and total heat duty required to obtain it in the SR of each
oxygenated compound.

When the values of the reaction heat in Figure 3.8a and Figure 3.8b are compared
with the composition of the corresponding oxygenate, it is observed that, overall,
AH; increases with the number of C atoms and also with the number of H atoms,
but it decreases with increasing O atoms. Consequently, a linear relationship
between the reaction heat and the corresponding values of (C+H-O) can be

stablished, as shown in Figure 3.11 for a S/C ratio of 5 as an example (the same
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3.1. Thermodynamic study of the effect of feed composition

trend is obtained for other S/C ratios). Quite a good linear fitting is obtained for
most of the compounds, with the following exceptions. On the one hand, the AH,
for mannose is too low, but this could be explained because this compound does
not vaporize but decomposes at reforming temperature. On the other, the
compounds with —OH functionality lay below the overall general trend, as

commented in Figure 3.7.
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Figure 3.11. Dependence of the reaction heat with the atomic composition of the
oxygenated compound.

3.1.3. Dilution of the feed with N

The effect of inert gas (N2) addition upon the product yields and duty
requirements has been studied in the SR of hydroxyacetaldehyde and guaiacol,
taken as examples. The information obtained is important to evaluate the
possibility of performing the OSR with air instead of Oz, and also for the in-line
SR of the stream of oxygenates (diluted in N2) formed in the fast pyrolysis of
biomass [319]. The results shown in Figure 3.12 (products yield) correspond to
two values of S/C ratio, 1.5 and 5, and at 630 °C. This temperature is adequate
to maximise the Hz yield with a S/C ratio of 5 (Table 3.1).

The changes observed in the equilibrium composition depend on the temperature
and the S/C ratio, being greater at low temperature and low S/C ratio. For the
S/C ratio of 1.5, the addition of N3 in the feed leads to a slight increase in the Ha
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Chapter 3. Role of individual oxygenates in the steam reforming of bio-oil

and CO yields, whereas the CHy yield decreases and that of CO2 remains almost
constant. The excess of water in the reaction medium (S/C ratio of 5) attenuates
these effects. These results are explained because the presence of inert favours the
reactions that take place with an increase in the number of moles, such as the SR
of oxygenates and methane. Furthermore, the results are consistent with those of
the literature. Thus, in the SR of ethanol Hernandez and Kafarov [320] reported
that below 550 °C with S/C ratio of 1.5 the Ha yield even doubled for enough
high inert/(steam/ethanol) ratio, but for S/C ratio of 4.5 and above 650 °C, the
Hs yield remained unchanged with increasing inert flow rate in the feed. Similarly,
Baamran and Tahir [135] have reported no significant changes in the equilibrium
of Hs yield above 500 °C with high water dilution (95 wt% water) in the SR of
phenol.
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Figure 3.12. Effect of inert (N2) addition in the feed stream on the yield of Ha (a), CO2
(b), CO (c) and CHy (d) in the SR of hydroxyacetaldehyde and guaiacol, at 630 °C and
S/C ratios of 1.5 and 5.
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3.2. Role of individual oxygenates in deactivation by coke of a NiAloO4 derived catalyst

Similarly to that observed for Hs yield, the AH, (Figure 3.13a) increases slightly
with N addition for a low S/C ratio, with this increase being more clearly
observable in the SR of a heavy compound, such as guaiacol. Nevertheless, the
increase in the AH; is noticeably attenuated when there is a high water dilution,
so that it is hardly observable for S/C ratio of 5. Conversely, AHug values (Figure
3.13b) increase slightly with increasing molar flow rate of N2 fed, linearly and

similarly for both oxygenates, the increase being independent of the S/C ratio.
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Figure 3.13. Effect of inert (N2) addition in the feed stream on the reaction heat (a)

and heat exchangers duty (b) in the SR of hydroxyacetaldehyde and guaiacol, at 630 °C
and S/C ratios of 1.5 and 5.

Taking into account the results of this section, a slightly positive effect of the No
feed on the Hs yield is verified, without a great penalty in the energy requirements

of the reaction and in the previous heating of the feed.

3.2. ROLE OF INDIVIDUAL OXYGENATES IN DEACTIVATION
BY COKE OF A NiAl,O4 DERIVED CATALYST

In this section, the influence of oxygenates composition in bio-oil on the
deactivation by coke of a Ni/Al2O3 catalyst derived from NiAlzO4 spinel has been
approached by studying the SR of a wide range of model oxygenates with different
functionalities, including acetic acid, acetone, ethanol, acetaldehyde, acetol,

catechol, guaiacol and levoglucosan. The conditions selected for this study
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Chapter 3. Role of individual oxygenates in the steam reforming of bio-oil

(gathered in Table 2.10), with low values of space time, allow to observe a

significant deactivation in a short reaction time.

3.2.1. Effect of feed composition on catalyst performance

In order to assess the catalyst activity, selectivity and stability for the different
feeds studied, the evolution with TOS of carbon conversion and yield of Hs at

600 and 700 °C is shown in Figure 3.14 for each oxygenated compound.

At 600 °C, the initial Hs yield (fresh catalyst) varies between 42 % (for acetone,
Figure 3.14e) and 61 % (for acetaldehyde, Figure 3.14b), with similar values (near
50 %) for the rest of oxygenates, thus evidencing similar reactivity at this
temperature. The increase in temperature up to 700 °C enhances the carbon
conversion and Hz yield at zero time on stream in the SR of all oxygenates, with
this increase being more significant for acetaldehyde, ethanol and acetol (almost
100 % conversion), and also for acetic acid and catechol (around 93 % conversion).
However, it is less noticeable for the guaiacol+ethanol mixture, acetone and
levoglucosan, thus evidencing the lower reactivity towards SR reactions at high
temperature of the latter oxygenates. The low increase with temperature of the
carbon conversion for the guaiacol+ethanol mixture (Figure 3.14g), compared to
that obtained with ethanol (Figure 3.14c), gives evidence of a low effect of
temperature for guaiacol, whose reactivity for SR reactions is noticeably lower
than that of ethanol, acetic acid, acetaldehyde, acetol and catechol. Moreover,
the initial Hz yield in the SR of ethanol at 700 °C (70 %) is lower than that
obtained with the other oxygenates (around 80 %), in spite of its high carbon
conversion (100 %). This result reveals the higher selectivity of the catalyst for
H> forming reactions (steam reforming and WGS) in the SR of acetic acid, acetol
and acetaldehyde compared to ethanol, whose reforming produces significant CHy
formation. The high H» yield (80 %) obtained in the SR of levoglucosan at 700
°C, in spite of its non-complete carbon conversion, should be attributed to the
high S/C ratio used in the SR of this oxygenate (6), that significantly promotes
WGS reaction.
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Regarding the stability of the catalyst, overall, the conversion and Hsz yield remain
constant or even increase (for acetic acid (Figure 3.14a), acetol (Figure 3.14d)
and catechol (Figure 3.14f)) at 600 °C and slightly decrease with TOS at 700 °C
in the SR of all the studied oxygenates, except for guaiacol4-ethanol mixture. The
increase in conversion and Hs yield with TOS can be explained by the formation
of a remarkable amount of filamentous coke (as shown later), which leads to an
improved Ni dispersion and better accessibility of reactants due to the tip-growth
mechanism of carbon filaments [260]. Conversely, in the SR of the
guaiacol+ethanol mixture (Figure 3.14g) there is a fast decrease in conversion
and Has yield at both 600 and 700 °C, until the values corresponding to the thermal
reaction routes (in the absence of catalyst) are reached. Therefore, this result
evidences a much faster deactivation rate of the catalyst in the SR of this mixture

than for the rest of the oxygenates studied.

3.2.2. Characterization of used catalyst samples

In order to identify the causes responsible for the deactivation of Ni/Al2O3
catalyst derived from NiAl»Oq spinel, and to better understand its deactivation
behaviour in the SR of the different oxygenates, a thorough characterization of
the used catalyst samples has been performed using complementary techniques,
including TPO, N2 adsorption-desorption, XRD, SEM and TEM images and
Raman spectroscopy. These techniques have allowed determining the amount,
nature, morphology and structure of the coke deposited on the catalyst, as well
as the changes in the metal sites and porous structure of the catalyst. It should
be noted that Ni oxidation was ruled out as deactivation cause, because previous
studies with this catalyst showed that there were no significant reduction peaks
in the Ha-TPR profiles of selected catalyst samples used in the SR [96] and OSR
[303] of bio-oil, due to the highly reducing environment in the reforming reaction,
with a high Ho content. The results of the rest of characterization techniques are

presented in the following sections.
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3.2.2.1. Results of TPO analysis

Figure 3.15 and Figure 3.16 show the TPO profiles of the catalyst samples used

in the SR of the oxygenates at different temperatures, which provide information

on the total content of coke deposited (estimated from the total area under the

TPO profiles, shown in Figure 3.17), and also provide qualitative information on

the nature and/or location of the coke in the catalyst structure [321].
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The size and location of combustion peaks in Figure 3.15 and Figure 3.16 evidence

differences in the amount and nature of coke deposited with the different
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oxygenates and at different temperature. Noticeably, in the TPO profiles there is
apparently a unique combustion peak, with maximum in the 500-550 °C range
for the SR at 600 °C. This maximum shifts towards higher combustion
temperature for the catalyst used in the SR at 700 °C, which suggests that the
coke evolves into a more condensed and graphitic-like structure, with lower H/C
ratio, and therefore, a higher combustion temperature is required [321]. A
shoulder burning at low temperature is also observed in the TPO profiles for the
samples used at 600 °C with catechol and guaiacol+ethanol, which is more
noticeable for the latter, but is not observed in the SR of the non-phenolic
oxygenates (Figure 3.15). This result confirms the previously reported relevant
role of phenolic compounds as precursors of the coke burning at low temperature
(located near metal sites, causing its partial or total encapsulation), deposited in
the SR of bio-oil over this catalyst [94]. Taking into account the similar amount
of this coke type deposited for catechol and for the mixture (guaiacol+ethanol),
with only 50 wt% of guaiacol, it can be concluded that the latter is more prone

to its formation.

The coke content (Figure 3.17) notably decreases with reforming temperature in
the SR of non-phenolic compounds, but, conversely, it increases in the SR of
phenolic compounds (catechol and guaiacol), which suggests a different
mechanism of coke formation and evolution for the two groups of compounds. At
600 °C, the amount of coke follows the order: ethanol > acetone > acetic acid =
catechol > guaiacol+ethanol > acetaldehyde = acetol > levoglucosan, whereas at
700 °C the order is guaiacol+ethanol > catechol >> acetone > ethanol > acetic

acid > acetaldehyde > acetol > levoglucosan.

Comparing the results of Figure 3.17 with the deactivation results (Figure 3.14),
it is noteworthy that there is no direct relationship between the amount of coke
and the deactivation rate. This result has also been reported in previous works
on oxygenates reforming [142, 145, 255, 260, 267, 268| and is explained by the
fact that other characteristics of the coke (morphology, structure and location)
have a greater impact on deactivation than its content. In addition, it is observed

that with similar TPO profiles in terms of peak position (as in the case of coke
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for the SR of guaiacol+ethanol and catechol at 600 °C) the deactivation rate is
different (much faster in the SR of guaiacol+ethanol). Consequently, although
the TPO profile of the coke provides valuable qualitative information on the level
of condensation and heterogeneity of the coke, to understand the deactivation of
the catalyst it is necessary to complete the information on the coke with other
characterization techniques of the used catalyst, which will be shown in

subsequent sections.

1600
3 mm 600 °C
% 1200 |- 3 700 °C
ey
5
£ 800
Q
9]
2 400 |-
Q
0
0

AA AD E AT A C G+E L

Figure 3.17. Comparison of coke content (wt%) deposited on Ni/Al2O3 catalyst in SR
of oxygenates at 600 and 700 °C. AA= acetic acid; AD=acetaldehyde; E=ethanol;
AT=acetol; A=acetone; C=catechol; (G+E)=guiaiacol+ethanol; L=levoglucosan.

3.2.2.2. Physical properties of used catalysts

The textural properties of fresh-reduced and used catalyst samples (BET surface
area, pore volume and average pore diameter) have been determined by means of
N> adsorption-desorption and are displayed in Table 3.2. The N2 adsorption-
desorption isotherms and BJH pore volume distribution of used Ni/Al2O3 catalyst
samples are shown in Figure 3.18. All the samples have isotherm of type IV
according to the TUPAC classification, which is associated with capillary
condensation taking place in mesopores. The isotherm of fresh-reduced catalyst
(Figure 2.5a) presents a hysteresis of the type H2, attributed to a difference in
mechanism between condensation and evaporation processes occurring in pores
with narrow necks and wide bodies (often referred to as 'ink bottle' pores).

Conversely, a H3-type hysteresis cycle is observed for most of the isotherms of
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catalyst samples used in SR of pure oxygenated compounds, which does not
exhibit any limiting adsorption at high P /Py, and is associated to aggregated of
plate-like particles giving rise to slit-shaped pores [300].
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Overall, the shape of the isotherms in Figure 3.18 for used catalyst samples does
not change with SR temperature, but there are significant differences in the values
of textural properties (BET surface area, pore volume and average pore diameter,
gathered in Table 3.2).

Table 3.2. Physical properties of the catalyst used in the SR of oxygenates and of fresh-
reduced catalyst.

Catalyst SBET, Voore, dpore
m?/g cm3/g | (BJH), nm
Fresh-reduced 65.1 0.23 13.1
AA-600 224 0.24 6.8
AA-700 125 0.34 13.4
AD-600 215 0.27 7.8
AD-700 70 0.25 13.9
E-600 266 0.44 11.1
E-700 152 0.34 10.9
AT-600 201 0.28 8.5
AT-700 65 0.23 15.7
A-600 199 0.27 8.7
A-700 139 0.27 10.1
C-600 147 0.46 19
C-700 198 0.33 9.2
G+E-600 85 0.25 19.7
G+E-700 77 0.14 8.7
L-700 64 0.24 15.0

In the region of low partial pressures (P/Po = 0), the volume adsorbed in samples
of catalyst used in the SR of aliphatic oxygenates and catechol at 600 °C increases
noticeably due to the high BET surface area of these samples (which is more than
double that of the fresh-reduced catalyst). This result can be explained by the
deposition of porous carbon structures, such as carbon filaments (in agreement

with the SEM images shown later, in Figure 3.22 and Figure 3.23), and is
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consistent with the high stability observed in the SR at 600 °C of these
oxygenates. In the samples of catalyst used at 700 °C and with the lowest values
of coke deposition (SR of acetaldehyde, acetol and levoglucosan), the physical
properties resemble those of the fresh catalyst. On the other hand, the
significantly lower total volume adsorbed at high pressures (P/Po = 1) in the
catalyst sample used in the SR of (guaiacol+ethanol) mixture at 700 °C (Figure
3.18m) evidences the partial blockage of the mesopores, thus causing a decrease
in BET surface area and pore volume (in spite of a high presence of carbon
filaments). This partial blockage of the porous structure would contribute to a
rapid deactivation, as observed in the SR at 700 °C of this feed (Figure 3.14g).

3.2.2.3. Metallic and structural properties of used catalysts

The XRD analysis was carried out to analyse the crystalline structure of the
catalyst and of the coke, and also to determine the average size after reaction of
Ni metal crystals, by means of Debye-Scherrer equation, at 20 =51.8 ° (Ni (200)
plane). Figure 3.19 shows the XRD diffractograms of catalyst samples used in the
SR of oxygenates at 600 °C (a) and at 700 °C (b).

In the fresh-reduced catalyst (Figure 2.8a) peaks corresponding to Ni? (diffraction
angle at 44.6° in (111) plane, 51.8° in (200) plane and 76.3° in (110) plane, PDF
04-010-6148) and AlO3 (37.5°, 45.9° and 66.3°, PDF 04-005-4662) have been
identified. The same diffraction peaks are observed in the used catalysts.
Therefore, the presence of NiO is not detected, in agreement with the previous
assumption of ruling out Ni oxidation as a deactivation cause, which corroborates
the high reducing capacity of the reaction medium to keep the active metal in a

reduced state.

Moreover, the XRD pattern of most of the used catalyst samples shows the
presence of a broad peak at a diffraction angle 20 = 26°, which corresponds to
high crystallinity cokes (graphite carbon), a characteristic peak usually identified
in catalysts used in the steam reforming of pure oxygenated compounds (or some
mixtures), such as ethanol [259], acetone [128] or acetic acid [322]. The intensity

of this peak is in a reasonable agreement with carbon amounts (Figure 3.17).
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Thus, its intensity is high for all the samples used at 600 °C, except for
levoglucosan, and for the samples used at 700 °C with phenolic compounds or
acetone in the feed, but it is not observed at this temperature for levoglucosan,
acetaldehyde and acetol, due to their low coke content (< 3 %). Nevertheless,
there is not a linear relationship between the intensity of this peak and the
amount of coke, which is consequence of differences in the crystallinity level of

the different coke deposits.
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Figure 3.19. XRD patterns of Ni/AlO3 catalyst samples used in the SR of oxygenates
at 600 °C (a) and 700 °C (b).

The calculated average Ni? particle size for this batch of fresh-reduced catalyst is
13 nm. In the used catalyst samples, the measurement of metal crystal size from
XRD diffractograms is hindered when the coke content is high (as it masks the
Ni® diffraction peaks). Therefore, the calculation is only possible with low-
moderate coke contents (below 120 wt%). For the used catalyst samples with low
coke content, the Ni° crystal size is between 9-12 nm (even lower than for the
fresh Ni/AlO3 catalyst), except for the SR of levoglucosan, which slightly

increases (17 nm). This moderate sintering of Ni crystals could be responsible for
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the moderate deactivation rate observed in the SR of levoglucosan (Figure 3.14h),

despite the low coke content deposited in these experiments (Figure 3.17).

3.2.2.4. Morphology and location of coke

Figure 3.20 and Figure 3.21 show BSE-SEM images for the used catalyst in the
SR of oxygenates at 600 and 700 °C, respectively. The BSE-SEM images allow
determining the presence of some type of elements on the external surface of the
particles based on the brightness intensity [255|. In contrast to the high brightness
intensity of the fresh-reduced catalyst (Figure 2.11a), indicating the presence of
heavy elements (Ni and Al) that constitute the catalyst phases, the particles of
the used catalyst samples are generally homogeneous and exhibit a low brightness
intensity (dark appearance), which indicates the predominant presence of coke
on the external surface of the particles. However, the catalyst used in the SR of
levoglucosan at 700 °C (Figure 3.21h) shows a homogeneous high brightness
intensity, similar to that of the fresh catalyst, which confirms the very low coke
deposition observed in the TPO results. On the other hand, the catalyst used in
the SR of acetaldehyde at 700 °C (Figure 3.21b) shows heterogeneous particles,
some with high brightness intensity and others with a dark appearance, which is

indicative of the heterogeneous coke deposition.
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Figure 3.20. BSE-SEM images of Ni/AloO3 catalyst samples used in the SR of acetic
acid (a), acetaldehyde (b), ethanol (c), acetol (d), acetone (e), catechol (f),
guaiacol+ethanol (g) and levoglucosan (h) at 600 °C.
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53400 15 0kV 10.1mm x100

Figure 3.21. BSE-SEM images of Ni/AloO3 catalyst samples used in the SR of acetic
acid (a), acetaldehyde (b), ethanol (c), acetol (d), acetone (e), catechol (f),
guaiacol+ethanol (g) and levoglucosan (h) at 700 °C.
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Additionally, these images also show differences in the particle shapes and
textures that can be correlated with the coke content (Figure 3.17). The particle
shape of the used catalysts is similar to that of the fresh-reduced catalyst when
the coke content is low (< 20 wt%, SR of levoglucosan at 600 °C (Figure 3.20h)
and acetaldehyde, acetol and levoglucosan at 700 °C (Figure 3.21b, Figure 3.21d
and Figure 3.21h, respectively)), being irregular with a smooth surface and sizes
in between 150 and 250 pm (original catalyst particle size). When the coke
content is moderately high (between 20-120 wt%, in the SR of acetic acid, ethanol
and acetone at 700 °C (Figure 3.21a, Figure 3.21c and Figure 3.21e, respectively)),
the particle texture of the used catalyst sample changes to a rough surface keeping
the original catalyst particle size. In particular, the catalyst used in the SR of
acetic acid at 700 °C (Figure 3.21a) shows bare catalyst particles with fragments
of coke shells, evidencing the low mechanical strength of the superficial coke
shells. When the coke content is high (> 200 wt%), the particles of the used
catalysts (rest of the experiments) have a rough surface and are remarkably
smaller than the original catalyst particle size, which may indicate a collapse of

the catalyst particles due to the excessive coke growth.

Figure 3.22 and Figure 3.23 show the SE-SEM images of the used catalyst
surfaces. In general, at 600 °C (Figure 3.22), the images show the formation of
carbon filaments from all the model compounds with different characteristics
(heterogeneous in size and texture). In particular, the carbon filaments from SR
of ethanol (Figure 3.22c) show a rough surface, indicating the growth/deposition
of carbon along the filaments. Additionally, the formation of an amorphous
carbon phase is observed in the catalyst used in the SR of guaiacol+ethanol
(Figure 3.22g), and in comparison with the catalyst used in the SR of ethanol
(Figure 3.22¢), this carbon phase is inferred to be formed from guaiacol. At 700
°C (Figure 3.23), the SE-SEM images clearly show the predominant formation of
carbon filaments from acetic acid, acetaldehyde, ethanol, acetone and catechol.
The aforementioned peculiar feature of the carbon filaments from ethanol is
highly noticeable at this temperature (Figure 3.23c), indicating that the
growth /deposition of carbon along the filaments is favoured. A second carbon

phase in between the filaments is observed in the SR of guaiacol+ethanol (Figure
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3.23g), probably due to the formation of pyrolytic carbon from guaiacol (as
explained in discussion section) which is more predominant on some regions of
the catalyst surface (Figure B.10). On the other hand, the surface of the used
catalysts with low coke content (SR of acetol and levoglucosan, Figure 3.23d and
Figure 3.23h, respectively) resembles that of the fresh catalyst, which confirms

no significant coke deposition.

To study the location of coke on the catalyst surface, Figure 3.24 shows contrasts
of BSE-SEM and SE-SEM images for selected used catalyst samples. In the used
catalyst with carbon filaments, Ni crystals are often visualized on the tip of the
filaments, but not for all the cases. Interestingly, for the catalyst used in the SR
of acetic acid at 600 °C (Figure 3.24c), a large filament was captured showing
various Ni crystals along it, which indicates that various Ni crystals may be
involved in the growth of large filaments. To complement these observations,
selected used catalyst samples were also analysed using TEM, and the images
(Figure 3.25 and Figure 3.26) evidence the formation of hollow carbon filaments
(carbon nanotubes) with thick walls (probably multiwall carbon nanotubes,
MWCNT) and the presence of Ni crystals on the tip of or along the filaments
with no evidence of sintering. Particularly, the catalysts used in the SR of
guaiacol+-ethanol at 600 and 700 °C (Figure 3.25) showed two carbon phases
(amorphous and filaments). The presence of Ni crystals on the tip of the filaments
is an expected observation based on the tip growth mechanism commonly
described for the formation of carbon filaments on different Ni catalysts used in
the SR of oxygenates [260-262, 323|. It also explains the catalyst stability
observed in the experiments for the SR of acetic acid, acetaldehyde, ethanol,
acetol, acetone, catechol and levoglucosan (Figure 3.14) in spite of the high
content of filaments, because Ni crystals are exposed and accessible for the
reactants. However, the rapid catalyst deactivation observed for the SR of
guaiacol+ethanol in Figure 3.14g is associated to the formation of a second carbon
phase at 600 and 700 °C, which is also observed in the SR of raw bio-oil [96, 266].
This carbon phase is formed from guaiacol and has an amorphous nature at 600
°C and a pyrolytic nature at 700 °C based on the coke combustion characteristics

(Figure 3.16a and Figure 3.16b, respectively).
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800nm

h

Figure 3.22. SE-SEM images of Ni/Al2O3 catalyst samples used in the SR of acetic acid

(a), acetaldehyde (b), ethanol (c), acetol (d), acetone (e), catechol (f), guaiacol4ethanol
(g) and levoglucosan (h) at 600 °C.
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Figure 3.23. SE-SEM images of Ni/AlO3 catalyst samples used in the SR of acetic acid
(a), acetaldehyde (b), ethanol (c), acetol (d), acetone (e), catechol (f), guaiacol+ethanol
(g) and levoglucosan (h) at 700 °C.
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Figure 3.24. SE-SEM (a, c, e, g, i, k) and BSE-SEM (b, d, {, h, j, 1) images of Ni/AlO3
catalyst samples used in the SR of acetic acid (a-f) at 600 °C (a~-d) and 700 °C (e, f) and
guaiacol+ethanol (g-1) at 600 °C (g-j) and 700 °C (k, 1).
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Figure 3.24. Continued.

Figure 3.25. TEM images of Ni/AlxO3 catalyst samples used in the SR of
guaiacol+ethanol at 600 °C (a-c) and 700 °C (d).
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Figure 3.26. TEM images of Ni/Al;O3 catalyst samples used in the SR of catechol (a-c)
and acetone (d-f) at 600 °C.
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3.2.2.5. Structural properties of coke

Figure 3.27 shows the Raman spectra of selected used catalyst samples to further
study the structural properties of coke. All the samples show the typical D
(corresponding to sp? hybridized carbons in aromatic rings, at ~1343 cm™) and G
(corresponding to sp? hybridized carbons in aromatic rings and olefins, at ~1589
cm?') bands as commonly found for various carbon structures, and the
corresponding second-order bands in the 2500-3500 cm™! region (Figure B.11) [96,
324, 325]. At 600 °C, the G and D bands have similar features for all the used
catalyst samples (SR of ethanol, acetol, guaiacol+ethanol and levoglucosan) with
noticeable different intensities for the D band. The intensity ratio between the D
and G band (Ip/Ic) determined from deconvolution (procedure described in
Annexes and results summarised in Table 3.3) is notoriously higher for the coke
formed from the SR of ethanol, and consecutively decreases for the coke
corresponding to acetol, levoglucosan and guaiacol+ethanol. At 700 °C, the D
and G band features are significantly different. Thus, the coke formed from
ethanol has narrow D and G bands, the G band has a shoulder at 1605 cm™! and
noticeable higher Ip/Ig ratio. The spectra of the coke formed from levoglucosan
present a high noise level, which is coherent with the low coke content determined
from the TPO analysis.
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Figure 3.27. Raman spectra of Ni/Al2O3 catalyst samples used in the SR of ethanol,
acetol, guaiacol+ethanol and levoglucosan at 600 °C (a) and 700 °C (b).
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Moreover, the Raman spectra mostly correspond to carbon nanotubes (CNT)
with different structural qualities, in coherency with the results of SEM and TEM
analyses, which revealed the presence of CNT in the catalyst samples used in the
SR of ethanol, acetol, guaiacol+ethanol and levoglucosan at 600 °C and ethanol
and guaiacol4-ethanol at 700 °C. The spectrum for ethanol at 700 °C is very close
to that of MWCNT, exhibiting dominant narrow D and G bands [326-328|. The
intensity ratio between the D3 (assigned to amorphous carbon) and G bands
(Ip3/Ic) (listed in Table 3.3) provides an indicator for measuring the quality of
carbon nanotubes [327], indicating that those formed from ethanol at 700 °C
would have the highest purity having the lowest Ips/Ig ratio (0.06).

Table 3.3. Raman spectra deconvolution results of the coke deposited on used catalysts.

Catalyst | FWHMp | FWHMp; | FWHMc | Ip/Ig | Ips/lg
E-600 95.0 143 63.0 1.1 0.20
E-700 58.0 65.0 45.0 1.7 0.06

AT-600 110 138 59.0 0.98 0.21
AT-700 95.0 138 53.0 1.0 0.20

G+E-600 96.0 167 75.0 0.71 0.18

G+E-700 97.0 137 56.0 0.81 0.16
L-600 147 142 57.0 0.82 0.21
L-700 138 148 53.0 0.75 0.20

It is also observed that the Raman spectra for the catalyst samples used in the
SR of guaiacol+-ethanol at 600 and 700 °C is typical of carbon structures with
different degree of order [329|, which is in agreement with the formation and
deposition of a second carbon phase between the filaments. This result is in
agreement with the BSE-SEM (Figure 3.21g) and SE-SEM (Figure 3.23g) images
discussed above. Based on the Ip/Ig ratio, being higher at 700 °C than at 600 °C,
the second carbon phase is predominantly amorphous with ordered domains
below 2 nm, but it is more structured at 700 °C, which is consistent with the
higher combustion temperature observed in the TPO analysis (Figure 3.16b).

This relationship between TPO and Raman spectroscopic analyses has been also
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observed for this catalyst sample used in the SR of raw bio-oil [96], evidencing
the formation of carbon filaments and amorphous carbon with different degree of
order, which indicates an analogy between coke deposition in the SR of guaiacol

and raw bio-oil.

3.2.3. Discussion

The deactivation of the catalyst in the SR of oxygenates can be explained by the
steps in Figure 3.28, where the nature of the coke is key.

nature of the ketones, carboxylic acids, alcohols,
oxygenate feed aldehydes, phenols, polysaccharides

% nature and (TPO, XRD, SEM and TEM images, RAMAN)
location of coke

%A cﬁc(;tlifrsltozitcigggfes (N, adsorption-desorption, TPR, XRD)

% DEACTIVATION

phenols (mainly guaiacol) responsible

Figure 3.28. Effect of the oxygenate nature on the deactivation of Ni/AlxO3 catalyst in
the SR of oxygenates.

3.2.3.1. Coke as the main cause of deactivation

The characterization of used catalyst samples (amount and morphology of coke
deposits, sections 3.2.2.1, 3.2.2.4 and 3.2.2.5, as well as physical, metallic and
textural properties, section 3.2.2.2 and 3.2.2.3) has allowed establishing the
deactivation causes of the Ni/Al2O3 catalyst derived from NiAloOy4 spinel in the
SR of the different oxygenates. Firstly, Ni oxidation has been ruled out as a
deactivation cause, due to the absence of NiOx diffraction peaks (XRD
measurements) in all the used catalyst samples, which is coherent with the highly
reducing atmosphere along the SR reactions, and is in agreement with the results

reported for the SR of raw bio-oil [96]. Secondly, Ni sintering does not appear to
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be a relevant cause of deactivation of this catalyst, since it is not observed a
significant increase in the average Ni? crystal size, except for SR of levoglucosan,
where a slight deactivation is observed (Figure 3.14h). Nevertheless, a similar
moderate Ni sintering has been reported in the SR of raw bio-oil at 700 °C with
this catalyst [96], which does not explain the rapid deactivation for this reaction.
Consequently, the main cause of the rapid deactivation of Ni/Al2O3 catalyst in
the SR of bio-oil and of the guaiacol+ethanol mixture must be attributed to coke

deposition.

3.2.3.2. Relevance of coke nature in deactivation

By relating the results of TPO analysis and SEM images of the used samples
(sections 3.2.2.1 and 3.2.2.4) to the deactivation rate of the catalysts, it has
become clear that deactivation is directly related to the nature of the coke, in
agreement with previous results in literature for different catalysts [142, 145, 255,
260, 267, 268]. Thus, a large amount of filamentous coke is deposited in the SR
of most of the pure oxygenates studied (especially at 600 °C), but it does not
cause a significant impact on the activity of the catalyst. The increase in Sger
(Table 3.2) and the BSE-SEM images (Figure 3.20 and Figure 3.21) for the
catalyst samples used in the SR of oxygenates (such as acetic acid, acetaldehyde,
ethanol, acetol and acetone) evidences the deposition of a porous and filamentous
coke with contents in the catalyst above 20 wt%, which does not hinder the access
of reactants to the metal sites in the reaction time studied. However, for a high
time on stream, it can create a slight plug on pores or it may grow as clumps of
entangled filaments that encapsulate metal particles [255], which can originate a
decrease in activity as that observed at high reaction time in the SR of ethanol
(Figure 3.14c).

The low values of Sper in the catalyst used in SR of guaiacol+ethanol (only
slightly higher than those of the fresh-reduced catalyst) are explained by the
formation of both i) filamentous coke that is probably stacked on the surface of
the catalyst and causes an increase in BET surface area (with high contribution

of ethanol to the formation of this type of coke) and ii) an amorphous carbon

134



3.2. Role of individual oxygenates in deactivation by coke of a NiAloO4 derived catalyst

phase between the carbon filaments, probably due to the formation of pyrolytic
carbon from guaiacol, which is promoted at high temperature, and that clogs the
porous structure and contributes to the rapid deactivation observed for the
mixture (guaiacol+ethanol) (Figure 3.14g). This formation of pyrolytic coke by

repolymerization of phenols in bio-oil is well established in the literature [164].

According to the literature, the importance of the properties of the catalyst in
the nature of the coke should be pointed out. Thus, Zhang et al. [142], observed
the prevalent formation of amorphous coke from guaiacol on Ni/Al2O3 catalyst,

whereas carbon nanotubes are preferentially formed on Ni/SBA-15 catalyst.

3.2.3.3. Role of different oxygenates in deactivation

Due to the filamentous nature of coke, the catalyst stability is high in the SR of
non-phenolic oxygenates, (Figure 3.14a-Figure 3.14e), as well as in the SR of
catechol (Figure 3.14f) and levoglucosan (Figure 3.14h). Conversely, the catalyst
is completely deactivated after 300 min reaction in the SR of the
guaiacol+ethanol mixture at both temperatures studied. Taking into account the
high stability observed in the SR of ethanol (Figure 3.14c), it can be concluded
that guaiacol is the responsible for the rapid catalyst deactivation observed in

Figure 3.14g.

The origin of long and heterogeneous carbon filaments in the SR of aliphatic
oxygenates (Figure 3.22 and Figure 3.23) can be attributed to the reaction of CO
(Boudouard reaction, Eq. (1.21)) and CH4 decomposition (Eq. (1.20)) [259, 330,
331]. As CHy4 decomposition is favoured above 750 °C, in the conditions of this
study the main origin of this coke is probably the exothermic Boudouard reaction,
whose extent is favoured at lower temperature. Moreover, in the SR of ethanol
at 600 °C with the same catalyst, the contribution to the formation of filamentous
coke by the route of dehydration to ethylene over the acid sites of the Al2O3
support followed by the ethylene decomposition on the Ni-Al2O3 interface has
been proved [132]. Also, acetone is an important precursor of filamentous coke
[103, 111], which can explain the higher amount of coke deposited in the SR of

acetone than in the SR of acetic acid, acetaldehyde or acetol.
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The formation of filamentous coke is also significant in the SR of the phenolic
compounds, as revealed by SEM images (Figure 3.22f, Figure 3.22g, Figure 3.23f
and Figure 3.23g) and the high combustion peak located at high temperature in
the TPO profiles (Figure 3.16). But differently to the SR of aliphatic oxygenates,
the presence of a small coke fraction burning at low temperature (amorphous and
encapsulating coke) is observed in the SR at 600 °C of catechol and more
notoriously in the SR of the guaiacol+ethanol mixture (Figure 3.16a). For this
latter feed, the formation of this amorphous carbon phase could explain the lower
amount of filamentous coke deposited at this temperature (Figure 3.22g)
compared to the SR of ethanol (Figure 3.22c). Thus, the formation of
encapsulating coke on metal sites hinders the mechanisms of filamentous coke
formation, which requires diffusion of C species through Ni metal particles, their
precipitation on the base of the Ni crystallite and the formation of a carbon

filament growing in size [259, 332].

3.2.3.4. Effect of temperature

The difference in the results of coke amount at 600 and 700 °C can be explained
by the effect of temperature on the reactions involved in their formation (mainly
Boudouard reaction, Eq. (1.21) and polymerization reactions) and their
elimination (gasification reaction, Eq. (1.22)). Thus, the polymerization and
gasification reactions are favoured with the increase in temperature, whereas the
Boudouard reaction is disfavoured. Consequently, the increase in the reaction rate
of gasification and the lower extent of Boudouard reaction explain the sharp
reduction of coke amount on the catalyst observed in the SR of aliphatic
oxygenates at 700 °C [333]. Nevertheless, in the SR of phenolic oxygenates the
coke amount is higher at 700 °C, especially for the guaiacol+ethanol mixture,
because guaiacol polymerization (with pyrolytic carbon formation, Figure 3.23g)
is favoured to a greater extent than gasification. A similar result was previously

reported for other heavy oxygenates like glucose and m-xylene {103, 311].

This effect of temperature on coke formation is very important in the reforming

of levoglucosan, where the coke amount is 16.7 wt% at 600 °C and 0.5 wt% at
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700 °C. Considering the ease of cracking of this oxygenate [334], it can be
understood that the increase in the cracking rate favours the SR of the
intermediates to a greater extent than their polymerization, which explains the

low coke deposition.

3.2.3.5. Comparison with deactivation in the SR of raw bio-oil

In a previous study of the deactivation of the same NiAl2O4 spinel derived catalyst
in the SR of raw bio-oil [96] was found that the coke is mainly constituted of
short and heterogeneous filaments, representing much lower amounts than those
formed in this Thesis from aliphatic oxygenates, being remarkable the presence
of amorphous and encapsulating coke. Based on the results of the present Thesis,
the formation of this coke may be attributed to the high content of guaiacols and
catechols and heavier phenolic compounds in raw bio-oil, whose polymerization
significantly inhibits the mechanisms of formation of abundant and long carbon

filaments on the catalyst surface from aliphatic oxygenates present in bio-oil.

Consequently, the phenolic compounds have a relevant role in the deactivation
of NiAl2O4 derived catalyst during the SR of raw bio-oil. Nevertheless, the
decrease in carbon conversion [96] is faster than that observed in the SR of the
guaiacol+ethanol mixture (Figure 3.14g), which evidences the significant
contribution of other compounds in bio-oil, most probably heavier phenolic
compounds, to the deactivation of the catalyst. Moreover, a synergistic effect of
the presence of different compounds in bio-oil (with different functionalities) could
also contribute to a more rapid deactivation in the SR of bio-oil than in the SR

of each pure oxygenated compound.
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Chapter 4

SORPTION ENHANCED STEAM
REFORMING (SESR) OF RAW BIO-OIL

In this Chapter, the SESR of raw bio-oil is studied from three perspectives.
Firstly, the effect of sorbent type (dolomite or CaO/mayenite), catalyst type
(Ni/AlxO3 obtained by reduction of a NiAlxO4 spinel or Ni/CeOz prepared by
wet-impregnation) and sorbent/catalyst mass ratio (0, 4, 10 and 20) is analysed
in a packed-bed reactor. Secondly, the behaviour of packed-bed and fluidized-bed
reactors with NiAlpOs spinel derived catalyst and dolomite as sorbent is
compared. Finally, the effect of operating conditions (temperature, space time,
sorbent /catalyst mass ratio, time on stream) on the performance of the (NiAloOy4
spinel derived catalyst)/dolomite system and the reproducibility of operating in

reaction-regeneration cycles are studied.

Part of the results in this Chapter have been published in Chem. Eng. Trans.
2022, 92, 241-246, Fuel Process. Technol. 2023, 247, 107799 and Chem. Eng. J.
2023, 458, 141494.






4.1. Effect of sorbent type, catalyst support and sorbent/catalyst mass ratio

4.1. EFFECT OF SORBENT TYPE, CATALYST SUPPORT AND
SORBENT/CATALYST MASS RATIO

In this section, the SESR of raw bio-oil has been studied with two sorbents
(dolomite or CaO/mayenite, denoted Ca-M hereafter) and two Ni-based catalysts
(Ni/Al2O3 obtained by reduction of a NiAl>Oy spinel or Ni/CeO2 prepared by wet
impregnation) with different sorbent/catalyst mass ratios in order to select the
most suitable sorbent/catalyst pair and the optimum amount of sorbent and
catalyst for maximising the Hs yield and catalyst stability. For that purpose,
firstly, the effect of the sorbent type has been analysed using Ni/AlxOsz catalyst.
Secondly, the effect of the type of Ni-based catalyst was analysed comparing the
performance of Ni/AlO3 (25 wt% of Ni) and Ni/CeOz (10 wt% of Ni) catalysts
and using the sorbent selected in the previous task. A packed-bed reactor was
used in the following conditions: 600 °C; S/C ratio of 3.4 (~ 2 times the
stoichiometric value); time on stream, 5 h and space-time, 0.15 geatalyst-h/Zoxygenates
in the runs with Ni/AlxO3 catalyst. Since the two catalysts have different Ni
contents (due to the different configuration (bulk and supported) and the
different preparation method, optimised for each them), the runs with Ni/CeO2
catalyst were carried out with both the same total mass of catalyst as in the
Ni/Al2O3 runs (0.5 g, corresponding to a space time of 0.15 geatalyst-h/oxygenates)
and the same total mass of Ni in the bed (0.125 g Ni, corresponding to a space
time of 0.37 geatalyst-n/Zoxygenates). The sorbent /catalyst mass ratio (SCyr) was 10
and 20 for Ni/AlO3 catalyst and 4, 10 and 20 for Ni/CeO: catalyst. The
experiment with a SCur of 4 corresponds to 0.37 geatalyst-h/Zoxygenates (1.25 g of
catalyst and 5 g of sorbent). The lower SCur for both catalysts corresponds to

the same sorbent/Ni mass ratio of 40.

4.1.1. Conversion and products yields

4.1.1.1.Ni/Al»O3 catalyst. Comparison of the sorbent type

In order to analyse the effect of using dolomite or Ca-M as in-situ sorbent in the
reforming of raw bio-oil with Ni/AloO3 catalyst, the results obtained in the SESR
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runs have been compared with the SR run (SCur = 0) under the same conditions.
Figure 4.1 shows the product yield distribution at the beginning of the reaction
runs (COz capture or pre-saturation period in the SESR runs). The results in this
figure evidence that the presence of a sorbent significantly modifies the product
distribution and that both sorbents have different role in the SESR run.
Therefore, in the absence of sorbent (SR conditions), at the beginning of the
reaction there is almost complete bio-oil conversion and high Hs and CO3 yield,
close to the thermodynamic equilibrium [313|, with a yield of CO approximately
of 18 %, yield of CHy4 of ~ 4 % and null formation of C,Hpy.
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Figure 4.1. Effect of the SCyr ratio in the product yield distribution (Ha, CO and CHy)
in the CO2 capture period using dolomite or Ca-M as sorbent in the SESR runs with
Ni/Al>O3 catalyst at 600 °C and space time of 0.15 geatalyst-h/Goxygenates- Black markers:
SR condition (without sorbent).

The use of a sorbent in-situ in the reaction bed (SESR run), involves an increase
in Hz yield to almost 100 %, and a decrease in CO and CHy yield to almost
negligible values, since the carbonation reaction (Eq. (1.24)) shifts the equilibrium
of WGS (Eq. (1.15)) and methane SR (Eq. (1.17)) reactions. This situation is
observed with dolomite as a sorbent at both sorbent/catalyst ratios studied.
However, with Ca-M sorbent, the higher sorbent/catalyst mass ratio studied
(SCwmr of 20) leads to a lower Hs yield and higher CHy yield compared to the SR
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run. This result suggests a noticeable promotion of oxygenates

decomposition/cracking reactions (Eq. (1.16)) caused by Ca-M sorbent.

The higher activity for the decomposition/cracking reactions of the Ca-M sorbent
with respect to dolomite can be seen in Figure 4.2, which shows the conversion
and yield of products obtained in the SR run without catalyst or sorbent (thermal
run, Figure 4.2a), with dolomite sorbent (Figure 4.2b) and with Ca-M sorbent
(Figure 4.2c). As observed, at the beginning of the reaction (CO2 capture period
for both sorbents), the yield of C.Hi, and CHy (especially the latter) is higher with
Ca-M sorbent (Figure 4.2c) than with dolomite (Figure 4.2b).
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Figure 4.2. Evolution with TOS of the conversion and products yields in a blank
experiment (absence of catalyst nor sorbent, thermal effect) (a) and in runs with 5 g of
sorbent (dolomite (b) and Ca-M (c)) at 600 °C.
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The evolution of conversion and yield of products (H2, CO2, CO, CH4 and C.Hy)
with TOS under the conditions of Figure 4.1 are depicted in Figure 4.3, both in
the pre-saturation (insignificant yield of CO2) and post-saturation periods. The
evolution with TOS of the reaction indices in this figure shows that in the SR
run (black markers), the conversion and products yield remain almost constant
during 2 h, and subsequently, the conversion (Figure 4.3a) and the yields of Ha
and COz (Figure 4.3b and Figure 4.3c, respectively) decrease, the yield of C.Hy
increases (Figure 4.3f) and the yields of CO and CHy (Figure 4.3d and Figure
4.3e, respectively) remain almost constant. These evolutions with TOS of
products yields give evidence of the deactivation of the catalyst for the reforming
and WGS reactions, and are consistent with the reaction mechanism of the SR

of bio-oil over Ni catalysts that has been explained elsewhere [96, 335].

In the SESR runs (green and blue markers in Figure 4.3), three regions are
observed: pre-breakthrough (CO2 capture), breakthrough (dolomite saturation)
and post-breakthrough. In the capture period, the higher H> yield and the lower
yields of CO and CH4 compared to the SR run (black markers) are explained by
the shift of the WGS reaction equilibrium by CO:z capture (Eq. (1.15)) and, as a
consequence, the shift of the CHy SR reaction equilibrium (Eq. (1.17)). In this
period the Ha yield remains constant for both SCur studied with dolomite, and
for SCmr of 10 with Ca-M sorbent. The duration of the capture-period is slightly
longer for the Ca-M sorbent, due to the higher CO2 capture capacity of this
sorbent (around 48 wt%) compared to dolomite (around 41 wt%), in coherence
with its higher CaO content (69 wt%) over that of dolomite (61 wt%). The
breakthrough period involves the depletion of the carbonation reaction efficiency
and therefore, a sudden increase in the yield of CO2 (Figure 4.3c) and a decrease
in the yield of Ha (Figure 4.3b) is observed. In the post-breakthrough period, after
sorbent saturation, CO2 removal is no longer effective and SR and WGS reactions
occur together with other secondary reactions responsible for coke formation.
Consequently, during this period the reaction indices evolve with TOS due to the

catalyst and sorbent deactivation.

144



4.1. Effect of sorbent type, catalyst support and sorbent/catalyst mass ratio

100
80
60

X

" 40

20

100
80

60

YCOz’ %

40

20

40

30

20

YCH47 %

10

A
A

0 60 120 180 240 300
TOS, min

C

0 60 120 180 240 300
TOS, min

e

0 60 120 180 240 300
TOS, min

YH2’ %

Yoo %

-Y-(_‘JaI‘Ib7 %

100
80
60
40
20
0 | | | |
0 60 120 180 240 300
TOS, min
40
d
30+
20 )LL“' Ly
10
0 | | |
0 60 120 180 240 300
TOS, min
40
f
30 -
20 -
10+ OO
VL=
0 60 120 180 240 300
TOS, min

Figure 4.3. Effect of sorbent (dolomite (green triangles) or Ca-M (blue squares)) on the
evolution with TOS of conversion (a) and yields of Hz (b), CO2 (c), CO (d), CH4 (e) and
C.Hy (f) in the SESR run with Ni/AlOj3 catalyst, for values of SCyr of 10 (full markers)
and 20 (empty markers). Space time, 0.15 geatalyst-h/Goxygenates. Black circles: SR run

(without

sorbent).
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In the post-breakthrough period, conversion and Hz and CO> yields (Figure 4.3a-
Figure 4.3c, respectively) show decreasing trend, which is faster with Ca-M and
at high sorbent/catalyst mass ratios. Thus, for a Ca-M/catalyst ratio of 20 (with
the same mass of catalyst and twice the sorbent amount than with a SCur of 10)
the decrease in Hs yield is observable even in the CO2 capture period. The faster
deactivation and lower extent of reforming reactions in the SESR run with Ca-M
sorbent and SCyr of 20, entail less CO2 formation than using dolomite as sorbent
under the same conditions, which explains the significantly longer duration of the
CO2 capture period for Ca-M sorbent in Figure 4.3. Interestingly, the use of
dolomite with a low sorbent/catalyst ratio allows for a more stable operation
than in the SR run, but it leads to a faster deactivation for a high sorbent /catalyst

ratio.

The aforementioned results evidence that the competition of oxygenates
decomposition /cracking reactions over the sorbent with those of reforming and
WGS reactions over the catalyst conditions the selection of the sorbent and of
the sorbent/catalyst ratio to be used in the SESR run. Thus, dolomite has a
superior performance as a CO2-sorbent in the SESR of raw bio-oil than Ca-M due
to its lower activity for decomposition/cracking of oxygenates (Figure 4.2), which
allows using a higher SCur in the catalytic bed (which leads to a longer duration
of the complete COz capture period with near 100 % Ha yield) and with higher
stability. Furthermore, it has been verified by carbonation-decarbonation cycles
in thermobalance (Figure 4.4) that the dolomite used in this work has a higher
stability for CO2 capture in successive reaction-regeneration cycles than the
prepared Ca-M sorbent, indicating a better performance of the former in the

cyclic operation in the SESR of bio-oil.
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Figure 4.4. Evolution of CO2 capture capacity of dolomite and Ca-M in successive
carbonation-decarbonation cycles in thermobalance.

The values of yield and selectivity of Ha obtained in this work in the SESR of
raw bio-oil with dolomite+Ni/Al2O3 system are equal to or surpass results in the
literature concerning the SESR of bio-0il or pure oxygenates with different
sorbents and catalysts, or with sorbent-catalyst bifunctional materials. Thus,
Remiro et al. [204] reported near 99 % H: yield in the SESR of aqueous bio-oil
with Ni/La203-0Al2O3 catalyst and dolomite as sorbent at 600 °C, S/C ratio of
12 and with a sorbent /catalyst ratio < 6. Xie et al. [203] reported lower Hs yield
and concentration (over 85 % and 90 %, respectively) in the SESR of bio-oil from
corn cob (near 44 wt% water content) with Ce-Ni/Co supported on the AloO3 as
the catalyst and CaO powder as the sorbent in the 750-800 °C range at S/C ratio
of 12. With a Ni/CeO2-ZrO2-CaO bifunctional material (15 % Ni and Ce:Zr:Ca
of 1.2:1:5), Li et al. [192] reported a maximum H> yield of 77.8 % in the SESR of
poplar sawdust pyrolysis oil, at 550 °C (with S/C ratio of 4 and LHSV of 0.48
ml/g-h), although its performance was excellent in the SESR of acetic acid under
the same conditions, with a purity of Hz up to 98.5 % and Ha yield of 83.7 % and
acetic acid conversion above 93 %. A lower purity of Hz (near 70 % at 650 °C
and S/C ratio of 3) was reported by Wang et al. [20] in the SESR of phenol with
Ni/CaO—-Cai2Al114033 catalytic sorbents (with 9 wt% Ni and CaO/Cai2Al14033
ratio of 3), but it improved to 83.2 % for the bimetallic catalyst Ni-Co/CaO-
Ca12A114033. In the SESR of acetic acid, acetone or their blends over a Pd/Ni—Co

147



Chapter 4. Sorption enhanced steam reforming (SESR) of raw bio-oil

hydrotalcite-like material catalyst and dolomite as CO2 sorbent, Esteban-Diez et
al. [196] achieved Ha purities of 99.2-99.4 % at 575 °C and atmospheric pressure
and Hz yields that were lower in the SESR of the blends (83.3-88.6 %) compared
to the individual model compounds (90.2-95.9 %). Moreover, the Ha yield values
were significantly affected by the increase in the WHSV. These lower Hs yield
values, in spite of Ha selectivity of almost 100 %, could be explained by an
incomplete feed conversion and, moreover, it could be presumable due to a high
yield of solid carbon (coke deposited over the catalyst), although this aspect was
not usually approached in the SESR studies. In a previous section of Chapter 3
(section 3.2), a high deposition of coke deposits in the form of carbon nanotubes,
formed by Boudouard reaction, was demonstrated in the SR of acetone and acetic
acid over a NiAloO4 spinel-derived catalyst at 600 °C, resulting in a significant

decrease in the Ha yield.

4.1.1.2.Ni/CeQ> catalyst

The SESR runs with Ni/CeO3> catalyst were carried out with dolomite as sorbent,
(selected in section 4.1.1.1) and the results have been compared to those obtained
with Ni/Al2O3z+dolomite. Figure 4.5 shows the yields of products (H2, CO, CHy
and C,Hp) in the pre-saturation period with SCur of 10 and 20 for a space time
of 0.15 geatalyst-h/Goxygenates (full coloured markers) and SCur of 4 for 0.37
Geatalyst- 1/ Goxygenates (empty markers). These latter conditions correspond to the
same sorbent mass (5 g) and Ni content in the catalytic bed (0.125 g Ni) (equal
sorbent/Ni mass ratio) than that used in the run with Ni/AloO3+dolomite and
SCumr of 10 (section 4.1.1.1).

The comparison of the results at zero TOS with Ni/Al>O3 and Ni/CeO; catalysts
in the SR conditions (absence of sorbent, black markers in Figure 4.1 and Figure
4.5) shows that the former leads to higher Hs yield and lower yields of CO and
CHy than the latter, which suggests a higher promotion of the reforming reactions
(of oxygenates and also of CH4 and C,Hy) and WGS reaction. The high activity
and stability of Ni/Al2O3 catalyst derived from NiAlyOy spinel for CHy reforming
is well established in the literature [336]. Also, the high yield of CHs with Ni/CeO2
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catalyst could be due to the promotion of methanation reactions, as proposed by
Sun et al. [337]. According to these authors, the COz is reduced to CO over
oxygen vacancies on CeOz, and subsequently CO desorbs and diffuses to Ni sites
where hydrogenation to CHy occurs. The high methanation activity of Ni/CeO2
catalyst is verified by Hongmanorom et al. [338|, who emphasize the ability of Ni
dispersed in CeOs to facilitate Ha dissociation and the generation of *H and *HCO

intermediates to form CHa species.
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Figure 4.5. Effect of SCyr in the product yield distribution (H, CO, CH4 and CyHy) in
the CO2 capture period in the SESR runs with Ni/CeO2 catalyst using dolomite as
sorbent. Space time, 0.15 geatalyst-n/Goxygenates (full markers) or 0.37 geatalyst-h/Goxygenates
(empty markers). Black markers: SR condition (without sorbent).

Moreover, differently to Ni/Al2O3 catalyst (Figure 4.1), the use of dolomite with
Ni/CeO2 catalyst for a space time of 0.15 geatalyst-1/oxygenates (full coloured markers
in Figure 4.5) does not boost the values of Hz yield and selectivity during the CO2
capture period over those corresponding to SR condition (black markers). Thus,
the Hs yield is significantly lower compared to SR run, whereas those of CH4 and
C.Hy, are higher. It should be noted that the difference in Hs yield compared to
SR conditions observed in Figure 4.5 for SCur of 4 (empty markers) is partially
due to the higher space time (0.37 geatalyst-h/Zoxygenates) used in SESR run compared
to the SR run (0.15 geatalyst-h/Zoxygenates). The insignificant amount of CO obtained
in the CO2 capture period in the SESR runs is due to aforementioned shift of the
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WGS reaction (Eq. (1.15)) caused by the removal of CO2 from the reaction
medium by the carbonation reaction (Eq. (1.24)).

The evolution with TOS of conversion and yield of Hz, CO2, CO, CH4 and C,Hy,
for SCur of 4 and 10 are depicted in Figure 4.6 (red-orange markers), together
with the results of the SR run (black markers). For a better comparison of the
results with both catalysts under comparable SESR, conditions, the results of the
reaction with Ni/AloOs+dolomite (green markers) are also included in this figure.
The evolution with TOS of conversion and products yield in the SESR with
Ni/CeO2+dolomite for SCyr of 20 is depicted in Figure 4.7.

The high catalyst stability observed in the SESR run with SCur of 4 (orange
empty markers in Figure 4.6), should be attributed to the higher value of space
time (more than twice) compared to the SR and SESR runs with SCur of 10. It
is well established in the literature |96, 164] that, in bio-oil SR, deactivation is
related to the concentration of oxygenates, which is higher with decreasing space
time, as a consequence of the lower extent of SR reaction. Under high space time
conditions, the Ha yield (Figure 4.6b) remains constant in the CO2 capture period
and after the saturation of dolomite the yields of H2 and CO2 decrease slowly
with TOS during the following 2 h on stream and, afterwards a rapid catalyst
deactivation occurs, although slower than in the SR run with low space time
value. Comparing the results for a SCyr of 10 (red markers in Figure 4.6) with
those for a SCur of 20 (Figure 4.7), a fairly similar performance is observed,
although the duration of the capture period is double with twice the sorbent mass
(SCur of 20). Comparing these results with those obtained with Ni/Al2O3 catalyst
with the equal sorbent and Ni amount in the catalytic bed (green markers in
Figure 4.6), it is observed that the Hs yield in the CO2 capture period is lower
with Ni/CeOz and, moreover, once the sorbent is saturated, the stability period
is shorter and the subsequent decrease in Ha yield with TOS is faster than with
Ni/AlO3 catalyst.
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Figure 4.6. Evolution with TOS of conversion (a) and yields of Ha (b), COz2 (c), CO (d),
CHy (e) and C.Hy, (f) in the SR run with Ni/CeO> (black markers) and SESR runs using
dolomite with Ni/CeOz (red-orange markers) or Ni/Al>O3 (green markers) catalysts, for
SCwur of 4 (empty markers) and 10 (full markers). Space time (gcatalyst-h/Eoxygenates), 0.15
(full markers) and 0.37 (empty markers).
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Figure 4.7. Evolution with TOS of conversion and yields of Hs and CO> (a) and of the
carbon by-products (CO, CHy and C2-Cs hydrocarbons (C.Hp)) in the SESR run with
Ni/CeO2 catalyst using dolomite as sorbent. Sorbent/catalyst mass ratio, 20; space time,
0.15 Leatalyst h/goxygenates~

The comparison of the results with Ni/CeOz and Ni/Al2O3 catalysts shows the
superior performance of the latter in both the SR and SESR of bio-oil with
dolomite as a sorbent, which is due to its higher activity for reforming reactions
(of oxygenates and also of CHy and light hydrocarbons (C.Hp)) and WGS
reaction, whereas methanation reaction is more promoted by Ni/CeOz catalyst
[337]. This better behaviour of Ni/AlxO3 catalyst in the SR run is probably due
to a stronger metal-support interaction (favoured by the acidity of the AloO3
support), which has a positive effect on its activity for reforming reactions [316,
339, 340]. The higher activity of Ni/AloO3 catalyst for reforming reactions
counteracts the catalytic activity of dolomite for decomposition/cracking
reaction, allowing a higher Hy yield (almost 100 %) in the CO2 capture period
than with Ni/CeO; catalyst, and with a significantly higher SCyr, which implies

a longer duration of the effective CO2 capture.
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4.1.2. Characterization of used catalysts and sorbents

In order to ascertain the causes of the different stability observed in the SR and
SESR runs with both catalysts and sorbents, the used samples were characterized
by several techniques and compared to those of the fresh-reduced catalysts and
calcined sorbents. After each reaction, the three components of the catalytic bed
(catalyst/sorbent /inert solid) were separated by sieving, using sieves of different
mesh sizes for each catalyst/sorbent combination, depending on the particle size

of the three components of the catalytic bed

4.1.2.1. Results of TPO analysis

Coke deposition on the used catalysts was analysed by TPO, which provides
information on the total amount of deposited coke (area under the TPO profiles)
and the nature and/or location of the coke in the catalyst structure (position of
combustion peaks). Figure 4.8 and Figure 4.9 show the TPO profiles and coke
content (wt%) on the used Ni/AloO3 and Ni/CeOz catalysts, respectively.

The TPO profiles in Figure 4.8a, Figure 4.8b and Figure 4.9a have been
deconvoluted into several Gaussian peaks with Matlab (depicted in Figure B.15
and Figure B.16, respectively, in the Annexes). The deconvoluted peaks can be
grouped into two combustion domains: coke burning at low temperature (with its
maximum below 500 °C, denoted LT-coke) and coke burning at high temperature
(HT-coke). According to literature [164, 255, 259-266|, the different location of
combustion peaks may be attributable to different coke nature and/or location:
coke burning at low temperature is amorphous carbon, most frequently deposited
on or near metal sites, encapsulating them and causing fast deactivation [255,
260, 264| and coke burning at high temperature, which can be of different nature
depending on the feed reformed, both carbon filaments (mostly formed in the
reforming of pure oxygenates and that have low impact on deactivation [259-
262]) and pyrolytic carbon (formed mostly in the reforming of bio-oil under severe

reforming conditions, and with high impact on deactivation [164, 255, 263-266]).
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Figure 4.8. TPO profiles (a, b) and coke content (c) deposited on Ni/Al2O3 catalyst
used in the SR and SESR runs with dolomite (a, green bars) or Ca-M (b, blue bars) as
sorbents for different values of SCygr.

The comparison of the TPO profiles and coke content for Ni/Al2O3 and Ni/CeO2
catalysts evidence that the support has a significant impact on coke nature and
content. On the one hand, the coke content in Ni/CeO:z (Figure 4.9b) is
significantly lower than in Ni/AlyO3 catalyst (both in SR and SESR runs, Figure
4.8¢), which could be attributed to the good redox properties of CeOs and its
capacity for Oz storage, which promotes the gasification of coke during the
reaction [282, 341]. On the other hand, the coke combustion peaks for Ni/CeO2
catalyst are located at lower temperature than for the coke deposited on Ni/Al2O3
catalyst, especially those corresponding to amorphous coke burning at low

temperature (LT-coke). The redox property of CeOsz could have a synergistic
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effect on promoting the combustion of amorphous coke towards a lower
combustion temperature [282]. The shift of the combustion peaks of the
amorphous coke towards a lower temperature allows differentiating in the TPO
profiles of Ni/CeOz catalyst (Figure 4.9a) several combustion peaks corresponding
to LT-coke, denoted LT1 (maximum near 300 °C) and LT2 (those with maximum
between 350-500 °C) in Figure 4.9b. In the TPO profiles for Ni/Al2O3 catalysts
the peaks are very close, so a single peak of LT-coke is apparently observed,
although it has one or several shoulders (more noticeable when using Ca-M
sorbent or high SCur) and can be deconvoluted into two or even three combustion
peaks (Figure B.15). Interestingly, in the SR run (no sorbent) with Ni/Al2Os3
catalyst the HT-coke prevails, with its maximum at 560 °C, whereas in the SR

with Ni/CeO2 catalyst there are similar amount of LT-coke and HT-coke.
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Figure 4.9. TPO profiles (a) and coke content (b) deposited on Ni/CeO2 catalyst used
in the SR and SESR runs with dolomite as sorbent for different values of SCur.

The results in Figure 4.8 and Figure 4.9 show that for both catalysts, the presence
of a sorbent attenuates the total coke content, which decreases overall as the
sorbent /catalyst ratio increases, and also noticeably affects the coke nature. Thus,
the formation of HT-coke is selectively attenuated (more noticeably for Ni/CeO2
catalyst and with the Ca-M sorbent in the case of Ni/Al2O3 catalyst) and its
combustion shifts towards lower combustion temperature. In the SESR run with

Ni/Al>Os catalyst (Figure 4.8), LT-coke increases with the presence of a sorbent,
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mainly with Ca-M and with increasing SCur, although with Ni/CeO2 catalyst
this effect of the sorbent is small. This attenuation of the total coke deposition in
the SESR runs could be partially explained by the role of the sorbent as an
acceptor of part of the coke formed by the decomposition of the heavy oxygenates
in the bio-oil (Eq. (1.16)), which contributes to attenuate the deposition of coke
by this mechanism on the external surface of the catalyst [265, 266].

4.1.2.2. Structural properties of the used catalysts

The possible sintering of Ni crystals and the crystalline structure of the coke
deposits were analysed by XRD. Figure 4.10 shows the XRD diffractograms of
Ni/AlO3 catalyst samples used in the SR run and SESR runs with dolomite or
Ca-M as sorbents. The average size of Ni? crystals of each used sample has been
calculated by Debye-Scherrer equation, at 26 =51.8° (Ni’ (200) plane). The
average crystal size is 15 nm for this batch of fresh-reduced Ni/AlO3 catalyst
and it increases to 17 nm for the catalyst used in the SR run, and to 20 and 19
nm for the samples used in the SESR runs with dolomite or Ca-M as sorbents,
respectively. These results give evidence of an insignificant Ni sintering.
Therefore, it is not expected that this small increase in Ni particle size will cause
a significant impact on catalyst deactivation, whose main cause will be the high
coke deposition, as it has been proven for this catalyst in the SR of individual
oxygenates (section 3.2), bio-oil |96, 174] and of volatile oxygenates from biomass
pyrolysis [342]. Moreover, no NiO peaks are observed in the diffractograms of
Ni/Al2O3 used catalyst, which corroborates that Ni oxidation is not a deactivation
cause. The presence of a broad peak at a diffraction angle of 20 = 26° is observed
in the XRD pattern for the samples used in the SR run and SESR runs with
dolomite, which corresponds to crystalline cokes (ordered carbon structures).
However, the samples used in the SESR runs using Ca-M as sorbent do not
present diffraction peaks related to crystalline carbonaceous structures, indicating
that the coke deposited is predominantly amorphous, in agreement with TPO
profiles for these samples, which show mainly LT-coke (blue curves in Figure

4.8b). The presence of peaks of SiC (20 = 35.7°) in the sample used in the SR run
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and of CaCO3 (20 =29.3 and 35.6°) in the samples used in the SESR runs (mainly
with Ca-M sorbent) is due to a non-perfect separation of Ni/AloO3 catalyst from
the inert solid (SiC) or the sorbent (dolomite or Ca-M) in the sieving of the

catalytic bed which is necessary to obtain the used catalyst samples.
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Figure 4.10. XRD patterns of the Ni/Al2O3 catalyst samples used in the SR run and
SESR runs for different sorbent/catalyst mass ratios with dolomite or Ca-M as sorbent.

The XRD spectra of the Ni/CeOgz catalyst samples used in SR run and SESR
runs with dolomite for different sorbent/catalyst mass ratios are depicted in
Figure 4.11. In the used samples, the intensity of the diffraction peaks for CeO2
decreases noticeably in the samples used in SESR runs with dolomite, and quite
noticeable peaks not present in the fresh-reduced catalyst (Figure 2.8b) appear,
which correspond to inert solid (SiC, 20 =34.2, 35.7, 38.2, 41.5, 60.1, 65.7 and
71.8°) (sample used in SR run) and magnesium calcite (MgCaCOs3, 23.2, 29.5,
31.4, 36.1, 39.6, 43.0, 48.6, 57.6, 60.9, 64.9 and 73°) (samples used in SESR runs
with dolomite). These results are the consequence of the greater difficulty,
compared to Ni/Al2Os, for separating Ni/CeOz catalyst from the inert solid (SiC)
and the sorbent (dolomite), due to their similar ranges of particle size. Similar to
Ni/AlO3 catalyst used in SESR runs with Ca-M sorbent (Figure 4.10), the
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presence of crystalline coke peaks is not observed at 20 = 26°, in agreement with
the low (SCur of 0 and 4) or negligible (SCur of 10 and 20) content of HT-coke
observed in the TPO profiles (Figure 4.9).
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Figure 4.11. XRD patterns of the Ni/CeO: catalyst samples used in the SR run and
SESR runs for different sorbent/catalyst mass ratios with dolomite as sorbent.

4.1.2.3. Physical properties of catalysts and sorbents

The textural properties (BET surface area, pore volume and average pore
diameter) of used catalyst and saturated sorbents were determined by N>
adsorption-desorption and are displayed in Table 4.1 for catalysts and in Table
4.2 for sorbents. The N2 adsorption-desorption isotherms and BJH pore volume
distribution are shown in Figure B.1 and Figure B.2 (used Ni/AloO3 and Ni/CeO2
catalysts, respectively) and Figure B.3 and Figure B.4 (saturated sorbents used
in the SESR runs with Ni/Al>O3 or Ni/CeO catalysts, respectively).
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Table 4.1. Physical properties of fresh-reduced Ni/Al2O3 and Ni/CeOz catalysts and
samples used in the SR and SESR runs.

Catalyst Sorbent SCur SeeT, Vpore, dpore;
m?/g cm3/g nm
Fresh Ni/AlOs - - 65.1 0.234 13.1
- 0 64.2 0.168 12.9
10* 43.2 0.122 17.4
Dolomite
Used Ni/Al2O3 20 42.2 0.118 14.1
10 32.1 0.084 11.8
Ca-M
20 27.6 0.072 12.5
Fresh Ni/CeO2 - - 23.1 0.073 9.3
- 0 6.6 0.017 23.4
] 4% 14.4 0.025 14.5
Used Ni/CeO2
Dolomite 10 8.4 0.016 15.9
20 7.1 0.015 17.6

* sorbent/Ni catalyst mass ratio=40

Table 4.2. Physical properties of fresh/calcined and saturated sorbent used in the SESR
runs.

Sorbent SCwmr SpeT; Vpores dpore;
m?/g cm3/g nm
Fresh dolomite - 17.5 0.058 13.2
. . . 10* 8.0 0.017 16.6

dolomite used with Ni/Al>O3
20 7.3 0.014 16.5
4* 6.8 0.013 15.0
dolomite used with Ni/CeO2 10 8.4 0.016 15.9
20 7.1 0.015 17.6
Fresh Ca-M - 11.3 0.023 13.9
o 10 5.7 0.011 18.3

Ca-M used with Ni/AlO3

20 7.0 0.014 15.8

* sorbent/Ni catalyst mass ratio=40
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Overall, the presence and type of sorbent do not affect the shape of the isotherms
of the used catalysts, which have a type IV isotherm (Figure B.1 and Figure B.2),
with a hysteresis curve of type H3. For the Ni/AlO3 catalyst there is a loss of
mesoporosity in the SESR runs (significantly lower total volume adsorbed at high
pressures (P/Po = 1), Figure B.1). This is more noticeable with the Ca-M sorbent
and with the increase in the sorbent/catalyst ratio, evidencing the partial
blockage of the mesopores and thus causing a decrease in BET surface area and
pore volume (Table 4.1). For the Ni/CeO> catalyst, the decrease in Sper and pore
volume in both SR and SESR runs is more noticeable than for used Ni/Al2O3
catalyst (Table 4.1), and the average pore diameter increases, due to the decrease
in the BET surface area and pore volume. The decrease in catalyst porosity is a
consequence of coke deposition, which can cause pore blockage, thus contributing
to a more rapid deactivation. However, there is not a direct correlation between
the coke content (Figure 4.8c and Figure 4.9b) and the decrease in BET surface
area for both catalysts (Table 4.1), and their impact on catalyst deactivation
(Figure 4.3, Figure 4.6 and Figure 4.7). This is due to the differences in the
porosity of the supports (significantly lower for CeO2) and in the characteristics

and location of the coke, which are analysed in the next section.

All the saturated sorbent samples (Figure B.3 (SESR runs with Ni/Al303) and
Figure B.4 (SESR runs with Ni/CeO2)) present an isotherm type IV characteristic
of mesoporous materials, with lower BET surface area and pore volume than the
fresh/calcined samples (Table 4.2), thus revealing partial blockage of the
mesoporous structure due to the formation of calcium carbonate by CO2 capture
[343]. The BET surface area (17.5 m?/g) and pore volume (0.058 cm3/g) for
calcined dolomite sample are higher than those of fresh Ca-M (11.3 m?/g and
0.023 cm?/g, respectively), whereas their values are similar for saturated/used
sorbents (in the range of 5.7-8.4 m?/g and 0.011-0.017 cm?/g for BET surface area
and pore volume, respectively). The lower relative porosity loss of the used Ca-
M sorbent can be attributed to the presence of mayenite. It has been proven that
its presence attenuates the progressive sintering that the CaO sorbent undergoes

in successive carbonation-calcination cycles [186, 344]. The slight increase in the
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average pore diameter in the saturated sorbent samples suggests a selective loss

of the narrower pores.

4.1.2.4. Morphology and location of coke

The morphology and location of coke deposited on the catalyst particle surface
was assessed using SEM analysis. A backscattered electron (BSE) detector was
used to analyse the relative presence of components on the catalyst particle
surface, according to the brightness levels: the lightest level indicates the presence
of heavy components such Ni, Al and Ce, whereas the darkest level indicates light
components such as C. Figure 4.12 shows the BSE-SEM images of Ni/AlO3
catalyst used in the bio-oil SR or SESR with dolomite as sorbent. When compared
with the fresh catalyst (Figure 2.11a), it is evident that there is carbon (coke)
deposited on the external surface of the catalyst particles used in the SR run
(Figure 4.12a) or SESR runs (Figure 4.12b), as indicated by the different
brightness levels. Almost all the particles in the sample used in the SR run are
homogeneously dark (Figure 4.12a), which evidences that the carbon deposition
on the particle surface is more severe than in those used in the SESR runs. On
the other hand, the use of a sorbent (Figure 4.12b) results in a heterogeneous
carbon deposition on the external surface of the catalyst particles, distinguishing
different particle types: bright particles with a smooth surface (A), slight bright
particles with a rough surface (B, which are dominant with dolomite) and dark
particles (C, high carbon deposition on the surface). The lower deposition of
external coke is in line with the above mentioned TPO results and the decrease
of HT-coke due to the role of the sorbent to partially retain this coke formed by

decomposition of the heavy oxygenates in the bio-oil.
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Figure 4.12. BSE-SEM images of Ni/Al2O3 catalyst used in the SR run (a) and in the
SESR run with dolomite (b) as sorbent, with sorbent/catalyst mass ratio of 20.

To study the coke morphology in more detail, SEM images were taken using a
secondary electron detector (SE-SEM) enabling to zoom on the catalyst surface.
Figure 4.13 shows the most representative SE-SEM images for Ni/Al2O3 catalyst
used in SR run and SESR runs with each of the two sorbents. The surface of the
Ni/AlO3 catalyst particles used in the SR run (Figure 4.13a) are greatly
homogeneous with a rough surface constituted of carbon spheres and filaments.
Nevertheless, the surface of the catalyst particles used in the SESR runs with
high SCur (Figure 4.13 b-e) is heterogeneous as previously seen using the BSE
detector (Figure 4.12b). The coke morphology is different compared to that
observed in the SR, because the formation of filamentous coke is incipient with
dolomite as a sorbent (Figure 4.13b) and negligible with Ca-M sorbent (Figure
4.13d), and the coke is deposited as an amorphous mass of carbon with both

sorbents (Figure 4.13¢ and Figure 4.13e).
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Figure 4.13. SE-SEM images of Ni/AlO3 catalyst used in the SR run (a) and SESR
runs with dolomite (b-c) or Ca-M (d-e) as sorbents, with sorbent/catalyst mass ratio of
20.

Figure 4.14 shows SEM images using a secondary electron detector (SE-SEM) of
the Ni/CeOz catalyst used in the bio-oil SR run or SESR runs with dolomite as
sorbent and different dolomite/catalyst ratios. The particles of the sample used
in the SR run have some presence of very short carbon filaments on the external
surface (Figure 4.14a). Amorphous carbons are all over the external surface of

the catalyst used in the SESR run with a dolomite/catalyst ratio of 20 (Figure
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4.14b), and a mix of amorphous carbon and some carbon filaments are observed
in the sample used with a SCur of 4 (Figure 4.14c). The mass of amorphous
carbon observed on this catalyst seems to be smaller than that observed in the
SESR runs with dolomite or Ca-M on the Ni/Al2O3 catalyst, being coherent with
the lower coke content for this catalyst (Figure 4.9) than for Ni/Al2O3 catalyst
(Figure 4.8).

Carbon filamentss "o

- Amorphous carbon

-

54800 5.0kV 6.8mm x35.0k SE(M) 1.00um J S4800 5.0kV 6.8mm x80.0k SE(M) 500nm

Figure 4.14. SE-SEM images of Ni/CeO2 catalyst used in the SR run (a) and in the
SESR runs with dolomite/catalyst ratio of 20 (b) and 4 (c).

4.1.2.5. Relationship of the deactivation behaviour of the catalyst with the coke
deposition

The deactivation of the Ni/Al2Osz catalyst in the SESR of raw bio-oil is
significantly affected by the presence of a CO2 sorbent, as it involves a change in
the nature and amount of the coke deposited in the catalyst due to the activity
of the sorbent for the oxygenates decomposition/cracking reactions, which is

different for dolomite and Ca-M. In the reforming without sorbent (SR
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conditions) there is a prevailing formation of ordered carbon (filaments and
spheres) on the external surface of the Ni/AlO3 catalyst particles (Figure 4.10
(upper curve) and Figure 4.13a), that burns at high temperature (HT-coke, Figure
4.8), and the formation of amorphous carbon burning at low temperature (LT-
coke) is low. Amorphous carbon may be formed from oxygenates decomposition
or polymerization, whereas more ordered structures (carbon filaments and
spheres) may be formed from the CO disproportionation reaction (Eq. (1.21)).
This coke deposition causes a reduction of about 28 % of the pore volume without
affecting the BET surface area with respect to the fresh-reduced catalyst (Table
4.1), meaning that part of the pores are blocked while the carbon filaments
contribute to keep a high surface area. In the SESR runs with dolomite or Ca-M
as sorbents the formation of ordered carbon structures is attenuated (Figure 4.10)
and the external surface of many particles remains bare (without any carbon
deposit, Figure 4.12b), these effects being more noticeably with the Ca-M sorbent
and increasing SCmr. Conversely, the presence of a sorbent promotes the
formation of amorphous carbon burning below 500 °C (LT-coke in Figure 4.8). It
is noted that the amorphous carbon encapsulates Ni sites (most probably
corresponds to the shoulder peak appearing at the lower combustion temperature
in Figure 4.8a and Figure 4.8b) and also partially covers the catalyst external
surface (visible in Figure 4.13c and Figure 4.13e), which most probably
corresponds to the combustion peak with the maximum around 470 °C in Figure
4.8a and Figure 4.8b. This coke is the plausible explanation for the decrease in
the surface area and pore volume for the Ni/Al>Oj3 catalyst used in the SESR runs
(Table 4.1), that is more pronounced with Ca-M sorbent and with higher SCyr.
The attenuation of HT-coke in the SESR runs may be explained by: 1) the
absence of CO during the capture period (Figure 4.3d) due to the shift of WGS
reaction towards Ho2 and CO2 caused by CaO carbonation, that disfavours CO
disproportionation reaction during this period, and 2) the increase in the
formation of amorphous carbon (favoured by the contribution of the sorbent to
oxygenates decomposition reactions) that hinders the development of carbon

filaments (section 3.2).

165



Chapter 4. Sorption enhanced steam reforming (SESR) of raw bio-oil

The comparison of the results of coke deposition over Ni/AlO3 catalyst with the
evolution of products yield along the reaction (Figure 4.3) confirms the well-
known fact that the total amount of coke has lower impact on catalyst stability
than its nature [255, 260, 264]. Amorphous LT-coke (mostly the fraction burning
at the lower temperature) has a higher impact on catalyst deactivation than HT-
coke (especially that of filamentous nature, observed in the SR run (Figure
4.13a)). Thus, the higher activity for decomposition/cracking reactions (Eq.
(1.16)) of Ca-M compared to dolomite explains the faster catalyst deactivation
observed when using the Ca-M sorbent and with increasing sorbent/catalyst
ratios, as it leads to a higher amorphous coke formation, in agreement with TPO

profiles in Figure 4.8a and Figure 4.8b.

Likewise, in spite of the lower amount of coke deposited over Ni/CeO2 catalyst
than Ni/AlOs catalyst (Figure 4.8 and Figure 4.9), the faster deactivation of the
former is noteworthy both in the SR and SESR runs (Figure 4.3 and Figure 4.6).
This result can be explained by the different nature and location of the coke
deposited on both catalysts and by their different porous structure and location
of Ni crystals on the support. The SR of raw bio-oil over Ni/CeO2 catalyst forms
some short carbon filaments visible on the external surface of the catalyst
particles (Figure 4.14a), that presumably burns above 500 °C (Figure 4.9), but
there is a high formation of amorphous and encapsulating coke over the catalyst
surface (LT1 and LT2 coke) that greatly reduces the pore volume by 78 % and
the surface area by 71 % with respect to the fresh-reduced catalyst (Table 4.1),
evidencing a severe pore blockage that, jointly with the encapsulation of metal

sites, causes a more rapid deactivation than in the SR with Ni/Al2O3 catalyst.

4.2. COMPARISON OF SR AND SESR IN PACKED AND
FLUIDIZED-BED REACTORS

The choice of appropriate reactors and reforming strategies is key to make
progresses on scaling up H2 production processes from raw bio-oil. Therefore, this
section compares the performance (conversion, product yields and deactivation)
of packed-bed and fluidized-bed reactors (PBR and FBR, respectively) for the Hz
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production from raw bio-oil by SR and SESR, using the best catalyst selected in
previous section (Ni/Al2O3 obtained by reduction of a NiAloOy spinel) and with
the most suitable sorbent (dolomite) to capture CO2 in the SESR runs. The
experiments were carried out at 600 °C; S/C ratio, 3.4; space time, 0.15

Geatalyst-1/Goxygenates; time on stream, 5 h; dolomite/catalyst ratio, 10 (SESR runs).

4.2.1. Performance of the packed and fluidized-bed reactors

The influence of using a PBR or FBR on the behaviour of Ni/AlO3 catalyst
derived from NiAl2Oy4 spinel in the reforming of bio-o0il both under SR, conditions
(without sorbent) or under SESR conditions (with dolomite) is compared in this

section.

4.2.1.1. Steam reforming

Figure 4.15 shows the evolution with TOS of the conversion and product yields
obtained in the PBR (full markers) and FBR (empty markers) in the absence of
CO2 sorbent in the conventional SR. The comparison of the results in both
reactors show a higher initial stability in the PBR, in which the conversion and
H2 and CO3 yields remain almost constant along 120 min (Figure 4.15a), and are
close to the thermodynamic equilibrium. Thus, according to prior studies [313],
at 600 °C and S/C ratio of 3.4 (this being the S/C ratio resulting in the treated
bio-oil, once subtracted the PL deposited in Unit 1 during the thermal treatment)
in the thermodynamic equilibrium the oxygenates conversion is complete and the
yields of Hz and CO2 are 82.3 % and 73.4 %, respectively. Nevertheless,
subsequently they rapidly decrease due to catalyst deactivation for the WGS (Eq.
(1.15)) and reforming (Eq. (1.14)) reactions. The increase of light hydrocarbons
(CaHy) yield after 120 min in Figure 4.15b can be explained because the extent
of its forming reaction (oxygenates decomposition/cracking reaction, Eq. (1.16))
is favoured by the increase of oxygenates concentration as the catalyst is
deactivated, and by the deactivation of their reforming reaction (Eq. (1.18)).
Interestingly, the yields of CO and CHy (intermediate compounds in the overall
reaction scheme, Eqgs. (1.13)-(1.22)) remain almost constant with TOS, which
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suggests that their forming and disappearing reactions are similarly affected by

the catalyst deactivation [96].

In the FBR (empty markers in Figure 4.15) there are lower initial values of
conversion and Hz and CO3 yields (Figure 4.15a) and higher CHy yield (Figure
4.15b) than in the PBR due to the less effective gas-solid contact. Moreover, an
initial steady period of complete carbon conversion in the reforming reactions is
not observed in the FBR, so that the carbon conversion and the yields of Ha and
CO2 decrease from the beginning of the reaction. Therefore, Hs yield is initially
lower and decreases more rapidly at the beginning of the reaction in the FBR
(probably due to the higher concentration of unreacted oxygenates, which are the
main precursors of coke by decomposition/cracking) [164]. However, the
deactivation rate is slower in the FBR than in the PBR with increasing TOS,
and a similar Hy yield is achieved after 300 min TOS, around 41 %. The
hydrocarbons yield remains nearly null in FBR (Figure 4.15b), which evidences
a slow deactivation of their reforming reaction (Eq. (1.18)), whereas CO yield
slightly increases, evidencing that catalyst deactivation also affects the WGS
reaction (Eq. (1.15)) [96, 303|. This lower deactivation in the FBR is in agreement
with the results in the literature on biogas reforming [155], pure oxygenates [156],
aqueous fraction of bio-oil [151, 157, 158] and raw bio-oil [148].

These different deactivation trends in both reactors is consequence of the
complexity of the coke formation mechanism, as explained in section 4.2.2, which
depends on the evolution with TOS of the extent of its formation reactions (Egs.
(1.16), (1.20) and (1.21)) and its removal by gasification (Eq. (1.22)). Moreover,
as established in the literature [255, 321, 342|, the nature of the coke formed at
different reaction steps (Egs. (1.16), (1.20) and (1.21)) is different and has a
different impact on catalyst deactivation. The gas-solid contact regime, which is
different in both reactors, and the movement of the catalyst particles in the
fluidized reactor will have an impact on the extent of these coke formation

reactions.

168



4.2. Comparison of SR and SESR in packed and fluidized-bed reactors

100 60
PBR FBR P
80 co [—o— —Oo—
0.  CH, |4
60 X 0 !
- ) CH [ —— —>—

NEEo
40 L PBR FBR™ 2%y
AA‘

0 60 120 180 240 300 0 60 120 180 240 300
TOS, min TOS, min

Figure 4.15. Evolution with TOS of conversion and Hs and COz yields (a) and CO, CHy
and light hydrocarbons (CaHy) yields (b) in the SR runs with Ni/AlO3 catalyst in PBR
(full markers) and FBR (empty markers) at 600 °C, S/C ratio of 3.4 and space time of
0.15 geatalyst N/ Goxygenates-

4.2.1.2.Sorption enhanced steam reforming

Figure 4.16 compares the performance along TOS of the PBR and FBR in the
SESR runs. In the initial CO2 capture period, whose duration is almost 30 min in
both reactors, the Hs yield is almost 100 % in PBR run and 92 % in FBR (Figure
4.16a). In this period, complete oxygenate conversion is achieved in PBR and,
therefore, the conversion to gas defined by Eq. (2.7) is near zero because the

yields of CO, CH4 and hydrocarbons are almost null in this period (Figure 4.16b).

After the saturation of dolomite, in the PBR (full makers) the conversion is
almost complete up to 160 min TOS, with high Hs and COs yields (80 % and 70
%, respectively). In this period the CO yield is around 17 % and CHjy yield is low
(3-4 %). Moreover, hydrocarbons formation (CaHp) (Figure 4.16b) is null, and the
duration of the stable period is even longer than in the SR run (Figure 4.15a).
Subsequently, the conversion and yields of H2 and CO2 sharply decrease, which
evidences a rapid catalyst deactivation for the reforming of oxygenates and of
CH4 and C,Hyp, whose yields increase after 180-240 min TOS. CO yield keeps
quite constant, which points to a similar deactivation rate of the reactions of CO

formation and conversion. In the FBR (empty markers in Figure 4.16), the yields

169



Chapter 4. Sorption enhanced steam reforming (SESR) of raw bio-oil

of Hz and CO2 after dolomite saturation are lower than in the PBR, coherently
with the results obtained in the SR runs (Figure 4.15). Interestingly, a short
stable period (around 40 min) with almost constant yields is observed, that could
be attributed to the activity of dolomite, so that the reactor operates initially
which excess of active sites for oxygenates conversion (thus partially overcoming
the less effective gas-solid contact in the fluidized-bed). Nevertheless, the decrease
in conversion and in the yields of H2 and CO2 in the FBR (Figure 4.16a) is faster

in the presence of dolomite than in the SR run without dolomite (Figure 4.15a).
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Figure 4.16. Evolution with TOS of conversion and Hz and COz yields (a) and CO, CHy
and hydrocarbons (C.Hp) yields (b) in the SESR runs with Ni/Al2O3 catalyst and
dolomite as sorbent in PBR (full markers) and FBR (empty markers) at 600 °C, S/C
ratio of 3.4; space time of 0.15 geatalyst h/Eoxygenates and dolomite /catalyst mass ratio of
10.

In view of the aforementioned results, in the COz2 sorption period, the presence of
dolomite significantly modifies the product distribution in both beds, allowing
obtaining almost pure Ha. In the post-saturation period, the presence of dolomite
seems to have two opposite effects on the catalyst deactivation in both fluid
dynamic regimes. On the one hand, it enlarges the duration of the pseudo-stable
period compared to the SR runs without dolomite, which could be explained by
the dolomite activity for the conversion of oxygenates by reforming (Eq. (1.14)),
interconversion (Eq. (1.19)) and decomposition/cracking (Eq. (1.16)) reactions

[265]. On the other hand, the presence of dolomite originates a faster deactivation
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of the catalyst, so that after the pseudo-stable period there is a more rapid
decrease in the carbon conversion and yields of Ho and CO2 than in the SR run
without dolomite. This fact suggests that the presence of dolomite has a negative
impact on deactivation, which is greater than its positive role of acting as a
catalyst guard, retaining on its surface a fraction of the coke (in particular that
related to lignin derived oxygenates and predominantly deposited on the external

surface of the dolomite and catalyst particles) [266].

The comparison of the results in the PBR and FBR for the SR and SESR of raw
bio-oil shows the importance of the fluid dynamic regime of the reactor on the
conversion of oxygenates, product yields and their evolution with TOS. The less
effective gas-catalyst contact occurring in the FBR explains the lower initial
carbon conversion and yields of Hs and COa», as reported in the literature in the
SR of different feeds [148, 151, 158, 161-163]. As a consequence, coke deposition
is favoured due to the higher concentration of oxygenates (coke precursors by
decomposition/cracking reactions, Eq. (1.16)), although this effect will be
partially mitigated by the “catalyst rejuvenation”, due to the movement of the
particles that favours their contact with the gas stream, promoting gasification
and attenuation of coke evolution. This phenomenon, with notable incidence at
high temperatures in the reforming of different feeds [148, 151, 155-158]|, will have
a lower effect at 600 °C (temperature required for CO2 sorption, but insufficient

to promote the efficient gasification of the coke).

4.2.2. Characterization of used catalyst and coke

This section shows the results of the characterization of the used catalyst samples
and of deposited coke in order to better understand the effect of the fluid dynamic
regime of the reactor and the role of using dolomite as a CO2 sorbent in the
possible causes of deactivation. These causes include: i) deposition of coke on the
catalyst surface (amount and characteristics of coke deposits), ii) changes in Ni

oxidation state and crystal size, and iii) aging and clogging of the support.

It should be noted that after each reaction, the solids composing the catalytic bed

were separated by sieving, to avoid masking the characterization of the used
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catalyst by the presence of the other solids (inert in the SR runs or inert/sorbent
in the SESR runs). The particle size selected for each solid (SiC, ~ 75 pm; dolomite
90-125 pm; catalysts 150-250 pm) facilitates this separation. Thus, only traces of

inert or dolomite might remain in the used catalyst after sieving.

4.2.2.1. Structural properties

Figure 4.17 shows the XRD patterns of catalyst samples used in the SR and SESR
runs with PBR or FBR. Notice that the XRD patterns of the samples used in
PBR under these conditions correspond to the two upper XRD patterns in Figure
4.10, previously commented, which have also been included in Figure 4.17 for a
clearer comparison of the results in both reactors. Similarly to what was observed
in PBR, no NiO peaks are detected in the samples used in FBR and the average
Ni° particle size, calculated using Debye-Scherrer equation at 20 = 51.8°, is similar
for the fresh-reduced (15 nm) and catalyst samples used in FBR (16-17 nm),
which also allows excluding Ni oxidation and Ni sintering as deactivation causes
in FBR. Consequently, this must be attributed to coke deposition. The presence
of a broad peak at a diffraction angle of 20 = 26° for the catalyst used in PBR in
SR conditions suggests the presence of a high crystallinity coke (graphitic carbon),
which is less observable for that used in FBR. Moreover, the use of dolomite
increases the intensity of this diffraction peak in both reactors, which indicates

the presence of more crystalline carbon structures.

The deposition of different types of coke (inside and outside the particles) causes
the deterioration of the catalyst properties, leading to a partial blocking of the
pores of the AloO3 support, which together with the encapsulation of the Ni sites
by amorphous coke are the causes of catalyst deactivation [174, 307]. To evaluate
the deterioration of the porous structure of the catalyst, N2 adsorption-desorption
isotherms have been obtained for used catalyst samples (Figure B.1a and Figure
B.1b for PBR (SR and SESR (SCwmr of 10) runs) and Figure B.5 for FBR (SR
and SESR runs)), from which the textural properties (BET surface area, pore
volume and average pore diameter) have been calculated. For the SR runs, there

is an increase in BET surface area for the catalyst used in FBR (72.8 m?/g)
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compared to that of the fresh-reduced catalyst (65.1 m?/g). Nevertheless, the
BET surface area of the catalyst used in the PBR (64.2 m?/g) is slightly lower
than that of the fresh-reduced catalyst. This result evidences a different
morphology of coke formed in the PBR than in the FBR. Conversely, the pore
volume of the catalyst used in FBR decreases (values of 0.18 ¢cm?/g compared to
0.24 cm?3/g for fresh catalyst), which suggests a partial blockage of the mesoporous
structure of AloOs support according to the deposition of low porosity coke
(amorphous carbon). This decrease in BET surface area and pore volume is more
noticeable in the PBR (see the three first rows in Table 4.1). The slight increase
in BET surface area for the catalyst used in the SESR run in the FBR (69.6
m?/g) compared to the fresh catalyst (65.1 m?/g) could be explained by additional
porosity created by some filamentous coke deposited on this sample, which

partially counteracts the decrease in BET surface area due to amorphous coke.

oNi 0ALO, xCoke +SiC

Intensity, a.u.

10 20 30 40 50 60 70 80

Figure 4.17. XRD patterns of Ni/AlO3 catalyst samples used with a PBR or FBR in
the SR and SESR runs.
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4.2.2.2. Morphology and location of coke

The BSE-SEM detector was used to distinguish between different elements on
the external surface of the catalyst particles based on the brightness intensity,
and SE-SEM images of the catalyst particles zoomed in on the catalyst surface

were taken in order to determine the coke morphology in more detail.

Figure 4.18 and Figure 4.19 compare BSE-SEM images of the catalyst particles
used in the SR and SESR runs, respectively, with the two different reactors.
Differently from the fresh catalyst (Figure 2.11a), all the used samples exhibit a
low brightness intensity (dark appearance), which is indicative of carbon
deposition on the external surface of the particle. Based on the brightness
intensity, in the absence of dolomite (SR runs) carbon deposition is more severe
on the catalyst used in a PBR (Figure 4.18a) than on that used in the FBR
(Figure 4.18b). The latter shows a homogeneous higher brightness level, which

evidences less coke deposition on the external surface of the particle.

Nonetheless, the use of dolomite (Figure 4.19) results in a heterogeneous coke
deposition, showing differences in the particle shapes and textures for both
reactors. In the PBR (Figure 4.19a), the agglomeration of catalyst particles
embedded in coke agglomerates can be seen, whereas the particles used in the
FBR are separated, with the presence of abundant carbonaceous material on their
surface (Figure 4.19b).

[

$3400 15.0kV 7.7mm x50 BSECOMP

Figure 4.18. BSE-SEM images of the catalyst used in the SR runs in PBR (a) and FBR
(b).
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Figure 4.19. BSE-SEM images of the catalyst used in the SESR runs in PBR (a) and
FBR (b).

The SE-SEM images of catalyst particles used in the two different reactors are
shown in Figure 4.20 (used in SR runs) and Figure 4.21 (used in SESR runs). In
some particles of the sample used in the SR run in FBR (those with dark rough
surface in Figure 4.18b) the presence of mostly thin, loose and short carbon
filaments is observed (Figure 4.20b). Nevertheless, most of the catalyst particles
used in FBR (slight bright smooth particles in Figure 4.18b) show a porous
surface resembling that of the fresh-reduced catalyst (Figure 4.22), evidencing a
low carbon deposition on their external surface. In the catalyst used in PBR
(Figure 4.20a) some carbon filaments are also observed, which are more
heterogeneous than those formed in the fluidized-bed, and interestingly, abundant
carbon spheres are formed. In the catalyst used in the SESR run in PBR (Figure
4.21a), the presence of carbon spheres is negligible, and the presence of carbon
filaments predominates, as in the catalyst used in the FBR (Figure 4.21b). This
higher amount of carbon filaments deposited on the catalysts samples used in the
SESR runs compared to SR runs is coherent with the observation of more
crystalline coke structures in the XRD diffractograms of these samples (Figure
4.17).
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1.00um J S4800 5.0kV 8.0mm x50.0k SE(M)
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Figure 4.21. SE-SEM images of the catalyst used in the SESR runs in PBR (a) and
FBR (b).

$4800 5.0kV 8.1mm

Figure 4.22. SE-SEM image of the slight bright particles of the catalyst used in the SR
run in the FBR.
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4.2.2.3. Amount and types of coke

The amount of coke deposited on the catalyst and on dolomite and its nature
and/or location in the particle have been determined by TPO analysis of the used
materials. Figure 4.23 shows the TPO profiles of the catalyst used in the SR
(Figure 4.23a) and SESR (Figure 4.23b) runs with both reactor configurations
(PBR and FBR). In terms of total coke contents (Table 4.3), a lower amount is
observed in the catalyst used in FBR compared to the one used in PBR.
Therefore, in the SR run this difference is considerable and the contents are 73
wt% and 17 wt% for PBR and FBR, respectively. This difference, smaller in the
SESR runs, is in agreement with the higher pore blockage and decrease of the
BET surface area in the PBR, commented in section 4.2.2.1. This result is
coherent with the established effect of particle movement in the FBR on

attenuating coke formation in the reforming of different feeds [151, 155-158].

The comparison of the average coke yields on the catalyst after 300 min TOS
(Figure 4.24) shows that it decreases with the presence of dolomite in the PBR,
but conversely increases in the FBR. The coke yield deposited on dolomite in the
SESR runs (3.7 % and 2.9 % in PBR and FBR, respectively, Figure 4.24)
highlights the coke-forming capacity of dolomite, and suggest that the vigorous
contact between catalyst and dolomite in the FBR (with dolomite/catalyst ratio
of 10) favours the mechanisms of coke formation on the catalyst. This coke-
forming capacity of dolomite has been demonstrated in previous works [265, 266]
in which dolomite has been used as a guard-bed prior to the reforming reactor
due to its capacity for the pre-reforming of oxygenates from the bio-oil, so that
it modifies the composition of the oxygenates and enables the extent of the

reforming in the subsequent reforming step.

In all the TPO profiles in Figure 4.23 two combustion domains are identified, as
previously observed in Figure 4.8a for this catalyst/sorbent system, which is
attributable to different coke nature: a fraction burning at low temperature (LT-
coke) and a fraction burning at high temperature (HT-coke). These TPO profiles
are in line with the XRD diffractograms in Figure 4.17, showing low peak

intensity at 6=26° (corresponding to coke crystalline structures) in the sample
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used in the SR run in FBR (whose HT-coke fraction is minority). Furthermore,
the comparison of the results of coke morphology (section 4.2.2.2) with those of
coke content and combustion characteristics (Figure 4.23) evidences that there is
a direct correlation between HT-coke fraction and the coke that is clearly visible
on the catalyst external surface. Thus, most of the used catalyst particles in the
SR run in FBR (with minority formation of HT-coke, Figure 4.23a), are bright
(Figure 4.18b).
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Figure 4.23. TPO profiles for the catalyst used in the SR (a) and SESR (b) runs in
PBR (solid lines) or FBR (dashed lines).
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Figure 4.24. Comparison of coke SR yields on catalyst and sorbent in SR and SESR
runs with both reactor types.
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The TPO profiles in Figure 4.23 were deconvoluted into several combustion
peaks, and those with the maximum of the peak located below 500 °C were
assigned to LT-coke, while those with maximum of combustion peak above 500
°C were assigned to HT-coke. The results of the deconvolution of the TPO profiles
of the catalyst used in the SR run in PBR (Table 4.3), evidence that HT-coke is
the prevailing coke fraction in this sample (89.2 % of the total coke), whose
combustion peak has a maximum at 560 °C (Figure 4.23a). When dolomite is
used in the PBR (SESR runs), HT-coke formation decreases and its combustion
peak shifts towards lower combustion temperature (538 °C), whereas the growth
of the LT-coke fraction is promoted (Figure 4.23b). As a result, the HT-fraction
is 76.7 % of the total coke.

Table 4.3. Total coke and coke fractions content (wt%), and fraction of LT-coke
deposited on the catalyst for SR and SESR runs with both reactor types.

Reactor R Coke content, wt% LT-coke
un
type LT-coke | HT-coke Total fraction
SR 7.9 64.7 72.6 10.8
PBR
SESR 15.0 49.6 64.6 23.3
SR 12.2 5.0 17.2 70.7
FBR
SESR 13.6 43.9 57.5 23.7

The relative content of coke fractions in the catalyst used in SR run with FBR
(dashed lines in Figure 4.23a) differs significantly from that used in the PBR
(solid lines). Thus, in the FBR the formation of HT-coke (5.0 wt%, Table 4.3) is
noticeably attenuated compared to the PBR (64.7 wt%) and it burns at higher
temperature (maximum at 587 °C), which suggests that it is more structured
coke. This may be a consequence of the favoured gasification of HT-coke in the
FBR, that noticeable reduces its amount, but leaves a carbon structure that is
more condensed/developed. Nevertheless, the content of LT-coke (12.2 wt%) is
slightly higher than in the PBR (7.9 wt%), most probably due to the lower
conversion and, consequently, higher concentration of oxygenates, which are

precursors of the amorphous LT-coke formation by decomposition/cracking
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reaction (Eq.(1.16)). Conversely, in the presence of dolomite (SESR runs, Figure
4.23b), the formation of HT-coke is predominant (43.9 wt%, 76.3 % of the total
coke) over LT-coke (content of 13.6 wt%).

The different evolution observed in the formation of both coke fractions due to
the presence of dolomite seems to indicate a change in the mechanism of coke
formation, and this variation is affected differently by the fluid dynamic regime
in the reactor. The possible cause of this change may be the role of dolomite as a
catalyst for the interconversion reactions of the oxygenates in the bio-oil [265].
Consequently, changes in the composition of the oxygenates will have a major
impact on coke formation and nature, as has been demonstrated in section 3.2.
In the FBR, a synergy between the mechanisms of coke formation on both solids
cannot be ruled out, so that the deposition of amorphous coke on dolomite
(exclusive because no HT-coke is formed, as shown in Figure 4.25) favours the
development of the mechanism of coke formation and evolution on the catalyst,
due to the vigorous contact between the catalyst and dolomite particles in this

reactor.

DTG, mgcoke/(min'gsorbent)

400 500

Temperature, °C

300

Figure 4.25. TPO profiles for the dolomite used in the SESR runs in a PBR (solid lines)
or FBR (dashed lines).

Another plausible explanation is the water adsorption capacity of saturated

dolomite (CaCO3+MgO), considering that CaCOs is able to adsorb water at high
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temperatures [345]. Although the water adsorption capacity of the saturated
dolomite (0.017 and 0.010 mmol/g at 150 °C and 400 °C, respectively) is lower
than that of the catalyst (0.096 and 0.031 mmol/g at 150 °C and 400 °C,
respectively), the presence of a large amount of dolomite in the catalytic bed
(dolomite/catalyst ratio of 10) may cause a water adsorption competition with

the catalyst, which negatively affects the coke gasification.

4.2.2.4. Structure of coke

Figure 4.26 shows the Raman spectra of the used catalyst samples. All the
samples show the typical G (1589 ¢cm™) and D (1343 cm™) bands attributable to
different carbon structures, and other minor bands are also inferred at around
1200 ecm™ (associated to C-H vibrations) and 1500 cm™ (associated to amorphous
carbon and denoted as D3). The spectra were deconvoluted into these four bands
in order to have a better interpretation based on the D and G band widths and

intensity ratios between G and D or D3 (summarised results in Table 4.4 and

Figure B.13).
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Figure 4.26. Raman spectra of the catalyst used in the SR (a) and SESR (b) runs in
PBR (solid lines) or FBR (dashed lines).
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Table 4.4. Results of Raman spectra deconvolutions for the used catalysts.

Reactor D G
Run Ap/Ac! | In/Ig? | Aps/Ac! | Ins/Ig?
type | width | width | “P/A¢ | Io/Ie® | Aps/Act | Ins/Ia
SR PBR 108 52.7 1.62 0.788 0.420 0.153
FBR 152 62.3 1.54 0.628 0.599 0.210
PBR 142 52.9 1.50 0.558 0.450 0.152
SESR
FBR 112 53.9 1.49 0.718 0.392 0.145

1 Calculated from the deconvoluted band areas.
2 Calculated from the deconvoluted band height.

The deconvolution results can be interpreted under these premises:

e Smaller D and G band widths are related to more ordered and/or more
homogeneous structures [346].

e The D/G band ratio is related to the degree of order or “graphitization” of the
carbon structure, but the interpretation depends on the nature of the carbon
structures. As observed by SEM images, the coke is composed of amorphous
carbon and carbon nanostructures (filaments and spheres). These carbon
nanostructures typically have more intense D bands [327, 347, 348], and
therefore a higher D/G intensity or area ratio would indicate the presence of
these structures (together with the observation of smaller D and G band
widths).

e The D3/G ratio gives a direct indicator of the relative content of amorphous
carbon [327], and so as the D3 band increases, the sample would have more

amorphous carbon structures (together with the increase in the D band width).

Based on these premises and the deconvolution results, the coke formed in the
SR in the PBR has a more ordered structure (higher D/G ratio and lower D band
width) with less relative content of amorphous carbon structures (lower D3/G
ratio) than that formed in the FBR. Contrariwise, the coke formed in the SESR
in the FBR has a more ordered structure (higher D/G ratio and lower D band
width) than that formed in the PBR, while the relative content of amorphous

carbon structures is slightly lower. In any case, the coke formed in the SESR in
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both reactors has lower D3/G ratios than that formed in the SR in the FBR and
smaller D band widths, which indicates that the coke formed in the SESR is more
structured than that formed in the SR in the FBR. These observations are
consistent with the SEM and TPO results that evidence a high presence of carbon
filaments and spheres in the coke formed in the SR in the PBR, whereas that
formed in the FBR is mostly amorphous carbon with low presence of carbon
filaments. Similarly, the coke formed in the SESR in both reactors is mostly
composed of carbon filaments, and these results confirm that the carbon filaments
formed in the FBR are more structured than those formed in the PBR.
Interestingly, the D3/G ratio calculated from the deconvolutions are linearly
correlated with the combustion temperature corresponding to the maximum TPO
peak (Figure 4.27). This confirms that the combustion behaviour is mostly related

to the carbon structure nature.

The coke deposited on the sorbent was also analysed by Raman spectroscopy
(Figure B.14 and Table 4.5) and the results indicate that this coke is composed
of amorphous carbon (large D and G band widths and high D3/G ratios). This
is also confirmed by the low temperature combustion determined by TPO analysis

(Figure 4.25), which is consistent with that of amorphous carbon structures.
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Figure 4.27. Linear correlation between the Aps/Ag ratio and the combustion
temperature corresponding to the maximum TPO peak.
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Table 4.5. Results of Raman spectra deconvolutions for the used dolomite.

Reactor D G
Ap/Ac! | In/Ic? | Aps/Ac! | Ins/Ic?
type width width p/Ac" | In/Ie* | Aps/Ac" | Ips/Ta
PBR 166 60.7 1.69 | 0619 | 0.566 0.212
FBR 143 58.0 130 | 0529 | 0.607 0.197

I Calculated from the deconvoluted band areas.
2 Calculated from the deconvoluted band height.

4.2.3. Discussion

The results show that the fluid dynamic regime in the reactor significantly affects
oxygenates conversion, products yields and catalyst stability in the SR and SESR
of raw bio-oil. Presumably, the bubbling and slugging phenomena can occur in
the fluidized regime, causing a fraction of the gas feed to bypass the catalyst
particles and remain unreacted, which decreases the conversion and products
yields. Likewise, both the fluid dynamic regime in the reactor and the reforming
strategy (SR or SESR) greatly affects coke deposition (quantity and nature),
which is related to catalyst stability. This section mainly discusses this latter

complex effect on the coke formation and incidence on the catalyst deactivation.

In general, coke is deposited on the external and internal surface of the Ni/Al2O3
catalyst particles. The internal coke is related to amorphous carbon (LT-coke)
formed from oxygenates decomposition/cracking reaction whereas the external
coke is related to developed carbon structures of carbon filaments and spheres
(HT-coke) mostly formed from CHy/hydrocarbons decomposition and Boudouard

reactions.

In the SR runs, coke is deposited on both the external and internal surfaces of
the catalyst particles in the PBR, whereas coke is preferentially deposited on the
internal surface of the catalyst particles in the FBR. This difference on the
preferential location of coke in the catalyst particles may be due to a phenomenon
of catalyst “rejuvenation” in the FBR, which consists of favouring the coke
gasification on the external surface because the particles are constantly moving

in the bed, being in contact with a gaseous stream that favours its partial
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gasification and/or hinders the development of carbon filaments. Likewise, the
external coke formed in the PBR is composed of carbon filaments and spheres,
whereas that formed in the FBR is composed of solely carbon filaments. The
formation of carbon spheres may be due to the favoured development of these
carbon structures in a static bed, whereas the moving particles in the FBR
partially stop this development together with the occurrence of the “rejuvenation”
phenomenon. The results confirm that the use of a FBR is adequate to stop the
formation of HT-coke at the temperature of this study (600 °C), which is suitable
for maximising COz capture in the SESR run [207].

In the SESR runs, the presence of dolomite has different effects on the coke
deposition according to the reactor type. In the PBR, dolomite presumably acts
as a guard catalyst as the yield of coke on the catalyst decreases. Dolomite is able
to catalyse the oxygenates decomposition/cracking reaction [265, 266], thus
competing with the Ni catalyst, and then part of the carbon fed remains as
amorphous carbon (LT-coke) on the dolomite. Likewise, dolomite contribute to
prevent the formation of carbon spheres in the duration of the reaction run tested
in this work, which contributes to prolong the period of pseudo-stable activity in
comparison with the SR process. This may be due to the fact that this HT-coke
mainly comes from the by-products (negligible at the beginning of the reaction
run because the CO2 capture shifts the reactions equilibria towards the formation
of Hy and COz2), which slows down the development of carbon structures. In the
FBR, the presence of dolomite seems to favour the formation of carbon filaments
(HT-coke) in comparison with the SR process, apparently lessening the effect of
dolomite as a guard catalyst that occurs in the PBR. This effect of dolomite in
the FBR may be due to two phenomena: i) dolomite favours the formation of
carbon filaments from CH4, hydrocarbons and CO originated from oxygenates
decomposition/cracking reaction in the presence of dolomite, and the vigorous
contact between dolomite and all catalyst particles in the FBR accelerates the
mechanism of formation of these filaments upon the catalyst; ii) moreover,
dolomite, especially when saturated, competes for the water adsorption

preventing the “rejuvenation” effect expected in the FBR.
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The correlation between the coke nature/quantification and the catalyst
deactivation is unclear for all the scenarios studied in this work. Presumably, the
formation of LT-coke (amorphous carbon) may contribute to block the Ni sites
in the internal surface of the catalyst particles in the SR of bio-oil in the FBR,
which causes a slow deactivation, while a major part of the Ni sites in the external
surface remains available for the reaction. However, the faster catalyst
deactivation in the PBR may be related to the formation of carbon spheres (HT-
coke) because these structures may encapsulate Ni sites [349] and their volume
may block the access to the pores. Although carbon filaments (also part of the
HT-coke) are commonly regarded as non-deactivated coke species because they
typically follow a tip-growth mechanism, a base-growth mechanism is also likely
to take place that can cause catalyst deactivation [349|. Thus, it is probably that
the formation mechanism of carbon filaments has changed to a base-growth
mechanism in the SESR process, in which Ni sites remain attached to the support
and the filaments grow from them causing an encapsulation. Thus, the HT-coke
composed of carbon filaments or spheres may cause catalyst deactivation

depending on the growth mechanism.

4.3. EFFECT OF CONDITIONS AND CYCLIC OPERATION
WITH NiAl,O0,/DOLOMITE SYSTEM

This section deepens into the performance of the catalyst prepared by reduction
of a NiAlOy4 spinel together with dolomite as a CO2 sorbent in the SESR of raw
bio-oil in a FBR. On the one hand, the effect of different operating variables
(reaction temperature, dolomite/catalyst mass ratio and space time) is analysed
(sections 4.3.1 and 4.3.2). On the other hand, the performance of the system
operating in reaction-regeneration cycles has been analysed (sections 4.3.3 and
4.3.4), due to the ongoing challenge of establishing suitable reaction conditions

for stable cyclic operations in the SESR of bio-oil.
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4.3.1. Behaviour under different conditions

The effect of operating conditions on the reaction indices in the SESR of bio-oil
both in the CO2 capture period (time on stream, 50 min) and after dolomite
saturation (time on stream, 300 min) are presented in this section, in order to
analyse the activity and stability of the NiAlxO4/dolomite system. The focus is
mainly on the effect of temperature, but the effect of sorbent/catalyst mass ratio
and space time are also addressed, considering the relationship between the

influences of these variables.

Figure 4.28 compares values of product distribution results in the CO2 capture
period of the SESR runs (for values of sorbent/catalyst mass ratio of 10 and 20)
and at zero time in the SR runs (sorbent/catalyst mass ratio of 0) at different
temperatures in the 550-700 °C range, with S/C ratio of 3.4 and space time of
0.15 geatalyst-h/Zoxygenates, whereas Figure 4.29, Figure 4.30 and Figure 4.31 show
the evolution with TOS of conversion and product yields for the different
temperatures in the SR run and in the SESR runs with sorbent/catalyst mass
ratio of 10 and 20, respectively. A low space time (0.15 geatalyst-h/Eoxygenates) Was
used to better appreciate the effect of temperature on the catalyst stability in the

post-saturation period in these three latter figures.

In Figure 4.28, the values of SESR runs are average values over the CO2 capture
period, whereas, as previously mentioned, the values of SR run (with a noticeable
deactivation, as shown in Figure 4.29) correspond to zero time on stream. Light
hydrocarbons (C.Hp) yield is not shown because it is not significant for all the
reaction conditions studied. In the SR runs (solid lines in Figure 4.28), increasing
the temperature increases the Hs yield (from 58 % at 550 °C to 81 % at 700 °C),
as the reforming of oxygenates and CHy is favoured. Consequently, the yield of
CHy is negligible at 700 °C. The CO yield increases with increasing temperature

as a consequence of favouring the reverse-WGS reaction.
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Figure 4.28. Effect of temperature on product yield distribution (H2, CO and CHy) (a)
and Hs purity (b) in the CO2 capture period for different sorbent/catalyst mass ratio (0
(SR), 10 and 20). Space time, 0.15 geatalyst-h/Goxygenates; S/C ratio, 3.4.

In the SESR runs (dashed and dotted lines in Figure 4.28), the temperature also
affects the CO2 adsorption equilibrium, which becomes unfavourable as the
reaction temperature increases. In the studied range, the increase in temperature
favours the formation of Ha, whose yield increases from 74 % to 92 % between
550 and 600 °C for a sorbent/catalyst mass ratio of 10 (Figure 4.28a). It is
noteworthy that at 600 °C the reforming of CHjy is almost complete with a yield
of less than 1 %. Above this temperature, the yield of Hs increases only slightly,
despite the increase in oxygenate conversion (Figure 4.29a). This result is
explained by the fact that the CO2 capture by dolomite is unfavourable above
600 °C [207]. Thus, at 650 and 700 °C, the capture capacity of the sorbent
decreases slightly, as observed in the pre-breakthrough period in Figure 4.30c and
Figure 4.31c. The yield of CH4 remains almost null in the CO2 capture period
above 600 °C, despite the promotion of its formation by cracking/decomposition
reaction of oxygenates (Eq. (1.16)) by dolomite, which is explained by the high
activity of the Ni/AlOs catalyst for its SR at these temperatures [96].
Nevertheless, the CO yield (which is less than 1 % at 600 °C) increases slightly
to 6 % at 700 °C with a sorbent/catalyst mass ratio of 10 due to the promotion
of the reverse-WGS reaction with increasing temperature, which leads to a

decrease in Hy purity at high temperatures (Figure 4.28b).
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For a sorbent /catalyst mass ratio of 20 (dotted lines in Figure 4.28), the product
yields in the COs2 capture period are almost equal to those obtained for a
sorbent /catalyst mass ratio of 10, except at 550 °C. At this low temperature, the
Hs yield for a sorbent /catalyst mass ratio of 20 is only 64 % (slightly higher than
that obtained in the SR run), which can be attributed to the significant
deactivation of the catalyst along the CO2 capture period in the SESR run with
high dolomite loading, as observed in Figure 4.31. This catalyst deactivation is
due to the activity of the dolomite for decomposition/cracking of oxygenates
[297], favoured by the low extent of the SR reactions at this low temperature for

this low space time.

In Figure 4.30 and Figure 4.31 the three aforementioned periods for the SESR
reactions are observed: pre-breakthrough (with CO2 capture), breakthrough
(dolomite saturation) and post-breakthrough. In the conditions of Figure 4.30
(dolomite/catalyst mass ratio of 10), the duration of the pre-breakthrough period
is around 30 min above 600 °C and it has slightly longer duration at 550 °C
(Figure 4.30c). The duration of this period is doubled when twice the
sorbent /catalyst ratio is used (Figure 4.31).

The evolution of the product distribution with TOS corresponding to the post-
breakthrough period (after CO2 capture) in Figure 4.30 and Figure 4.31 is a
consequence of catalyst deactivation and in order to explain the effect of
temperature on these trends it is necessary to take into account the different
residual activity of the catalyst at the beginning of this period. Moreover, the
relationship between the effects of temperature and oxygenate concentration (as
coke precursors) on deactivation [164, 266, and the role of dolomite in activating
coke formation should be considered [204]. Thus, as mentioned above, at low
temperature (550 °C) the catalyst has undergone significant deactivation during
the CO2 capture period because the space time was low to convert all the
oxygenates, which explains the subsequent slow decrease in conversion (Figure
4.30a) and yields of Ha (Figure 4.30b) and CO:2 (Figure 4.30c), and the slow
increase in CO yield (Figure 4.30d). These trends indicate that the

catalyst /sorbent system has reached a quasi-steady state at this temperature.
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Conversely, above 600 °C, the catalyst/sorbent system has a higher remaining
activity after the CO2 capture period and its deactivation is slightly more
pronounced with increasing temperature, as observed by the faster decrease in Ha
yield with TOS (Figure 4.30b). This decrease is explained by the attenuation of
the SR and WGS reactions, with a consequent increase in the yields of CO (Figure
4.30d), CHy (Figure 4.30e) and light hydrocarbons (C.Hy) (Figure 4.30f). The
increase in the extent of decomposition/cracking reactions of oxygenates over
dolomite (Eq. (1.16)) with increasing temperature contributes to the increase in
the yield of carbonaceous products [266|, which explains why the decrease in
oxygenate conversion over time (Figure 4.30a) is less pronounced than the

decrease in Hy yield (Figure 4.30b) at high temperature.

When comparing the results of Figure 4.30 (corresponding to SESR with a
sorbent /catalyst mass ratio of 10), Figure 4.29 (SR) and Figure 4.31 (SESR with
a sorbent/catalyst mass ratio of 20), it is observed that the effect of temperature
on catalyst stability is dependent on the presence and content of dolomite. Thus,
at low temperatures (550-600 °C), the presence and content of dolomite has a
negative effect, leading to catalyst deactivation. At 650 °C, the presence and
content of dolomite prolongs the stability period of the catalyst, but after this
period, the deactivation is faster than in the SR process, with a rapid decrease in
the reaction indices. This deactivation rate is faster for the higher dolomite
content (Figure 4.31). Consequently, the Ha yield after 300 min on stream at this
temperature is 33 %, 20 % and 17 % for SR (Figure 4.29b), sorbent/catalyst mass
ratio of 10 (Figure 4.30b) and 20 (Figure 4.31b), respectively. On the contrary,
at 700 °C, the moderate presence of dolomite (sorbent/catalyst mass ratio of 10)
has a positive effect, with the reaction indices decreasing more slowly with TOS
than in the SR run (Figure 4.29). This result is explained by the activity of
dolomite for SR reactions at this temperature, and also because dolomite
deactivates more slowly than the catalyst [265]. However, for a sorbent/catalyst
mass ratio of 20, the excess of dolomite favours higher coke formation by
decomposition/cracking of oxygenates (Eq. (1.16)), with a consequent increase in

the catalyst deactivation rate.
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According to the above results, the best compromise between the reaction
temperature and the value of the sorbent/catalyst mass ratio, in order to
maximise the yield and purity of Hz, and the stability of the process, corresponds
to intermediate values of both variables: 600-650 °C and a sorbent /catalyst mass
ratio of 10. At lower temperatures, the rate of the reforming reactions is limited,
favouring decomposition/cracking reactions of oxygenates, with higher formation
of coke, which deactivates the catalyst, and CH4 as a by-product. At temperatures
above 650 °C, the high Hs yield is offset by its dilution with CO2 and CO, due to
the lower adsorption capacity of dolomite and the formation of CO favoured by
the reverse-WGS reaction. The use of a high sorbent/catalyst mass ratio (of 20
in this study) increases the CO2 capture time, but has the disadvantage of a lower
stability of the Ni catalyst, since it favours the formation of coke by

decomposition of oxygenates activated by the dolomite.

In addition to the variables studied above (reaction temperature and
sorbent /catalyst mass ratio), the effect of space time was also studied, because
the amount of available active catalyst sites affects the extent of reforming and
WGS reactions, and consequently the distribution of products and catalyst
deactivation. In bio-oil SR, catalyst stability is known to improve with increasing
space time values due to the lower concentration of oxygenates in the reaction
medium as a result of the higher extent of oxygenate reforming reactions {164,
171]. Figure 4.32 shows the evolution of the reaction indices with time on stream
for a high space time of 0.30 geatalyst-h/Eoxygenates (twice that of Figure 4.30). The
results correspond to 600 °C and a sorbent/catalyst mass ratio of 10 (the best
conditions previously determined). Comparing the results in Figure 4.32 with the
corresponding results in Figure 4.30 at the same temperature, the duration of the
COg2 capture period is now longer (about 50 min compared to 30 min in Figure
4.30) due to the higher content of dolomite in the bed (10 g, compared to 5 g in
Figure 4.30). It should be noted that this dolomite content is the same as that
used in the runs with a sorbent/catalyst mass ratio of 20 (Figure 4.31), but now

with twice the amount of catalyst.
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Figure 4.32. Evolution with TOS of carbon conversion and product yields. Temperature,
600 °C; space time, 0.30 geatalyst-h/Eoxygenates; sorbent/catalyst mass ratio, 10; S/C, 3.4.

Comparing the product yields results in the CO2 capture period in Figure 4.32
and the red curves in Figure 4.30 (those corresponding to 600 °C with half the
space time as in Figure 4.32), a significant improvement in Ha yield and purity is
observed with increasing space time, with values of 95 % and almost 100 %,
respectively, in Figure 4.32. The combined effect of the increase of the CO2
capture capacity by increasing the amount of dolomite and of the extent of
reforming and WGS reactions by increasing the amount of catalyst contributes
to this result. Furthermore, after the CO2 capture period, it is observed that the
stability of the catalyst has increased with increasing space time value. As a

result, the Hy yield remains high (around 72 %) after 5 h of operation.

4.3.2. Characterization of the catalyst and sorbent used under

different conditions

The results in section 4.3.1 evidence that the stability of the catalyst depends on
the operating conditions. In order to identify the causes responsible for the
deactivation and its dynamics during the CO2 capture periods in Figure 4.30,
samples of the catalyst used after 50 min on stream (end of the CO2 capture
period) and after 300 min on stream (end of the runs in Figure 4.30, corresponding
to the post-capture period) were analysed using different techniques (TPO, XRD,

N2 adsorption-desorption and SEM). After each reaction, the three components
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of the catalytic bed (catalyst/sorbent/inert solid) were separated by sieving, in

order to characterize the used catalyst separated from the sorbent and inter solid.

4.3.2.1. Coke deposition

Figure 4.33 shows the TPO profiles and the corresponding coke content (wt%)
for the catalyst used at different temperatures. It should be noted that the scale
of the two graphs is different. Graph (a) corresponds to the runs performed up to
the breakthrough regime with CO2 capture (50 min on stream), whereas graph
(b) corresponds to the catalyst used in the 300 min duration runs (corresponding
to the reactions in Figure 4.30). For comparison, the TPO profiles for the
catalysts used in the SR runs (without sorbent) are plotted in Figure 4.34. The
aforementioned two combustion domains corresponding to coke burning below
500 °C or above 500 °C are observed in Figure 4.33, but with notable differences
for the different temperatures, revealing a remarkable effect of the reforming
temperature on the coke content and nature in the two groups of runs. For the
catalysts used only in the CO2 capture period (Figure 4.33a), the coke burning
below 500 °C (presumably amorphous coke and deposited on the Ni sites) is the
only coke fraction at a reforming temperature of 550 °C. As the reaction
temperature increases, the total coke content decreases, and so does this
amorphous coke fraction, while a fraction burning above 500 °C appears at 600
°C and becomes the predominant fraction above 650 °C. These trends indicate
that the deposition of coke is attenuated, but the deposited coke is more

refractory as the reforming temperature increases.

Comparison of the TPO profiles in Figure 4.33a and Figure 4.33b shows that at
a reforming temperature of 550 °C the nature of the deposited coke is similar,
although the coke content increases for the higher TOS (Figure 4.33b). Therefore,
at a reforming temperature of 550 °C, there is a rapid deposition of amorphous
coke during the CO2 capture period, which is deposited on the metal sites, its
main origin being the decomposition/cracking of oxygenates (Eq. (1.16)), as
mentioned in sections 4.1.2.1 and 4.2.2.3. The deposition of the same type of

amorphous coke continues for the rest of the reaction at 550 °C (Figure 4.33b),
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although more slowly than during the CO2 capture period. Moreover, it is
noteworthy that the content of amorphous coke in Figure 4.33a decreases with
increasing temperature, as its gasification is promoted (Eq. (1.22)), whereas the
formation of coke burning above 500 °C is favoured, which is related to a more
structured coke: filamentous coke, formed by CHy decomposition (Eq. (1.20)) and
Boudouard reaction (Eq. (1.21)) [255, 259|; or pyrolytic coke, formed by
decomposition/cracking of oxygenates (Eq. (1.16))[303].
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Figure 4.33. TPO profiles and coke content (wt%) for the catalyst used at different
temperatures in the CO2 capture period (50 min on stream) (a) and after 300 min on
stream (b). Space time, 0.15 geatalyst-h/Goxygenates (¥ 0.30 Geatalysth/Goxygenates for dashed red
line in graph b); sorbent/catalyst mass ratio, 10; S/C, 3.4.
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Figure 4.34. TPO profiles and coke content (wt%) for the catalyst used at different
temperatures in the SR run. Space time, 0.15 geatalyst-h/Goxygenates; S/C, 3.4; TOS, 5 h.
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The TPO profile for the reforming temperature of 600 °C in the period after CO2
capture (Figure 4.33b) and the difference of this profile with the one in Figure
4.34, corresponding to the SR (without dolomite) of the bio-oil, reveals a
remarkable role of dolomite in the coke deposition at this reforming temperature.
In the previous section (section 4.2), this higher deposition of filamentous coke is
explained by the synergy of the coke formation mechanism on the catalyst and
the dolomite. This synergy is facilitated by the good contact between the two
solids in the fluidized-bed reactor, which increases the formation of filamentous
coke structures. However, this role of dolomite in coke deposition is not relevant
at 6560 and 700 °C and the TPO profile shows a similar trend in the different
reaction periods (compare green and blue curves in Figure 4.33a and Figure
4.33b). At these temperatures the coke formation mechanisms are limited by
gasification, and furthermore, the formation of filamentous coke by Boudouard
reaction is disfavoured with increasing temperature. The attenuation of coke
deposition above 650 °C is particularly important after the CO2 capture period,
where the formation of structured coke on the catalyst is notably decreased
(Figure 4.33b). However, this coke fraction is present in the majority of the SR
runs of bio-oil at high temperature (as observed in Figure 4.34). The explanation
for the low deposition of structured coke in the SESR runs at high temperature
is the contribution of dolomite to the reforming of oxygenates from bio-oil [265],
which is evidenced when comparing the results in Figure 4.30a (SESR) and Figure
4.29a (SR). Besides, the activity of dolomite for tar gasification is well established
[350, 351|, so it is likely to be active in the gasification of coke evolution
intermediates. These results in Figure 4.33b and Figure 4.34 (blue curves
corresponding to 700 °C) are coherent with the higher stability in the SESR runs
compared to the SR runs (compare blue markers in Figure 4.30 and Figure 4.29,
respectively). The attenuation of coke deposition on Ni-based catalysts above 700
°C and S/C ratio above 2 has been observed in the literature in the SR of biomass

gasification gas [352].

The results of the nature of the coke (amorphous or filamentous) obtained from
the TPO analysis were corroborated by SEM images of the catalyst used at

selected operating conditions, as shown in Figure 4.35. Thus, in the SEM images
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of the catalyst particles used at 600 °C and with a sorbent /catalyst mass ratio of
10 (Figure 4.35c¢ and Figure 4.35d), a high presence of carbon filaments is
observed. Conversely, there are no carbon filaments in the catalyst used at 550
°C with a sorbent/catalyst mass ratio of 10 (Figure 4.35a and Figure 4.35b) and
the presence of carbon filaments is clearly a minority in the catalyst particles
used at 700 °C with a sorbent/catalyst mass ratio of 20 (Figure 4.35e and Figure
4.35f).

Figure 4.35. SE-SEM images of the catalyst used in the SESR runs with
dolomite/catalyst mass ratio of 10 at 500 °C (a,b) and 600 °C (c,d), and with
dolomite/catalyst mass ratio of 20 at 700 °C (e,f). Space time, 0.15 geatalyst-h/Zoxygenates;
S/C ratio, 3.4; TOS, 5 h.
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Regarding the effect of space time on coke deposition, the comparison of the TPO
profiles for two space time values at 600 °C (continuous and dashed red lines in
Figure 4.33b) confirms the well-known fact that coke deposition in bio-oil
reforming is significantly attenuated with decreasing oxygenate concentration
(precursors of amorphous coke) [96, 168, 171]. In this case, both amorphous coke
and filamentous coke formation are notably attenuated by doubling the space
time, as the higher amount of catalyst promotes the reforming of oxygenates, CHy

and light hydrocarbons.

4.3.2.2. Deterioration of the used catalyst properties

In order to assess the sintering of Ni crystals and the crystalline state of the coke
deposits, Figure 4.36 shows the XRD patterns of the catalyst samples used at
different temperatures under the conditions of Figure 4.30 and Figure 4.31
(sorbent /catalyst mass ratio of 10 and 20, respectively). Peaks corresponding to
Ni® and AlxOs crystals are identified, but the presence of NiO is not detected,
confirming the high reducing capacity of the reaction medium to maintain the
active metal in a reduced state at the different temperatures. The average size of
the Ni crystals of the used catalyst samples (Table 4.6) was calculated from the
diffraction peak at 20 =51.8° using the Debye-Scherrer equation. The estimated
value increases slightly in the range of 15-20 nm for the used catalysts compared
to the fresh-reduced catalyst (15 nm), indicating no significant sintering
phenomenon of the Ni crystals. Consequently, as observed at 600 °C in sections
4.1.2.2 and 4.2.2.1, Ni sintering is not a deactivation cause for this catalyst under
SESR conditions over the whole 550-700 °C range, as previously observed under
SR conditions [96].

The presence of a broad peak at a diffraction angle of 20 = 26°, corresponding to
high crystallinity coke (graphitic carbon), is observed in the catalyst samples used
at 600 °C (more pronounced at the lowest space time). This result is coherent
with the TPO profiles in Figure 4.33b and the SEM images in Figure 4.35¢ and
Figure 4.35d, and corroborates the structured nature of the main combustion

peak in the coke deposited at 600 °C, whose amount decreases significantly with
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increasing space time. The absence of the diffraction peak at the angle of 26° in
the coke deposited at 550 °C corroborates its amorphous nature. For the catalysts
used in the SESR above 650 °C, although some structured coke is deposited
according to the TPO profiles (Figure 4.33b), its small amount does not allow it
to be detected in the corresponding XRD patterns in Figure 4.36.
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Figure 4.36. XRD patterns of Ni/Al:O3 catalyst samples used in the SESR runs at
different temperatures. Space time, 0.15 geatalyst-h/Goxygenates (* 0.30 Zeatalyst-h/Goxygenates);
S/C ratio, 3.4; TOS, 5h; sorbent/catalyst mass ratio of 10 (a) and 20 (b).

To assess the deterioration of the porous structure of the catalyst, and its
contribution to deactivation, N2 adsorption-desorption isotherms have been
obtained for used catalyst samples (Figure B.6 in Annexes), from which the
physical properties (BET surface area, pore volume and average pore diameter)
have been determined (Table 4.6). All the samples in Figure B.6 show a type IV
isotherm, characteristic of mesoporous materials. Similarly to the fresh-reduced
catalyst (Figure 2.5a), the samples used at the lower temperature (Figure B.6a)
present a hysteresis of the type H2, which is attributed to a difference in
mechanism between condensation and evaporation processes occurring in pores
with narrow neck and wide bodies. Conversely, a H3-type hysteresis cycle is

observed in the isotherms of the catalysts used above 600 °C (Figure B.6c,e,g),
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which shows no limiting adsorption at high P /Py, and is associated to aggregated
plate-like particles giving rise to slit-shaped pores [300]. Overall, there is an
evolution of mesoporosity with a slight progressive decrease from the highest
temperature to 550 °C. For most of the used samples, the total volume adsorbed
at high pressures (P/Po = 1) is lower than that of the fresh-reduced sample,
demonstrating the partial blockage of the mesopores, which is more pronounced
at the lowest reforming temperature and is therefore coherent with a more rapid

deactivation (Figure 4.30).

Table 4.6. Physical-chemical properties (average Ni® crystal size (dni), BET surface area
(SBET), pore volume (Vpore) and average pore diameter (dpore) of fresh Ni/AlxOs catalyst
and samples used in the SESR of raw bio-oil at different temperatures and
sorbent /catalyst mass ratio. Space time, 0.15 gcatalyst-1/Zoxygenates; S/C ratio, 3.4.

Sample Temperature, | dni, | SBET, | Vpores dpore,
°C nm | m?/g | cm3/g | nm
Fresh Ni/AlO3 - 15 65.1 0.24 13.1
550 15 62.3 0.11 7.1
Used 600 16 69.9 0.18 13.4
(sorbent /catalyst 600* 20 79.6 0.25 134
mass ratio = 10) 650 16 60.6 0.20 14.4
700 16 65.0 0.26 15.4
Used 550 16 58.9 0.13 8.3
(sorbent /catalyst 600 16 52.1 0.13 10.8
mass ratio = 20) 650 16 | 555 | 0.16 12.0
700 17 57.9 0.21 13.1

* Space time, 0.30 gcatalyst‘h/goxygenates
For all the reforming temperatures studied, the BET surface area of the used

catalyst decreases with increasing dolomite presence, evidencing a partial

blockage of the mesoporous structure of the catalysts, which is promoted at higher
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sorbent loadings, probably due to the high deposition of a low porosity coke. On
the other hand, the increase in BET surface area observed for the used samples
at 600 °C (more pronounced at high space time) compared to the fresh-reduced
catalyst evidences that there is an additional porosity created by the filamentous
coke deposited on these samples. Overall, the average pore diameter and pore
volume decrease compared to the fresh-reduced sample (more noticeable at low
temperatures, 550 and 600 °C), probably due to the blockage of part of the porous
surface. To sum up, the different BET surface area values (higher or lower than
those of the fresh-reduced catalyst, depending on the reaction conditions) indicate
the formation of both: i) filamentous coke (at 600 °C), which is probably stacked
on the surface of the catalyst, causing an increase in the BET surface area, and

ii) coke clogging the porous structure, causing a decrease in the BET surface area.

4.3.3.Behaviour in the cyclic operation with joint regeneration of the

catalyst and sorbent

The scale-up of the SESR of bio-oil requires the operation in reaction-regeneration
cycles, recovering the CO2 capture capacity of the sorbent (by decarbonation)
and reactivating the catalyst (by coke combustion). The challenge is to perform
these operations simultaneously and in the same unit, avoiding the technological
difficulties of separating and treating the two materials. The NiAloO4 spinel-
derived catalyst is particularly attractive for this purpose because the spinel is
completely reconstructed by coke combustion at high temperature (850 °C, which
is necessary for the efficient decarbonation of dolomite) and the subsequent
reduction of the reconstructed NiAloOy4 spinel at 850 °C achieves a good dispersion
of Ni crystals on the AloO3 support, recovering the activity of the fresh Ni/Al2O3
without the sintering problems of supported Ni catalysts prepared by
impregnation [149, 282]. Dang et al. [353] highlighted the regenerability of
Ni/Al2O3 derived from NiAl2Oy spinel in the dry reforming of CHy, explaining the
reversible phase change of this catalyst (between NiAlxO4 and Ni/AlLO3) in
successive oxidation (coke combustion)/reduction treatments. These authors
propose a strategy of surface spatial confinement in y-AloO3 layers to mitigate the

sintering by migration of Ni under high temperature regeneration conditions
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(required for high amounts of coke). Also, Du et al. [354] proposed a feasible
strategy to regenerate a Ni/AloO3 catalyst deactivated by coke and Ni sintering
in the CO methanation reaction by a solid-phase reaction between NiO and Al2O3
to form NiAloO4 spinel followed by its controlled reduction, as it burns the

deposited carbon and redisperses the Ni nanoparticles well.

In this Thesis, the efficiency of the joint reactivation of Ni/AloO3 catalyst derived
from NiAl2Ou4 spinel and dolomite as sorbent has been studied running 7 reaction-
regeneration cycles. The conditions in the reaction step (established by the results
in section 4.3.1) are 600 °C, space time of 0.30 geatalyst-h/oxygenates (corresponding
to 1 g of catalyst), sorbent/catalyst mass ratio of 10, S/C molar ratio of 3.4 and
TOS of 120 min. These conditions allow to operate with a sufficiently high CO-
capture time (around 60 min), with the appropriate sorbent/catalyst mass ratio
of 10. The regeneration step consisted of coke combustion and COz2 removal in an
external oven at 850 °C for 4 h in air atmosphere (enough time for the complete
removal of the coke deposits and COgz). After each regeneration step, the
catalyst-+sorbent were subjected to a reduction step (at 850 °C for 4 h in H>-N»
(7 vol.% H2)) in order to obtain the active Ni’ particles. The catalyst samples
obtained at the end of some of the reaction steps were characterized using
different techniques (section 2.2.2) in order to know the evolution of their

properties in the successive cycles.

Figure 4.37 shows the evolution with time on stream of the reaction indices in
the 1% reaction step (fresh material) (graph a) and in the 7% reaction step (graph
b) and Figure 4.38 shows the evolution of the Hs yield in the CO2 capture period
in the successive reaction steps. When comparing the 1%t and 7' reaction steps, a
rather similar performance of the catalysts/sorbent bed is observed, indicating a
good overall recovery in the regeneration step of both, the catalyst activity and
the CO2 sorption capacity of the dolomite. Nevertheless, the Hs yield in the 7"
reaction step is slightly lower than that obtained with the fresh catalyst in the
1% reaction, and a small CH4 yield is observed in the CO2 capture period. As
observed in Figure 4.38, this slight decrease in Hs yield in the CO2 capture period

occurs in the 2" and 3" reaction steps (after the first and the second regeneration,
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respectively), but the catalyst/sorbent bed reaches a stable performance from the

3" reaction step onwards.

t . th .
1* reaction 7" reaction

0 30 60 90 120
TOS, min

Figure 4.37. Evolution with TOS of carbon conversion and product yields in the 1% (a)
and 7™ (b) reaction steps (with intermediate regenerations). Reaction conditions: 600 °C;
space time, 0.30 geatalyst-n/Goxygenates; sorbent/catalyst mass ratio, 10; S/C ratio, 3.4.
Regeneration conditions: calcination with air in an external oven at 850 °C for 4 h.
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Figure 4.38. Evolution of Hz yield in the CO2 capture period in successive reaction steps
(with intermediate regenerations). Reaction and regeneration conditions of Figure 4.37.

The possible causes of the decrease in Hs yield during the CO2 capture period
observed in the first two cycles are the incomplete recovery of the CO2 sorption
capacity of the sorbent and/or of the activity for the reforming and WGS

reactions of the catalyst. It is interesting to note that in Figure 4.37 the duration
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of the capture period in the 7'" reaction step is even slightly longer than in the
15 step, suggesting that the dolomite has fully recovered its CO2 capture capacity.
In order to better identify the material that does not recover its activity, Figure
4.39 shows the evolution of the COz yield over time in different reaction steps
(1st, 2nd ) 3rd and 7). It can be observed that the duration of the CO2 capture
period is shorter in the first cycles and remains constant and longer after the
third cycle. Consequently, the decrease in Ha yield during the CO2 capture period
in the first cycles (Figure 4.38) can be attributed to the irreversible deactivation
of the catalyst. Thus, lower activity for the reforming and WGS reactions results
in lower net CO2 formation, which may explain the slight increase in the CO2
capture period duration observed in Figure 4.39 from the third cycle onwards.
The lower catalyst activity also explains why complete reforming of CHy4 is not
achieved during the COz capture period in the last reaction steps (Figure 4.37b).
Moreover, the results in Figure 4.39 evidence that subjecting the dolomite jointly
with the catalyst to the successive reduction steps, prior to each reaction, does

not have a negative impact on the performance of the dolomite.

100

—¢ 1% reaction
80 [—m— 2" reaction

60

YCOz’%

40

20
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Figure 4.39. CO; yield with TOS in successive reaction steps (with intermediate
regenerations). Reaction and regeneration conditions of Figure 4.37.
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In view of the above results, the behaviour of the system composed of Ni/AlO3
catalyst derived from NiAloO4 spinel and dolomite in the SESR of bio-oil in
successive reaction-regeneration cycles is quite satisfactory, as it allows a
reproducible performance from the 3" reaction cycle onwards. The slight loss of
catalyst activity observed between the first two reaction-regeneration cycles
suggests a deterioration of the catalyst properties (as shown in the next sections),
but the catalyst reaches an apparent stabilization (constant activity) after two

reaction-regeneration cycles.

4.3.4. Characterization of the catalyst used in the cyclic operation

The catalyst used in some reaction steps and also the catalyst regenerated after
the 7% reaction were characterized by several techniques (TPO, TPR, XPS and
XRD) in order to analyse the possible changes in the physical-chemical properties
of the catalyst along the cyclic operation and to correlate them with the kinetic

performance observed in section 4.3.3.

4.3.4.1. Coke deposition

Figure 4.40 depicts the TPO profiles of the catalyst samples used after the 1%¢
and 7™ reaction steps. For both samples there is a major combustion peak burning
above 500 °C that corresponds to structured coke, with a low amount of
amorphous coke burning below 500 °C. The coke content decreases in the
successive reaction steps (from 17.2 wt% in the first reaction to 12.8 wt% in the
seventh reaction), especially the structured coke, whereas the amorphous carbon
remains fairly constant. The difference in coke deposition in Figure 4.40 is
consistent with the slightly lower catalyst activity observed after the first two

reaction-regeneration cycles (Figure 4.38).
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Figure 4.40. Comparison of the TPO profiles and coke content (wt%) deposited on
Ni/Al>O3 catalyst samples used in the 15¢ and 7t reaction steps.

4.3.4.2. Deterioration of the catalyst properties

Figure 4.41 shows the TPR profiles of the fresh catalyst and the catalyst
regenerated after the 7" reaction step. Both samples require a high temperature
for the complete reduction of all the Ni species, consistent with the predominant

presence of the NiAl2Oy spinel structure in the fresh and the regenerated catalysts.
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Figure 4.41. TPR profiles of fresh catalyst and regenerated after the 7t reaction step.
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The TPR profile of the fresh catalyst shows a broad and asymmetric reduction
peak between 500 and 900 °C, with its maximum at 750 °C. The regenerated
catalyst has a similar TPR profile to the fresh catalyst, but shows a more
symmetrical and slightly less wide reduction peak, which suggests that the
reconstructed NiAloOy4 spinel is more homogeneous. Besides, the maximum is
shifted to a higher reduction temperature (peak at 775 °C), that is, a higher
temperature is required for the complete reduction of the reconstructed Ni spinel
structure in the regenerated catalyst. Moreover, a small content of NiO species is
also observed in the 300-500 °C range of this sample, which means that the spinel

is not fully restored after successive reaction-regeneration steps.

The Ni content of the regenerated catalyst after the 7% reaction step was
quantified by Hao-TPR treatment carried out in a thermobalance (up to 1000 °C
to ensure the complete reduction of Ni) by determining the mass loss associated
with the H2O formed. The calculated Ni content (29.1 wt%) is practically the
same as that determined for the fresh catalyst (30.7 wt%), showing that there is
no significant loss of Ni in the successive reaction-regeneration cycles. XPS
analysis (Table 4.7) was also used to quantify the changes in surface Ni content
on the fresh and reconstructed spinel after reaction-regeneration cycles. It is
noteworthy that the surface Ni content of the fresh spinel is slightly lower than
its average Ni content, indicating that the Ni crystals will not be completely
uniformly distributed on the catalyst particle after the spinel reduction, with the
internal Ni content being slightly higher than that on the surface of the particle.
Moreover, the external Ni content decreases slightly after the first two reaction-
regeneration cycles and then remains almost constant in the subsequent reaction
steps. This result suggests that there is a slight redistribution of Ni towards the
interior of the catalyst particle after the first two reaction-regeneration cycles,
but a stable and fully reproducible redispersion of the Ni crystals is achieved in
the subsequent cycles. It should be noted that this trend towards a stabilization
operating in reaction-regeneration cycles has also been observed in a commercial
Ni supported on Ca-Al2O3 catalyst used in the in-line SR of pyrolysis volatiles
from biomass [355] and high-density polyethylene (HDPE) [356]. However, the

remaining activity in the pseudo-stable state is higher in the catalyst used in this
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Thesis, which is explained by the aforementioned regeneration capacity of the
NiAl20y4 spinel.

Table 4.7. Surface Ni content evolution on the fresh and reconstructed spinel after
successive reaction-regeneration cycles determined by XPS analysis.

Cycle Ni, wt%

Fresh NiAloO4 22.8
15 reaction-

] 20.8
regeneration
3" reaction-

) 17.9
regeneration
7™ reaction-

18.6

regeneration

The XRD diffractograms of the used catalyst samples after the 1% and 7" reaction
steps are plotted in Figure 4.42. Similar to the samples used at 600 °C in 300 min
runs (Figure 4.36), the species identified in the XRD pattern of the catalyst used
after the 1% reaction step are Ni’, AloO3 and some crystalline coke. The decrease
in the intensity of the crystalline coke in the XRD diffractograms of the catalyst
used in the 7™ reaction compared to that of the 1% reaction is consistent with the
decrease in the fraction of HT-coke (structured coke) in Figure 4.40. However,
the XRD pattern of the sample corresponding to the 7" reaction step shows that
some NiAl2Oy spinel species still remain in the used sample. This result evidences
that the spinel structure (reconstructed in the regeneration step, as shown in
Figure 4.42) is not completely reduced at the reduction temperature used in the
reaction-regeneration cycles (850 °C). However, after reduction of the regenerated
catalyst at 900 °C (externally, in a Micromeritics AutoChem II 2920 apparatus),
the only species observed are Ni? and AlyOs3, as in the fresh-reduced (at 850 °C)
catalyst (Figure 2.8a). This result is in agreement with the TPR results (Figure
4.41) and shows that a higher reduction temperature (> 850 °C) is required for
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the complete reduction of the NiAloOy4 spinel after the joint regeneration of the

catalyst/sorbent bed. It should be noted that the Ni? crystal size (calculated by

the Debye-Scherrer equation from the diffraction peak at 20 =51.8°) for the
catalyst used in the 7% reaction step (14 nm) is even slightly smaller than for the

fresh-reduced catalyst (15 nm), confirming that there is no sintering of the Ni’

crystals under the conditions studied.
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Figure 4.42. XRD pattern of Ni/Al>O3 catalyst samples used in the 15" and 7t reaction
steps, the catalyst regenerated after the 7t step and after its subsequent reduction at 900

°C.

Therefore, the NiAloOy4 spinel-derived catalyst and dolomite are suitable for its
use in bio-oil SESR, since the catalyst/sorbent bed can be jointly regenerated

together at elevated temperature to recover both catalytic activity and COa2

capture capacity.
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Chapter 5

COMBINED STEAM/DRY REFORMING
(CSDR) OF RAW BIO-OIL

This Chapter approaches the combined reforming (with steam and CO2) of raw
bio-oil as an efficient route to attain the combined objectives of CO2 valorization
and sustainable production of syngas from biomass with a suitable Ha/CO ratio
for the synthesis of chemicals and fuels. Firstly, a thermodynamic analysis of a
simulated bio-oil (mixture of individual oxygenated compounds present in a real
bio-oil) is performed for different reaction temperatures and feed compositions
(S/C and CO2/C molar ratios). From these results, the range of operating
conditions that maximise the syngas yield and those required to produce a syngas
with a target Ha/CO ratio have been delimited. The energy requirements of the
process for the different configurations have also been calculated. Secondly, an
experimental study of the CSDR of a raw bio-oil with a Ni/Al2O3 catalyst derived
from NiAl2O4 spinel has been carried out, focusing on the effect of operating
conditions (temperature, CO2/C ratio, S/C ratio and space time) on the
conversion of both oxygenates in bio-oil and CO2, on syngas yield and

composition, and catalyst stability.

Part of the results in this Chapter have been published in Chem. Eng. Trans.
2023, 99, 355-360 and J. CO2 Util. 2023, 72, 102503.






5.1. Thermodynamic study of the CSDR of a simulated bio-oil

5.1. THERMODYNAMIC STUDY OF THE CSDR OF A
SIMULATED BIO-OIL

In this section, the thermodynamic analysis of the CSDR, of a simulated bio-oil
has been performed at different values of temperature and feed composition
(molar ratios of CO2/C and S/C, referred to C in the bio-oil at the reactor inlet).
The simulated bio-oil is composed of 6 typical compounds (acetic acid,
hydroxyacetone, 2-methoxyphenol, furfural, ethanol and acetone), which are
representative of the majority families of oxygenates in the composition of raw
bio-oils (comprising both aqueous and organic fractions). Emphasis has been
placed on the capacity of the CSDR of bio-oil for CO2 valorization and, with this
goal in mind, special attention has been paid to delimiting the conditions that
allow positive values of CO2 conversion and/or reduction of CO2 emissions
compared to the conventional SR process (without CO2 addition). Besides, the
operating conditions that maximise the yield of syngas (mixture of Ho+CO) and
those required to produce a syngas with a H2/CO ratio of 1 and 2 have been
identified. The energy requirements of the unit have also been considered for all
the proposed configurations, as the viability of the process for the industrial
implementation requires the production of syngas with a reasonable energy

requirement.

5.1.1. Effect of operating conditions on products yields and CO,

conversion

Figure 5.1 shows the joint effect of temperature and CO2/C ratio on the yield of
H2 and carbon by-products (graphs a-e), syngas yield (graph f), H2/CO ratio
(graph g) and COz conversion (graph h), at a fixed S/C ratio of 0.5 taken as an
example, which is close to the stoichiometric value for a real bio-oil. To appreciate
better the effect of the CO2/C ratio on these reaction indices, Figure A.10
(Annexes) shows their evolution as a function of the CO2/C ratio, with the
temperature as a parameter. Moreover, the joint evolution with temperature of
the equilibrium flow rates of products for different feed compositions is depicted

in Figure A.11. This type of plot is commonly used in thermodynamic studies of
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reforming processes (357, 358|, and is useful for understanding the trends in the
reaction indices shown in Figure 5.1. From these values of equilibrium products
flow rate, the equilibrium constants of the main reactions involved in the process
have been evaluated for the whole range of temperatures studied. The results
(depicted in Figure A.12) are in total agreement with those previously reported
by Caravella et al. [359].

At low temperature, the main products are CHs and coke with small yields of Ha,
CO2 and CO, which indicates that strongly endothermic steam reforming
reactions hardly occur in these conditions and there is a higher extent of
oxygenates cracking and coke formation reactions. As the temperature increases,
the yields of Ho and CO2 increase until reaching a maximum that is more
remarkable and shifts towards lower temperatures with increasing CO2/C ratio,
being located at 600 °C (H: yield, Figure 5.1a) and 400 °C (CO2 yield, Figure
5.1b) for a CO2/C ratio of 5. Above 400 °C, the yield of CO increases continuously
with temperature (more noticeably between 500-700 °C, Figure 5.1c), whereas the
CHy yield (Figure 5.1d), conversely to CO, decreases with temperature, being
insignificant above 800 °C for CO2/C ratio above 0.5. This effect of temperature
on the equilibrium yields of the different products is a consequence of the different
impact that this variable has on the equilibrium constants of the reactions
involved in the process, mainly on Boudouard reaction (Eq. (1.21)), WGS (Eq.
(1.15)) and methane dry reforming (MDR) (Eq. (1.26)). Thus, as observed in
Figure A.12, below 500 °C the equilibrium constant for the Boudouard reaction
is several orders of magnitude higher than those of the rest of the reactions
involved in the process. These values explain that, apart from CO2 (which is fed
to the Gibbs reactor with the oxygenated compounds), coke is by far the major
carbon containing compound in the equilibrium at temperatures below 500 °C, as
shown in Figure A.lla-Figure A.llc. Nevertheless, the equilibrium constant of
the Boudouard reaction decreases more than two orders of magnitude when
temperature increases from 500 to 700 °C range (red curve in Figure A.12),
whereas the equilibrium constant of the MDR increases three orders of magnitude
and the reverse-WGS also increases slightly. These changes in the equilibrium

constants explain the rapid decrease in the 500-700 °C range of the yield of CO2

216



5.1. Thermodynamic study of the CSDR of a simulated bio-oil

and coke (Figure 5.1b and Figure 5.1e, respectively), or their equilibrium flow
rates (Figure A.1la-Figure A.1lc.), together with the parallel rapid increase in
CO yield (Figure 5.1c) or its equilibrium flow rate (Figure A.11la-Figure A.11c.).
Above 750 °C and in the absence of coke or CHi, the reaction governing the
composition of the products is the reverse-WGS, whose equilibrium constant
increases slightly with temperature (blue curve in Figure A.12), which explains

the slight decrease in the yields of Hs and CO2 at high temperatures.

Regarding the effect of CO2/C ratio, at high temperatures the coke yield
noticeably decreases with increasing CO2/C ratio (Figure 5.1e), which is the
expected result according to Le Chatelier’s principle [360|, because the addition
of the product CO2 promotes the reverse-Boudouard reaction. Nevertheless, at
low temperature the coke formation is promoted with the increase in COz/C ratio
(Figure 5.1e and blue curve in Figure A.10e). This unexpected result can be
explained by the noticeable higher value of the equilibrium constant of the
Boudouard reaction at these temperatures over the reverse-WGS and MDR
reactions (Figure A.12). Thus, although the increase in CO2/C ratio promotes
the formation of CO through MDR and reverse-WGS reactions, all the CO formed
is rapidly converted by Boudouard reaction, which explains the increase in coke
yield. The H» yield does not change with the CO2 addition below 600 °C (Figure
5.1a and blue and red curves in Figure A.10a), because the decrease in Hz yield
caused by the promotion of the reverse-WGS reaction due to Le Chatelier’s
principle is well balanced by the increase due to the promotion of MDR, reaction.
However, at higher temperatures (where the amount of CHy is insignificant (green
lines in Figure A.11) due to the high value of the equilibrium constant of MDR,
Figure A.12), the Hs yield decreases continuously with the increase of the CO2/C
ratio (Figure A.10a), which can be explained by the promotion of the reverse-
WGS reaction by Le Chatelier’s principle. Moreover, the increase in CO2/C ratio
leads to a rapid decrease in the yield of CHy (Figure 5.1d and Figure A.10d) due
to the promotion of MDR reaction, and also leads to a decrease in the yield of
CO2 (Figure 5.1b and Figure A.10b), in this case by the promotion of both the
reverse-Boudouard and the reverse-WGS reactions. Accordingly, the yield of CO

increases continuously with the CO2/C ratio (Figure 5.1c), although the increase
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is very small below 500 °C (blue curve in Figure A.10c), due to the previously

mentioned prevailing role of Boudouard reaction at low temperatures.

Focusing on the syngas production goal, although the yield of H2 decreases at
high temperature and by increasing the CO2/C ratio, the syngas yield (Figure
5.1f) continuously increases with both variables, reaching values of 100 % (at
lower temperature with increasing CO2/C ratio). Furthermore, in Figure 5.1g it
is observed that the increase of the two variables has a negative effect on the
Hy/CO ratio of syngas. For any temperature, the H2/CO ratio decreases
continuously with increasing CO2/C ratio, with a potential trend (Figure A.10g).
Below 600-700 °C (depending on the CO2/C ratio) the Hz/CO ratio decreases
very rapidly with increasing temperature, but remains almost constant at higher
temperatures. These trends of the Ha/CO ratio can be explained by Le Chéatelier's
principle and by the effect of temperature of the equilibrium constants. Thus, the
increase in CO2/C ratio and in temperature promotes the reverse-WGS and
reverse-Boudouard reactions, leading to the conversion of CO2 and H2 into H2O
and CO, and the conversion of CO2 and coke into CO, respectively. The increasing
CO and decreasing H> determine the decrease in Ha/CO ratio. This result
determines the use of the syngas produced as raw material in different catalytic
processes. Thus, in the methanol and Fischer-Tropsch synthesis, the desired
H2/CO ratio is 2, whereas in other processes such as direct DME synthesis, acetic
acid or ethanol formation and oxo-synthesis, the stoichiometric requirement of Ha
is lower and a Ha/CO ratio of 1 is suitable [243-247]. Nevertheless, when syngas
is directly used as fuel for power generation (in gas turbines, internal combustion
engines or fuel cells) a Ho rich gas (H2/CO ratio > 50) is required [248]. The
results in Figure 5.1g indicate that achieving interesting values of the H>/CO

ratio requires limiting the values of the temperature.
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Figure 5.1. Effect of temperature and CO2/C ratio on products yields (a-e), syngas yield
(f), Ha/CO ratio (g) and CO2 conversion (h), for S/C ratio of 0.5.
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Regarding COz yield, a lower CO> yield evidences its higher conversion. From the
perspective of controlling CO2 emissions, it is relevant that the yield of CO»
(Figure 5.1b) reaches negative values as the temperature increases and mainly by
increasing the CO2 addition, indicating the important role it plays as a reactant
in the overall reaction scheme under CSDR, conditions. In Figure 5.1h positive
CO2 conversions can be observed especially at high temperature. Thus, CO2
conversions between 15-48 % are obtained above 700 °C at any CO2/C ratio, with
the highest value at 900 °C and CO2/C ratio of 0.5. These CO2 conversion values
are similar to those reached in the catalytic processes with higher technological
development for the valorization of COs2, such as the synthesis of methanol and
DME from syngas with CO2 co-feeding [361].

Figure 5.2 depicts the evolution of the reaction indices with temperature for
different values of S/C ratio, at a fixed CO2/C ratio of 1.5 taken as an example.
To appreciate better the effect of the S/C ratio on these reaction indices, Figure
A .13 shows their evolution as a function of the S/C ratio, with the temperature
as a parameter. The trends with temperature of all the results in Figure 5.2 are
qualitatively the same as those shown in Figure 5.1 (corresponding to S/C ratio
of 0.5), and therefore the next comments will be focus on the effect of S/C ratio,
which can be mostly explained by Le Chételier’s principle. Thus, the addition of
H20 promotes the SR reactions for oxygenates (Eq. (1.14)) and CHy (Eq. (1.17))
and shifts the equilibrium of WGS reaction (Eq. (1.15)). Consequently, the yields
of Hz and CO2 increase with S/C ratio (as observed in Figure 5.2a and Figure
A.13a for Hz and in Figure 5.2b and Figure A.13b for COz), whereas the yield of
CO decreases, with a noticeable effect above 550 °C (Figure 5.2c and Figure
A.13c). The yield of CHy (Figure 5.2d and Figure A.13d) also decreases with
increasing S/C ratio in the 550-700 °C range, but below 500 °C it increases with
S/C ratio due the thermodynamically favoured methanation reaction (reverse of
SR of CHy4, Eq (1.17)). The yield of coke (Figure 5.2e and Figure A.13e) decreases
significantly with the increase in S/C ratio, which is consequence of the promoted
gasification of coke with H2O (Eq. (1.22)) and with COz (reverse of Boudouard
reaction, Eq. (1.21)). Additionally, the temperature required for null formation

of coke and of CHy decreases with the increase in S/C ratio.
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Figure 5.2. Effect of temperature and S/C ratio on products yields (a-e), syngas yield
(f), H2/CO ratio (g) and CO2 conversion (h), for CO2/C ratio of 1.5.
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In Figure 5.2f it is observed that the syngas yield is 100 % above 700 °C for any
S/C ratio. The Hz/CO ratio of syngas (Figure 5.2g) increases with the S/C ratio
(almost linearly, as shown in Figure A.13g), but decreases rapidly with increasing
temperature (an exponential increase with the inverse of temperature has been
found for each S/C ratio, as shown in Figure A.14). Interestingly, under the
conditions of Figure 5.2, it is feasible to produce a syngas with a Ha/CO ratio in
the 1-2 range, suitable for the applications previously mentioned, while achieving

positive CO2 conversion.

With the temperature increasing, the reverse of WGS reaction (Eq. (1.15)) is
promoted, which provokes a decrease in CO:2 yield (Figure 5.2b), attaining
negative values for low S/C ratios, which means that the COs fed is being
converted. Therefore, at high temperatures, positive CO2 conversions are achieved
when operating with low S/C ratios (< 2.5) (Figure 5.2h). It should be noted
that, in this situation, the CSDR. process achieves the CO2 valorization objective
by producing syngas with an interesting Ha/CO ratio. Thus, a Hz/CO ratio of 1
with a COs conversion close to 10 % is obtained at 700 °C, 800 °C and 900 °C
with S/C ratios of 1.15, 1.5 and 2.0, respectively.

Considering the current interest in low environmental impact technologies, it is
relevant to analyse the reduction of CO2 emissions (Rcoz2) in the CSDR, process
compared to the conventional SR unit. The results are plotted in Figure 5.3. In
spite of the negative CO2 conversion in some conditions at low temperature, there
is a reduction of CO2 emissions in the CSDR respect to SR process in the whole
range of conditions studied. Rcoz increases with the increase in temperature above
550 °C. The qualitative evolution with temperature of the values of Rcoz in Figure
5.3 is opposite to the evolution of CO3 yield (Figure 5.1b and Figure 5.2b). Thus,
at low temperatures, Rcoz2 decreases slightly with temperature until a minimum
is reached (in the 400-500 °C range, depending on the feed composition), and then
it increases sharply in the 500-700 °C range due to the sharp decrease in the
equilibrium constant of the Boudouard reaction (Eq. (1.21)), which leads to a
sharp decrease in the yield of COa. Subsequently, Rcoz2 increases slightly for

temperatures above 700 °C due to the slight increase with temperature in the
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equilibrium constant of the reverse-WGS reaction (reverse of Eq. (1.15)) (Figure
A.12), which involves a further slight decrease in the yield of CO2. These trends
of Rco2 values are similar to those observed for CO2 conversion in Figure 5.1h
and Figure 5.2h, for different values of CO2/C ratio and S/C ratio, respectively,
evidencing a relationship between both reaction indices. This relationship is more
clearly visualized in Figure A.15, which shows the change in Rco2 as a function
of Xco2 conversion for the range of positive conversions. As observed in this figure,
the reduction of CO2 emissions increases almost linearly with the CO2 conversion,
with this relationship being highly dependent on the CO2/C ratio (the higher the
CO32/C ratio, the lower the reduction of CO2 emissions, as shown in Figure A.15a),
but with little dependence on the S/C ratio (Figure A.15b).

Regarding the effect of feed composition on the values of Rcogz, it is observed in
Figure 5.3 that the effect of the CO2/C ratio (Figure 5.3a) is more important
than the effect of the S/C ratio (Figure 5.3b), but it should be noted that this
difference could be attributed to the definition of this reaction index, that includes
the flow rate of CO2 fed to the reactor. The increase in both ratios leads to a
lower value of Rcog, coherently with the decrease in Xcoz, indicating that the
difference between the emissions of the CSDR and SR processes decreases with
the increase in both CO2/C and S/C ratios.
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Figure 5.3. Effect of temperature on the reduction of CO2 emissions in the CSDR of
bio-oil compared to the conventional SR (Rcoz2) for different CO2/C ratios (a, with S/C
ratio of 0.5) and different S/C ratios (b, with CO2/C ratio of 1.5).
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5.1.2. Effect of operating conditions on energy requirements

Figure 5.4 shows the effect of temperature on the reaction heat (AH;) (graphs a
and b) and heat exchangers duty (AHug) (graphs ¢ and d) for different CO2/C
ratios with S/C ratio of 0.5 (graphs a and c) and different S/C ratios with CO2/C
ratio of 1.5 (graphs b and d). As expected, at low temperature (below 450-550
°C, depending on the feed composition) the process is exothermic for all the feed
compositions (Figure 5.4a-b), due to the predominance of methanation, cracking
and Boudouard reactions, and becomes endothermic with increasing temperature
(predominance of dry/steam reforming reactions). The curves for AH, (Figure
5.4a-b) show a sigmoidal behaviour with increasing temperature, so that their
values hardly vary with temperature above 700 °C for any CO2/C or S/C ratio.
Above 450 °C, the values of AH; increases along with the CO2/C ratio (Figure
5.4a), more notably in the 550-650 °C range, because at high temperatures the
promoted reactions by the excess of CO2 are the DR of oxygenates (Eq. (1.25))
and methane (Eq. (1.26)), and the reverse of both WGS and Boudouard reactions
(Egs. (1.15) and (1.21), respectively). The effect of the S/C ratio on the AH,
varies with temperature (Figure 5.4b). Below 650 °C, AH; increases with the S/C
ratio, but the opposite occurs above 650 °C. This opposite effect of the S/C ratio
is because at low temperatures the excess of water preferably favours endothermic
reactions of SR, whereas at high temperatures the reaction promoted is the
exothermic WGS reaction [317]. Besides, the heat exchangers duty increases with
temperature (linearly) and with the CO2/C or S/C ratios (Figure 5.4c and Figure
5.4d, respectively).

Figure 5.4a-b show that the temperature required to get a thermoneutral CSDR
process (with AH: = 0) decreases with increasing both CO2/C and S/C ratios.
The thermoneutrality condition is important for the viability of the process and
has been studied in detail. Figure 5.5 presents the combination of temperature
and CO2/C (graph a) or S/C (graph b) ratios for the thermoneutral regime. The
zone above this curve corresponds to an endothermic regime, whereas the area

below, to an exothermic regime.
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Figure 5.4. Effect of temperature on the reaction heat (AH,) (a and b) and on the heat
exchangers duty (AHgug) (c and d) for different CO2/C ratios (a and ¢, with S/C ratio of
0.5) and for different S/C ratios (b and d, with CO2/C ratio of 1.5).
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Figure 5.5. Values of temperature and CO2/C ratio (a, with S/C ratio of 0.5) or S/C
ratio (b, with CO2/C ratio of 1.5) corresponding to the thermoneutral regime (AH,=0).
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Chapter 5. Combined steam/dry reforming (CSDR) of raw bio-oil

5.1.3. Operating conditions for maximising syngas production

Figure 5.6a shows the reaction temperature required to achieve the maximum
syngas yield (almost 100 %) for different feed compositions (combinations of
CO2/C and S/C ratios). The corresponding values of H2/CO ratio, CO2
conversion and reduction of CO2 emissions are depicted in Figure 5.6b, ¢ and d,
respectively. These results are useful to establish suitable operating conditions for

a balance between syngas yield, Ho/CO ratio and COz conversion.
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Figure 5.6. Temperature required for maximising syngas yield for different values of
CO2/C and S/C ratios in the feed (a) and corresponding values of Ha/CO ratio in syngas
(b), CO2 conversion (c) and reduction of CO2 emissions (d).

The increase in both CO2/C and S/C ratios decreases the temperature needed to
achieve the maximum syngas yield (Figure 5.6a), although for CO2/C > 4 the
effect of S/C ratio on the required temperature is very small. The Hz/CO ratio

(Figure 5.6b) decreases by increasing CO2 addition, as it promotes the reverse of
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WGS reaction (Eq. (1.15)), thus increasing CO yield and decreasing Ha yield.
Conversely, an increase in S/C ratio favours the extent of WGS and SR reactions
(Egs. (1.14) and (1.17), respectively) and results in a syngas with a higher Ho/CO
ratio. As for COz conversion (Figure 5.6c), a wide range of operating conditions
enable to obtain positive values, which involves the valorization of the COz inlet
stream. As observed, low CO2/C and S/C ratios allow attaining high positive
CO2 conversions (in the 30-49 % range), but these conditions require a high
reaction temperature (above 860 °C, Figure 5.6a), and lead to low H2/CO ratio

(< 1, Figure 5.6b), which is of low interest for the synthesis of fuels and chemicals.

Table 5.1 shows the set of operating condition thresholds for which positive CO2
conversion is obtained (feed compositions corresponding to the right of the dashed
line in Figure 5.6¢). As observed, the higher the CO2/C ratio, the higher the S/C
ratio needed to achieve positive CO2 conversion. Interestingly, a constant Ha/CO
ratio (1.3) is obtained with these threshold combinations of CO2/C and S/C ratios
that lead to positive CO2 conversion, because both ratios have an opposite effect
on Hz/CO ratio (see Figure 5.1g and Figure 5.2g). It should be highlighted that
a reduction of CO» emissions compared to the SR process (Rco2) is feasible in
any condition (CO2/C or S/C ratio), attaining positive values of Rcoz from 14 %
to 51 % under conditions of maximum syngas yield (Figure 5.6d). The increase
in the CO2/C ratio leads to a lower value of Rcoz, because an over-addition of
COz hinders its complete conversion. Likewise, the increase in the S/C ratio also
has a negative effect on the Rco2, because it promotes SR and WGS reactions,

giving more CO2 as a product.

Concerning the energy requirement for maximising syngas yield, Figure 5.7 shows
the effect of CO2/C and S/C ratios on the reaction heat (AH,, Figure 5.7a) and
on the heat exchangers duty (AHmug, Figure 5.7b). These results correspond to
the reforming temperature that maximise the syngas yield for each combination
of CO2/C and S/C ratios (Figure 5.6a). As observed in Figure 5.7a, AH; increases
by increasing CO2/C ratio but decreases almost linearly with increasing S/C ratio.
As mentioned above, the decrease of AH, with increasing S/C ratio is due to the

promotion of the exothermic WGS reaction. Nonetheless, DR reactions and the

227



Chapter 5. Combined steam/dry reforming (CSDR) of raw bio-oil

reverse of both Boudouard and WGS reactions (endothermic reactions) are
favoured with CO2 addition, which explains the higher AH; operating under these
conditions. Interestingly, the AH, is almost the same (near 355 kJ/mol) for all
the feed compositions that lead to null CO2 conversion (Table 5.1). On the other
hand, the value of AHug increases linearly with both S/C and CO2/C ratios
(Figure 5.7b), because more energy is required to heat each stream when there is

a higher water or CO2 supply.

Table 5.1. Threshold values of S/C ratio and temperature required to attain > 99.9 %
syngas yield with positive CO2 conversion for different CO2/C ratios and corresponding
values of Ha/CO ratio in the syngas, reduction of CO2 emissions compared to the SR
process, reaction heat and heat exchangers duty.

CO0,/C
0.5 1.0 1.5 2.0 2.5
maximum S/C 1.2 1.7 2.1 2.5 2.9
minimum T, °C  878.2 825.7 794.8 773.6 758.4
H,/CO 1.3 1.3 1.3 1.3 1.3
Rco2, % 35.2 28.0 23.5 20.5 18.4
AH,, kJ/mol 355.5 357.4 356.1 354.0 351.7

AHpyg, kJ/mol 552.5 721.5 874.6 1014.4 1145.6

AH,, kJ /mol AHyp, kJ /mol
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Figure 5.7. Reaction heat (a) and heat exchangers duty (b) at the temperature required
for reaching maximum syngas (Figure 5.6a), for different values of CO2/C and S/C ratios
in the feed.
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5.1.4. Operating conditions for obtaining H,/CO ratios of 1 and 2 in
the syngas

As aforementioned, a challenge in the CSDR of bio-oil is to achieve a syngas with
a H2/CO ratio suitable for use in different applications, in particular as raw
material in catalytic processes for the production of fuels and chemicals [216-218].
Considering the effect of the reaction conditions on the Ha/CO ratio, indirectly
analysed in the previous sections, this section has been oriented to propose the
reaction conditions (temperature, CO2/C ratio and S/C ratio) required to attain
target Ha/CO ratios of 1 and 2. Also, the corresponding values of syngas yield,
CO2 conversion and reduction of CO2 emissions have been calculated. The results
are depicted in Figure 5.8 (for a Ha/CO ratio of 1) and Figure 5.9 (for a H2/CO
ratio of 2). It is remarkable that without the addition of CO2 at the inlet system
(SR operation) the minimum H>/CO ratio is 1.3 (see Figure 5.1g).

In Figure 5.8a it is observed that the temperature required to reach a Hz/CO
ratio of 1 decreases with CO2/C ratio but increases with S/C ratio. Thus, for a
CO2/C ratio of 0.5 the required temperature varies in the 695-2055 °C range
(excessive from an application point of view), whereas for a CO2/C ratio of 5 it
varies in the 497-683 °C range. Moreover, it is relevant to focus on the syngas
yield obtained for the different feed compositions for this Ha/CO ratio (Figure
5.8b). The increase in CO2/C ratio significantly decreases the syngas yield, as it
promotes the reverse of WGS reaction (Eq. (1.15)). Thus, for S/C ratios in the
0.5-1 range, the syngas yield decreases from 45-100 % range at CO2/C ratio of
0.5 to 13-51 % range at CO2/C ratio of 5 (orange colour area in Figure 5.8b). On
the contrary, the increase of S/C ratio increases the yield of syngas, as it favours
the SR reactions (Eqgs. (1.14) and (1.17)). Moreover, with a high S/C ratio the
temperature required to achieve the target H2/CO ratio of 1 is high (Figure 5.8a),
which also favours the SR reactions. As a consequence of these effects, the higher
the CO2/C ratio, the higher the S/C ratio needed to attain a syngas yield above
99 %, as gathered in Table 5.2. Thus, for CO2/C ratios of 1, 3 and 5, S/C ratios
above 1.0, 1.9 and 2.5, respectively, are required. It is interesting to note, because

of its impact on catalyst deactivation (important for the viability of the CSDR
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bio-oil process), that the conditions leading to low syngas yield boost the coke
yield (Figure A.16a), which reaches values in the 20-72 % range for CO2/C ratio
above 3 and S/C ratio below 1. Nevertheless, null coke yields are obtained with
S/C ratio above 1.5 and CO2/C ratio below 4. Likewise, it is interesting to analyse
the CHyyield results (Figure A.16b). Thus, CHy yields of 8-9 % are obtained with
high values of CO2/C ratios and S/C ratios around 1-1.5 or low S/C ratios
(between 0.5-1) and CO2/C ratios around 2-3 due to the low temperature required
to reach the target Ha/CO ratio of 1 for these feed compositions (Figure 5.8a),
which does not favour its reforming. Nevertheless, as the S/C ratio increases

(higher temperature required), CHy yield drops to almost zero.

Interestingly, the conversion of CO: is positive, between 1-29 % under all the
conditions providing H2/CO ratio of 1 (Figure 5.8c), and in the 2.7-26.2 % range
for the conditions leading to maximum syngas yield (Table 5.2), which evidences
a successful outcome in view of the bio-oil CSDR process's contribution to valorize
CO2 coming from any other stream/unit in the factory. The CO2 conversion
decreases noticeably with increasing COz2/C ratio, but increases slightly with
increasing S/C ratio. It is important to note, however, that operating at low
CO2/C ratios and high S/C ratios involves operating at too high temperatures
(typically above 1300 °C, Figure 5.8a) that are outside the operating range of the
reforming units. The reduction of CO2 emissions of the CSDR, process with respect
to the SR process (Figure 5.8d) follows a similar tendency to the CO2 conversion
for the different CO2/C and S/C ratios. Thus, positive reductions in the 7-47 %
range are achieved for the whole range of feed compositions studied, and in the
13-42 % range for the S/C and CO2/C combinations that provide the maximum
syngas yield (Table 5.2).
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Figure 5.8. Temperature required to obtain a syngas with a Ha/CO ratio of 1 for
different values of CO2/C and S/C ratios in the feed (a) and corresponding values of
syngas yield (b), CO2 conversion (c¢) and reduction of COz emissions (d).

Table 5.2. Threshold values of S/C ratio and temperature required to attain > 99 %
syngas yield with a Ha/CO ratio of 1 for different CO2/C ratios and corresponding values
of CO3 conversion, reduction of CO2 emissions compared to the SR process, reaction heat
and heat exchangers duty.

CO,/C
0.5 1.0 2.0 3.0 4.0 5.0
minimum S/C 0.9 1.0 1.5 1.9 2.2 2.5
minimum T, °C 993 765 710 685 657 637
Xcoz, % 26.2 13.8 6.8 4.5 3.4 2.7
Rcoz, % 42.1 29.3 21.9 18.1 15.4 13.4
AH,, kJ/mol 351.6  365.6  366.3  366.7 366.8  366.9

AHpygg, kJ/mol 534.9 586.4 712.8 899.8 10373 1167.0
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In order to attain a syngas with a Ha/CO ratio of 2 in the CSDR of bio-oil, the
reaction conditions shown in Figure 5.9 are required. Figure 5.9a shows the effect
of the CO2/C and S/C ratios on the temperature required and Figure 5.9b-Figure
5.9d show the corresponding values of syngas yield, CO2 conversion and reduction
of CO2 emissions, respectively. Overall, the trends with the S/C and CO2/C ratios
of the required temperature and of the rest of reaction indices are qualitatively
similar to those aforementioned for a Ha/CO ratio of 1 (Figure 5.8), that is, the
syngas yield decreases as the CO2/C ratio increases and the S/C ratio decreases.
For all the feed compositions, the temperature required to achieve a Ha/CO ratio
of 2 (Figure 5.9a) is lower than that needed to achieve the ratio of 1 (Figure
5.8a). Interestingly, for the target Ha/CO ratio of 2, the ranges of CO2/C and
S/C ratios that allow attaining the maximum syngas yield (Table 5.3) are
narrower than those needed for a Ha/CO ratio of 1 (Table 5.2). Thus, for a Ha/CO
ratio of 2 a syngas yield above 98 % is reached with a CO2/C ratio in the 0.5-2.5
range and a S/C ratio in the 1.8-3 range, and the required temperature for such
feed compositions varies in the 749-631 °C range (Table 5.3). This temperature
range is interesting from the point of view of the design and operability of the
process on a larger scale. For the Ha/CO ratio of 1, the range of S/C ratios for
reaching maximum syngas yield is wider (Figure 5.8b), so that above 99 % can
be attained at a reasonable temperature with suitable combinations of S/C and
CO2/C ratios (Table 5.2).

Concerning CO:2 conversion (Figure 5.9c), differently from that observed for
H>/CO ratio of 1 (Figure 5.8¢c), positive values are attained with a narrow range
of the feed compositions. The results improve with increasing CO2/C ratio,
whereas the S/C ratio negatively affects the CO2 conversion, as it promotes SR
and WGS reactions instead of DR reactions. Thus, positive CO2 conversions are
achieved (between 0.20 and 1 %) with CO2/C ratios in the 3-5 range and S/C
ratio of 0.5. However, these conditions require operating at low temperature (430-
470 °C), which unfortunately leads to too low syngas yields (13-19 %, Figure
5.9b).
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Figure 5.9. Temperature required to obtain a syngas with a Hs/CO ratio of 2 for
different values of CO2/C and S/C ratios in the feed (a) and corresponding values of
syngas yield (b), CO2 conversion (c¢) and reduction of CO2 emissions (d).

As observed in Figure 5.9d, the CO2/C ratio has a significant effect on the
reduction of CO2 emissions, so that Rcog increases significantly as the CO2/C
ratio decreases. The S/C ratio has a lower effect, although a slight higher Rco2
value is observed for high S/C ratios. The values of Rco2 obtained when achieving
a Hz/CO ratio of 2 in the syngas vary in the 5-22 % range for the whole range of
CO2/C and S/C ratios studied (Figure 5.9d) and in the 14-19 % range for the
conditions needed to achieve a syngas yield > 98 % (Table 5.3).

In Figure A.17a it is observed that the coke yield for a Ha/CO ratio of 2 is higher
than that obtained for the target H2/CO ratio of 1 (Figure A.16a), with values in
the 57-91 % range for conditions corresponding to a low syngas yield (S/C ratio
below 1 and COz/C ratio above 3). Low CO2/C ratios (in the 0.5-2.5 range) and
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high S/C ratios (in the 2-3 range) are required to obtain null coke yields.
Regarding CHy yield (Figure A.17b), it decreases with the increase in the CO2/C
ratio at low S/C ratios (0.5 and 1), because these conditions promote its DR
reaction, but conversely, it increases with CO2/C ratio for high S/C ratios (in the
2-3 range). Moreover, the CHy yield goes through a maximum (in the 16-18 %
range) with S/C ratio, whose position is located at a higher CO2/C ratio with
increasing S/C ratio, and it drops to almost 0 when operating with S/C ratio
above 2.5 and CO2/C ratio below 1.5.

Table 5.3. Threshold values of S/C ratio and temperature required to attain > 98 %
syngas yield with a Ha/CO ratio of 2 for different CO2/C ratios and corresponding values
of CO2 conversion, reduction of CO2 emissions compared to the SR process, reaction heat

and heat exchangers duty.

CO,/C

0.5 1.0 1.5 2.0 2.5
minimum S/C 1.8 2.1 2.5 2.9 3.0
minimum T, °C 748.7 687.7 666.1 654.6 631.1
Xco2, % -48.5 -24.3 -16.2 -12.2 -9.7
Rcoz, % 19.4 18.4 16.8 15.3 13.9
AH,, kJ/mol 316.9 316.8 316.7 316.5 316.4
AHpyg, kJ/mol 643.8 733.6 853.1 982.5 1044.8

Figure 5.10 shows the effect of S/C and COz/C ratios on the reaction heat (AH;,
graphs a and b, respectively) and heat exchangers duty (AHgg, graphs ¢ and d,
respectively) of the CSDR of raw bio-oil for target Ha/CO ratios of 1 (a and c,)
and 2 (b and d). The results in Figure 5.10a show that all CO2/C and S/C ratios
that provide a Ha2/CO ratio of 1 clearly correspond to an endothermic regime
(AH; > 0). For CO2/C ratios in the 0.5-2 range, the AH, goes through a slight
maximum with S/C ratio, but for higher CO2/C ratios it increases continuously
with S/C ratio. Interestingly, for CO2/C ratio > 2.5 and S/C ratio > 2, AH; is
almost constant, around 370 kJ/mol. Besides, the AHgug (Figure 5.10c) increases
noticeably with S/C ratio. Nevertheless, AHug goes through a slight minimum
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with CO2/C ratio, which is more remarkable for high S/C ratios. Overall, for
COg/C ratios above 2, the AHgg increases slightly with CO2/C ratio.
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Figure 5.10. Reaction heat (a) and heat exchangers duty (b) at the temperature required
for reaching a syngas with a Ha/CO ratio of 1 (a and ¢) and 2 (b and d), for different
values of CO2/C and S/C ratios in the feed.

The energy requirement shows somehow a different trend when the target Ha/CO
ratio is different. The overall energy requirement is lower for the H2/CO ratio of
2 (Figure 5.10b and Figure 5.10d) than for the ratio of 1 (Figure 5.10a and Figure
5.10c), because the temperatures required are lower (compare Figure 5.8a (H2/CO
ratio of 1) and Figure 5.9a (H2/CO ratio of 2)). Differently to that observed for
the ratio of 1, where the regime is always endothermic (Figure 5.10a), the results
in Figure 5.10b indicate that there are feed compositions that allow an exothermic

regime. Specifically, these conditions correspond to CO2/C ratios above 1.5 and
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low S/C ratios (0.5-1). The increase in the CO2/C ratio decreases the AH;. On
the contrary, as the S/C ratio increases, the AH; increases. For high S/C ratios
(from 2 to 3) and low CO2/C ratios (up to about 1.5), the AH; remains constant
at around 325 kJ/mol. The AHug (Figure 5.10d) increases quite linearly with
increasing S/C ratio. For S/C ratios from 0.5 to 1.5, an increase in the CO2/C
ratio continuously increases the AHur. However, for S/C ratios above 1.5, there

is a slight minimum in the AHug for low CO2/C ratios.

5.2. EFFECT OF REACTION CONDITIONS WITH NiAl,O4
DERIVED CATALYST

In this section the combined steam and COsz reforming (CSDR) of raw bio-oil
with Ni/Al2O3 catalyst derived from NiAloOs spinel has been studied. The
reactions were carried out in a fluidized-bed reactor at operating conditions
selected from the previous section, looking for obtaining a high production of
syngas with adequate composition (H2/CO ratio) for the synthesis of value-added
chemicals and fuels, while attaining positive CO2 conversion and high reduction
of COz emissions: temperature between 600-800 °C; CO2/C molar ratio between
0 (conventional SR)-1.1; S/C molar ratio between 0.5 (corresponding to the water
contained in the bio-oil feed)-1.7; space time of 0.125 and 0.250 geatalyst-h/Zoxygenates

and time on stream, 6 h.

5.2.1. Effect of operating conditions on conversion and products yields

This section presents the results for the effect of reaction temperature and feed
compositions (COz2/C molar ratio and S/C molar ratio) on the behaviour of
Ni/Al>O3 catalyst in the SR (no COz in the feed) and CSDR of raw bio-oil.

5.2.1.1. Effect of temperature

Figure 5.11 shows the evolution with TOS of conversion of oxygenates at three
temperatures (600, 700 and 800 °C) for a CO2/C molar ratio of 1.1, with low
values of S/C ratio (of 0.5, corresponding to the water contained in the bio-oil

feed) and space time (0.125 geatalyst-h/@oxygenates) in Figure 5.11a, and high values
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of S/C ratio and space time (1.7 and 0.250 gcatalyst-h/oxygenates, respectively) in
Figure 5.11b.

Overall, the conversion of oxygenates at zero time increases with temperature,
with this effect being much more noticeable for the most unfavourable conditions
(low S/C ratio and low space time, Figure 5.11a, which are further from
equilibrium conditions). In addition, the stability of the catalyst is significantly
higher as the reaction temperature increases, with the deactivation being more
severe under the conditions of Figure 5.11a. The attenuation of the deactivation
at high S/C ratio and space time conditions (Figure 5.11b) is mainly a
consequence of the increase in space time, since, as will be shown later (section
5.2.1.3), the small increase in S/C ratio (from 0.5 to 1.7) has no relevant effect

on the catalyst deactivation.
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Figure 5.11. Effect of temperature on the conversion of oxygenates in the CSDR runs
for a CO2/C ratio of 1.1 with S/C ratio of 0.5 and space time of 0.125 geatalyst-11/Zoxygenates
(a) and S/C ratio of 1.7 and space time of 0.250 gcatalyst-/Goxygenates (D).

Figure 5.12 depicts the effect of temperature on the evolution with TOS of the
yields of Hz and main carbon by-products (CO, CO2) for the same conditions as
in Figure 5.11. The results for the minor carbon by-products (CH4 and light
hydrocarbons C;Hy, (mainly ethylene)) are shown in Figure C.1.
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Figure 5.12. Effect of temperature on the evolution with TOS of the yield of Hs (a, b),
CO (c, d) and CO2 (e, f) in the CSDR runs for a CO2/C ratio of 1.1 with S/C ratio of
0.5 and space time of 0.125 geatalyst-h/Goxygenates (left graphs) and S/C ratio of 1.7 and
space time of 0.250 gcatalyst-1/Eoxygenates (right graphs).
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The initial yields of H2 and CO increase with reaction temperature, most notably
from 600 to 700 °C. Above 700 °C, the trend slows down, especially for Ha, whose
yield actually reaches a maximum at 700 °C under conditions of high S/C ratio
and space time (Figure 5.12b). This increase in Hz and CO yields can be
attributed to a higher extent of oxygenates SR (Eq. (1.14)), CHs4 SR (Eq. (1.17))
and CHs DR (Eq. (1.26)), which are favoured by increasing temperature.
Moreover, the increase of CO with temperature is also explained by the promotion
of the reverse of both WGS and Boudouard reactions. The promotion of the
reverse-WGS with temperature also explains the maximum in H» yield obtained
at 700 °C under conditions of high oxygenates conversion (Figure 5.11b). The
decrease in the yields of Ha2 and CO with TOS, with similar trend to that observed

for oxygenates conversion (Figure 5.11), is slower at higher temperatures.

From the perspective of maximising the conversion of CO2 or controlling its
emission, it is relevant that the yield of CO2 reaches negative values (Figure 5.12e-
f), which indicates its conversion. As mentioned above, with increasing
temperature, the reverse-WGS and CH4 DR reactions are promoted, resulting in
a decrease of the COs yield, being negative for low S/C ratio at any temperature
(Figure 5.12e), which means that the CO2 is being effectively converted. With a
high S/C ratio (S/C ratio of 1.7, Figure 5.12f), negative values of COz yield are
obtained at 800 °C and at the beginning of the reaction at 700 °C. Contrary to
the yield of H2 and CO, the yield of COz2 increases over TOS or passes through a
maximum, which is explained by the catalyst deactivation for the CO2 conversion
reactions (DR of CH4 and reverse-WGS).

Conversely to aforementioned results for CO, the CHy yield at zero time on stream
decreases with temperature, being null at 800 °C (Figure C.la-b), which is
explained because of the lower concentration of oxygenates (reactants in the
formation of these by-product Eq. (1.16)) due to the higher extent of their
reforming reactions at this temperature. Moreover, the SR and DR of CHy are
promoted at high temperature. The CHy yield remains null along the reaction at
800 °C, but increases with TOS at 700 °C under unfavourable conditions (low

S/C ratio and space time values, Figure C.1la) due to catalyst deactivation for
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both oxygenate and CH4 reforming reactions. The decrease in CHy yield observed
at the lower temperature for both space time values studied could be explained
because the catalyst deactivation affects the methanation reaction (reverse of SR
of CHy), which is favoured at low temperatures. At zero time on stream (fresh
catalyst), the yield of CaHy, is zero and remains null during the reactions at high
S/C ratio and high space time (Figure C.1d), except for a small increase at the
end of the reaction at 600 and 700 °C, at which the deactivation of the catalyst
is more noticeable. Nonetheless, at low S/C and low space time, the reforming of
light hydrocarbons is affected by catalyst deactivation at temperatures below 800
°C, and its yield increases steadily over TOS (Figure C.lc), reaching after 360

min higher values as the temperature increases, of 3-6 % in the 600-700 °C range.

The syngas yield, H2/CO ratio, CO2 conversion and reduction of CO2 emissions
were evaluated according to Eqs. (2.13), (2.14), (2.15) and (2.16), respectively.
Figure 5.13 shows the values of these reaction indices corresponding to time on
stream values of 0 (fresh catalyst) and 360 min, for the same reaction conditions
as in Figure 5.11 and Figure 5.12. The syngas yield (Figure 5.13a-b) increases
continuously with temperature due to the increase in the yields of Hy (Figure
5.12a-b) and especially of CO (Figure 5.12c-d). Nevertheless, after 360 min, the
syngas yield decreases for all conditions studied, with the decrease being less
noticeable at 800 °C and high values of S/C ratio and space time (Figure 5.13b),
indicating a slower deactivation of the catalyst under these conditions. Moreover,
the decrease in syngas yield at high reaction time is more significant at lower
temperatures, so that the upward trend of the syngas with temperature is more
noticeable for the used catalyst under these conditions. Conversely, the increase
in the reaction temperature involves a decrease in the Ha/CO ratio of the syngas
(Figure 5.13c-d) due to the promotion of the reverse-WGS reaction. The initial-
final values of the H2/CO ratio at 600, 700 and 800 °C are 1.40-1.30, 0.90-1.00
and 0.90-0.92, respectively, at low S/C ratio and space time values (Figure 5.13c),
and 2.50-2.90, 1.70-2.30 and 1.60-1.70, respectively, at high S/C ratio and space
time values (Figure 5.13d). The significant increase of the H2/CO ratio with TOS
observed at high S/C ratio and high space time can be explained by the selective

deactivation of the reverse-WGS reaction.
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The effect of temperature on CO2 conversion is similar to that observed for syngas
yield. For low values of S/C ratio and space time (Figure 5.13e), positive CO2
conversions are observed, in the 8-36 % range at zero time on stream and 5-27 %
range at 360 min on stream, meaning that the COsz is fully converted along the
reaction under these conditions. However, at high S/C ratio and high space time
(Figure 5.13f), the CO2 conversion is only positive at high temperature, in the 7-

3 % range at 800 °C or at zero time on stream at 700 °C.

Despite the negative CO2 conversion under some conditions (high S/C ratio and
space time value at low temperature, Figure 5.13f), Rcoz index is positive under
all conditions (Figure 5.13g-h). The Rcoz index increases with temperature, and
more significantly with low S/C ratio and space time values (Figure 5.13g), with
values at zero TOS in the 22-39 % range. The Rco2 index decreases at 360 min
on stream due to the deactivation of the CO2 converting reactions (DR of CHy
and reverse-WGS), this effect being more noticeable at low S/C ratio and space
time, and mainly at 700 °C (Figure 5.13g).

5.2.1.2. Effect of CO2/C ratio

The effect of CO2/C ratio was assessed by varying the CO2 and N3 flow rates
while keeping the bio-oil flow rate and the rest of the experimental conditions
(temperature, S/C ratio and space time) constant. Figure 5.14 shows the
evolution with TOS of the conversion of oxygenates at 700 °C with low S/C-space
time conditions (0.5 and 0.125 geatalyst-h/oxygenates) (Figure 5.14a) and high S/C-
space time conditions (1.7 and 0.250 geatalyst-h/oxygenates) (Figure 5.14b) for three
values of CO2/C ratio (0 (conventional SR), 0.6 and 1.1). Although the results in
section 5.2.1.1 have shown that a higher temperature favours the SR-DR reactions
and catalyst stability, the temperature selected for this study has been 700 °C in

order to assess the effect of feed composition on catalyst deactivation.

The results in Figure 5.14 show a lower conversion in the CSDR reaction runs
compared to the conventional SR (CO2/C ratio of 0), with the conversion at zero
TOS being lower as the CO2/C ratio increases, regardless of the operating

conditions. This could be explained by a competitive adsorption between the
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5.2. Effect of reaction conditions with NiAl2O4 derived catalyst

oxygenated compounds and the co-fed CO2 on the available active sites of the
catalyst. This decrease in oxygenates conversion could also be partially due to
the peculiar definition of this reaction index, Eq. (2.12), where the co-fed COz is
removed from the numerator in order not to overestimate the CO2 formation by
the global SR reaction of bio-oil (Eq. (1.13)). In any case, the fact that the
oxygenates conversion does not increase significantly when CO2 is co-fed with
bio-oil suggests that the DR of oxygenates (Eq. (1.25)) does not have a relevant
contribution to oxygenates conversion. Consequently, the role of the CO2 co-fed
in the CSDR of bio-oil on the product distribution must be explained mainly by
its promotion of the reverse-WGS reaction (Eq. (1.15)) and its contribution to
the CHy dry reforming (Eq. (1.26)). Increasing the CO2/C ratio slightly
attenuates deactivation when operating at low space time value (Figure 5.14a),
but this effect is not noticeable at high space time value (Figure 5.14b), when

deactivation is slow even under SR conditions.
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Figure 5.14. Effect of CO2/C ratio on the conversion of oxygenates in the CSDR runs
at 700 °C with S/C ratio of 0.5 and space time of 0.125 geatalyst-11/Zoxygenates () and S/C
ratio of 1.7 and space time of 0.250 geatalyst-h/Zoxygenates (D).

Figure 5.15 depicts the effect of CO2/C ratio on the evolution with TOS of the
yields of Hz, CO and COz at 700 °C for the same values of S/C ratio and space
time indicated in Figure 5.14, whereas the results of the carbon by-products (CHy
and C,Hy) are plotted in Figure C.2. The results show a decrease in the initial

value of Hy yield with increasing CO2/C ratio, which can be explained by the
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decrease in oxygenates conversion (Figure 5.14) and the promotion of the reverse-
WGS reaction. It is also observed a significant decrease in Ho and CO yields with
TOS under the most severe operating conditions (Figure 5.15a and Figure 5.15c¢,
corresponding to low S/C ratio and space time values), evidencing a progressive
and significant catalyst deactivation. Interestingly, however, an increase in the
CO2/C ratio attenuates this deactivation. Thus, in the SR process (CO2/C ratio
of 0), the decrease in Hz yield over 360 min TOS is 81 % for low S/C ratio-space
time conditions (red curve in Figure 5.15a). With a small CO2 addition (COz2/C
ratio of 0.6) the decrease in the Ha yield is 79 % (green curve in Figure 5.15a)
and a further addition of CO2 (CO2/C ratio of 1.1) significantly reduces the
decrease of Hz over TOS to 57 % (blue curve in Figure 5.15a).

The initial CO yield (Figure 5.15c-d) is significantly influenced by the CO2 co-
fed. A low CO; addition leads to a higher CO yield (87 % for a low S/C-space
time and 66 % for a high S/C-space time) compared to the conventional SR (66
% and 45 %, respectively) and it increases considerably with further CO2 addition
(CO2/C of 1.1), to 101 % and 75 %, respectively. This result is mainly explained
by the fact that the reverse-WGS and reverse-Boudouard reactions and the DR
of CHy are favoured by increasing the addition of COa. As for the CO2 yield
(Figure 5.15e and Figure 5.15f), it decreases with the increase in the amount of
CO2 co-fed due to the promotion of reverse-WGS and DR of CH4 reactions. Under
the operating conditions studied in this section, negative values are obtained at
low S/C ratio (Figure 5.15¢), where COs is effectively converted. When operating
with a high S/C-space time conditions (Figure 5.15f), negative values of CO2 yield
are obtained only at high CO2/C ratio and during the first 50 min on stream.

The initial CHy yield (Figure C.2a-b in Annexes) decreases with increasing CO2/C
ratio, confirming that the DR of CHy (Eq. (1.26)) is favoured. At high S/C ratio-
space time conditions (Figure C.2b), CHy is less than 2 % in the SR process and
less than 1 % in the CSDR. The initial yield of C.Hy (Figure C.2c-d) is
insignificant for all reaction conditions and remains null over time for the high
S/C ratio-space time conditions. Nonetheless, both CH4 and C,Hy, yields increase

after 60 min on stream at low S/C ratio-space time values (Figure C.2a and
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Figure C.2¢), which is a consequence of the significant deactivation of the catalyst

for their reforming reactions under these more severe conditions.
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Figure 5.15. Effect of CO2/C ratio on the evolution with TOS of product yields: Hs (a,
b), CO (c, d) and COz2 (e, f) in the CSDR runs at 700 °C with S/C ratio of 0.5 and space
time of 0.125 geatalyst-h/Zoxygenates (left graphs) and S/C ratio of 1.7 and space time of 0.250
gcatalyst'h/goxygcnatcs (rlght graphS).
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Figure 5.16 shows the initial values corresponding to zero and 360 min on stream
of syngas yield (a, b), Ho/CO ratio (c, d), CO2 conversion (e, f) and reduction of
CO2 emissions (g, h) under the operating conditions of Figure 5.14 and Figure
5.15. Except for the Ha/CO ratio, the other reaction indices decrease over time,
evidencing catalyst deactivation, which is more remarkable at low S/C ratio-
space time values. Although the initial yield of H2 decreases with increasing
CO2/C ratio (from 55 to 45 % at low S/C ratio-space time (Figure 5.15a) and
from 71 to 59 % at high S/C ratio-space time (Figure 5.15b)), the initial syngas
yield increases with the addition of CO2 (from 57 % to 90.3 % at low S/C ratio-
space time conditions (Figure 5.16a) and from 88.9 % to 90.1 at high S/C ratio-
space time (Figure 5.16)). This result is consequence of the significant increase in
CO yield (Figure 5.15¢-d) with the CO2/C ratio. Moreover, as expected, the
syngas yield after 360 min is significantly lower than at zero time on stream due
to catalyst deactivation, which is more noticeable under low S/C ratio-space time

conditions (Figure 5.16a).

Differently to the syngas yield, the co-feeding of CO2 leads to a significant
decrease in the Ha/CO ratio compared to the SR runs. Thus, under low S/C ratio-
space time conditions (Figure 5.16¢), the H2/CO ratio decreases from 1.8 (SR
run) to 1.2 and 0.9 with CO2/C ratios of 0.6 and 1.1, respectively. Under high
S/C ratio-space time conditions (Figure 5.16d), the Ha/CO ratio decreases from
3.6 (SR run) to 1.9 and 1.7 with CO2/C ratios of 0.6 and 1.1, respectively. As
commented in section 5.1.1, this reduction in H2/CO ratio is explained because
methane DR and the reverse of both WGS and Boudouard reactions are promoted
by the co-feeding of COz. The Hy/CO ratio changes with TOS, indicating a
different effect of catalyst deactivation on the Ha- or CO- producing reactions. A
selective deactivation of the reverse-WGS reaction over other routes of the
reaction scheme could also explain the increase in the H2/CO ratio after 360 min
observed under conditions of high S/C ratio and space time for any CO2/C ratio
(Figure 5.16d).
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Figure 5.16. Effect of CO2/C ratio on the initial (TOS=0 min) and final (TOS=360
min) values of syngas yield (a, b), Ho/CO ratio (¢, d), CO2 conversion (e, f) and reduction
of CO2 emissions (g, h) in the CSDR runs at 700 °C. Left graphs: S/C ratio of 0.5 and
space time of 0.125 geatalyst-n/Goxygenates. Right graphs: S/C ratio of 1.7 and space time of
0.250 gcatalyst'h/goxygcnatcs~
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Regarding CO3 conversion, at low S/C ratio-space time conditions (Figure 5.16e),
positive values (in the 23-28 % range at zero TOS) are attained for both CO2/C
ratios and, interestingly, with a greater stability for the highest CO2/C ratio. It
should be emphasized that a reduction of CO2 emissions compared to the SR
process is possible in all conditions. The lower CO2/C ratio (0.6) leads to a higher
initial value of reduction of CO2 emissions compared to the SR run (37 % and 33
% at low and high S/C ratio-space time conditions, respectively), but it decreases
steadily due to the faster deactivation (10 and 18 %, respectively, for 360 min on
stream). However, at CO2/C ratio of 1.1 the effect of catalyst deactivation is less
pronounced and the initial values of reduction of CO2 emissions of 35 % (Figure
5.16g) and 28 % (Figure 5.16h) decreases to 14 % and 22 %, respectively, after

360 min on stream.

5.2.1.3. Effect of S/C ratio

The effect of S/C ratio was studied by adjusting the water and nitrogen flow
rates while keeping the bio-oil flow rate constant. Figure 5.17 shows the evolution
with TOS of the conversion of oxygenates at 700 °C for different values of S/C
ratio (0.5 and 1.7) with a CO2/C ratio of 0.6 and low space time conditions (0.125
Geatalyst-1/ Goxygenates) (Figure 5.17a) and a CO2/C ratio of 1.1 and high space time
conditions (0.250 geatalyst-h/Zoxygenates) (Figure 5.17b). Higher values of the S/C
ratio have not been studied because previous thermodynamic studies (section 5.1)
have reported that they lead to negative CO2 conversions and, therefore, to a
lower reduction of CO2 emissions with respect to the SR process. The results in
Figure 5.17 show that varying the S/C ratio in the range 0.5-1.7 does not affect
the initial conversion and has no significant effect on deactivation, although

deactivation appears to be slightly slower at S/C ratio of 1.7.
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Figure 5.17. Effect of S/C ratio on the conversion of oxygenates in the CSDR runs at
700 °C with CO2/C ratio of 0.6 and space time of 0.125 geatalyst-h/Zoxygenates (a) and CO2/C
ratio of 1.1 and space time of 0.250 geatalyst-h/Zoxygenates (D).

Figure 5.18 depicts the evolution with TOS of the yields of Ha, CO and CO2 at
700 °C and space time of 0.250 geatalyst-h/Soxygenates for different values of S/C ratio
(0.5 (corresponding to the water contained in the bio-oil feed), 1.2 and 1.7) at a
fixed CO2/C ratio of 0.6 (left graphs) and 1.1 (right graphs) and the results of
the yields of by-products (CH4 and C.Hy) under the same conditions are plotted
in Figure C.3 of Annexes. The yields of H2 (Figure 5.18a-b) and CO: (Figure
5.18e-f) increase with the S/C ratio, whereas the yield of CO decreases (Figure
5.18¢c-d), because a high S/C ratio promotes the SR reactions of oxygenates and
CH4 and shifts the equilibrium of the WGS reaction. The initial yield of CHy
(Figure C.3a-b) also decreases with increasing S/C ratio, being insignificant at
high CO2/C ratio (Figure C.3b), and the initial yield of C,Hy, is insignificant for
this high space time value under all the feed compositions studied (Figure C.3c-
d). Under the conditions of Figure 5.18 (with high space time and therefore high
oxygenates conversion), the increase in the S/C ratio in the 0.5-1.7 range does
not have a relevant impact on catalyst deactivation, but a slightly slower decrease
in the yields of Hz and CO is observed at the highest S/C ratio studied.
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Figure 5.18. Effect of S/C ratio on the evolution with TOS of product yields: Ha (a, b),
CO (¢, d) and CO2 (e, f) in the CSDR runs at 700 °C and space time of 0.250
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Figure 5.19 shows the values corresponding to zero and 360 min on stream of

syngas yield, Ha/CO ratio, CO2 conversion and reduction of CO2 emissions under
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the conditions of Figure 5.18. Due to the opposite effect of HoO addition on the
yields of Ha (which increases) and CO (which decreases), the syngas yield is not
significantly affected by the S/C ratio (Figure 5.19a-b), but the Ha/CO ratio of
syngas increases noticeably with the S/C ratio (Figure 5.19¢-d). For a given S/C,
the increase in the H2/CO ratio over time is most probably due to the selective
deactivation of the reverse-WGS reaction, as previously commented for the effect
of temperature and CO2/C ratio. The increase of S/C ratio has a negative effect
on the CO2 conversion (Figure 5.19¢ and Figure 5.19f) because the CO2 yield
increases (Figure 5.18e-f) due to the promotion of SR and WGS reactions,
attaining negative CO2 conversions in some of the conditions studied (Figure
5.19¢e). Consequently, it is convenient to work with low S/C ratios to ensure the
positive conversion of CO2: S/C <1.2 for a CO2/C of 0.6 (CO2 conversion between
24-12 % at a S/C of 0.5, Figure 5.19¢) and S/C < 1.7 for a CO2/C of 1.1 (CO2
conversion at zero TOS between 22-5 % in the S/C range of 0.5-1.7, Figure 5.19f).
These results matches well with the results of section 5.1.3 (Table 5.1), which
show that the higher the S/C ratio, the higher the CO2/C ratio required to reach
positive CO2 conversion. The reduction of CO2 emissions also decreases as the
S/C ratio increases. The lower COz/C ratio (Figure 5.19g) leads to a higher initial
values of reduction of CO2 emissions (from 37.8 % (low S/C) to 33.5 % (high
S/C)), whereas with a CO2/C of 1.1 (Figure 5.19h) the reduction of CO2 emissions
is lower, varying from 32 % (low S/C) to 28 % (high S/C). However, the stability

over time on stream of the results is higher for the highest CO2/C ratio.

The effect of S/C ratio (0.5 and 1.7) at 700 °C and low space time (0.125
Geatalyst-1 /Goxygenates) With a fixed CO2/C ratio of 0.6 and 1.1 was also studied and
the results are shown in Figure 5.20 and Figure C.4 in Annexes (conversion and
products yield) and Figure 5.21 (syngas yield and composition, CO2 conversion
and reduction of CO2 emissions). In these figures, the same effect of the S/C ratio
on the initial values of the reaction indices mentioned above for the high space-
time conditions (Figure 5.18 and Figure 5.19) is observed, but there is a higher
change over TOS of all reaction indices. This result demonstrates that the space

time has a much more relevant effect on catalyst deactivation than the S/C or
CO32/C ratios.
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Figure 5.19. Effect of S/C ratio on the initial (TOS=0 min) and final (TOS=360 min)
values of syngas yield (a, b), Ha/CO ratio (c, d), CO2 conversion (e, f) and reduction of
CO2 emissions (g, h) in the CSDR runs at 700 °C and space time of 0.250
Beatalyst' N/ Goxygenates. Left graphs: CO2/C ratio of 0.6; Right graphs: CO2/C ratio of 1.1.
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Figure 5.21. Effect of S/C ratio on the initial (TOS=0 min) and final (TOS=360 min)
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It is interesting to note that the composition of the syngas (H2/CO ratio) obtained
can be easily adjusted by controlling the operating conditions, and it is feasible
to produce a syngas with a H2/CO ratio in the range of 1-2, suitable for certain
applications. In the methanol and Fischer-Tropsch synthesis, the desired Ha/CO
ratio is 2, whereas in other processes such as direct DME synthesis, acetic acid
or ethanol formation and oxo-synthesis, the stoichiometric requirement of Hs is
lower and a H2/CO ratio of 1 is suitable [243-247]. Results in previous sections
have shown that the H2/CO ratio decreases with increasing temperature (Figure
5.13c-d) and CO2/C ratio (Figure 5.16¢-d) and with decreasing S/C ratio (Figure
5.19¢-d and Figure 5.21c-d). Values of H2/CO ratio between 1 and 2 are easily
attained when operating in the 700-800 °C range, with a CO2/C ratio in the 0.6-
1.1 range and a S/C ratio below 1.7. Furthermore, in this temperature range and
with low S/C ratio and high CO2/C ratio, CO2 conversion and reduction of COz

emissions are maximised

5.2.2. Characterization of used catalyst and coke

This section shows the results of the characterization of the used catalyst samples
with different techniques (XRD, TPO, N> adsorption-desorption and SEM), in
order to ascertain the effect of operating conditions on the deposition of coke on
the catalyst surface, changes in Ni oxidation and crystal size, and aging and
clogging of the support. It is worth noting that after each reaction, the solids
composing the catalytic bed (catalyst-+inert (SiC)) were separated by sieving, to
avoid masking the characterization of the used catalyst. The particle size selected
for each solid (SiC, ~ 75 nm; catalysts 150-250 pm) facilitates this separation.

Thus, only traces of inert might remain in the used catalyst after sieving.

5.2.2.1. Structural properties

Figure 5.22 and Figure 5.23 show the XRD patterns of the catalyst samples used
in the CSDR runs at different temperatures (Figure 5.22) and different CO2/C
and S/C molar ratios (Figure 5.23).
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As in the fresh-reduced catalyst (Figure 2.8a), the presence of Ni’ and AlO3
species is observed in all used samples, but there are no NiO peaks, confirming
that there is no Ni oxidation, due to the highly reducing environment in the
CSDR runs, as previously observed in Chapters 3 and 4 under SR and SESR

conditions with this catalyst.

The average size of Ni’ crystals, calculated using Debye-Scherrer equation at
20 =51.8°, is gathered in Table 5.4 for the effect of temperature and in Table 5.5
for the effect of CO2/C and S/C molar ratios. As previously observed under SESR
conditions (Table 4.6), there is no evidence of a noticeable degree of Ni sintering,
as the average crystal size of the used catalyst samples increases very slightly (in
the range of 13-18 nm (at different temperatures) and 14-21 nm (at different
CO2/C and S/C ratios) compared to the fresh-reduced catalyst (15 nm).
Consequently, under CSDR conditions, coke deposition is also the main cause of

deactivation.
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Figure 5.22. XRD patterns of Ni/AlO3 catalyst samples used in the CSDR runs at
different temperatures for a CO2/C ratio of 1.1 with different values of S/C ratio and
space time (T, gcatalyst'h/goxygonatcs)~
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5.2. Effect of reaction conditions with NiAl2O4 derived catalyst

The presence of a broad peak at a diffraction angle of 20 = 26° for the catalyst

used in the CSDR at 600 °C with high S/C ratio-space time (Figure 5.22) and at
700 °C whatever the space time, CO2/C and S/C molar ratio conditions (Figure
5.22 and Figure 5.23) suggests the presence of a high crystallinity coke (graphitic

carbon). Consequently, these results demonstrate that coke crystallinity is

influenced by the reaction conditions.
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Figure 5.23. XRD patterns of Ni/Al2O3 catalyst samples used in the CSDR runs at
different S/C ratios at 700 °C with CO2/C ratio of 0.6 (left graphs) or 1.1 (right graphs)
and space time of 0.125 geatalyst-n/Goxygenates (upper graphs) or 0.250 geatalyst-h/Soxygenates

(lower graphs).
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Table 5.4. Average Ni® crystal size (dni) of Ni/Al>Os catalyst samples used in the CSDR,
runs at 600, 700 and 800 °C for a CO2/C ratio of 1.1, under low S/C ratio-space time or

high S/C ratio-space time conditions.

Temperature, Space time, dni,
S/C

°C gcatalyst’h/ Boxygenates nm
600 15
700 0.5 0.125 14
800 13
600 18
700 1.7 0.250 18
800 18

Table 5.5. Average Ni® crystal size (dni) of Ni/Al>O3 catalyst samples used in the CSDR
runs at 700 °C for two values of space time and with different combinations of COz/C
and S/C ratios.

Space time dn;
P ’ s/c | co,c| N
gcatalyst‘h/ Boxygenates nm
0.6 15

0.5
1.1 14

0.125

0.6 15

1.7
1.1 15
0.6 17

0.5
1.1 21
0.6 18

0.250 1.2
1.1 17
0.6 18

1.7
1.1 18
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5.2. Effect of reaction conditions with NiAl2O4 derived catalyst

5.2.2.2. Amount and nature of coke

The nature and/or location of the coke deposited on the catalyst particles
(combustion peak position) was determined by TPO analysis of the used samples.
Figure 5.24 shows the TPO profiles of the used catalyst samples at different
reaction temperatures (600, 700 and 800 °C) for a given feed composition and at
low and high space time values. As can be seen in Figure 5.24a, the coke formed
at 600 °C with a low S/C ratio-space time is predominantly LT-coke, whose
combustion peak has a maximum at 449 °C. In contrast, the coke on the catalysts
used at 700 and 800 °C is mostly HT-coke (with a maximum at 603 and 610 °C,
respectively). Therefore, the increase in temperature from 600 to 800 °C
noticeably attenuates the formation of the amorphous coke (first combustion
peak). Interestingly, at 600 °C under high S/C ratio-space time conditions (red
line in Figure 5.24b), there is a predominant formation of structured carbon on
the external surface of the catalyst particles. Thus, the presence of HT-coke (with
maximum of combustion peak at 552 °C) is predominant with some presence of
LT-coke (442 °C), which is in sharp contrast to the predominant presence of LT-
coke observed at 600 °C under low S/C ratio-space time conditions (red line in
Figure 5.24a). This result corroborates the relevant role of water (S/C ratio of
1.7) and high space time conditions in favouring the formation of CO by reforming
and, as a consequence, also the subsequent Boudouard reaction, thus increasing
the formation of filamentous carbon. Likewise, HT-coke prevails at 700 °C and
also at 800 °C, although coke formation is insignificant at 800 °C with high S/C
ratio-space time conditions (Figure 5.24b) due to the favoured coke gasification
at high temperature and with a higher H>O concentration. [132, 259]. Moreover,
the increase in temperature favours the reverse-Boudouard reaction (coke

gasification) as shown in section 5.1.1 and Figure A.12.

These TPO profiles in Figure 5.24 are consistent with the XRD diffractograms in
Figure 5.22, which show a high intensity peak at 6=26° (corresponding to coke
crystalline structures) at 600 °C and high S/C ratio-space time, and at 700 °C for
both S/C ratio-space time conditions. The analysis of the TPO profiles shows

that the carbon formed becomes more refractory with increasing temperature, as
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it shifts towards higher combustion temperatures. However, it should be noted
that at 800 °C the deposition of coke is almost insignificant, especially at high
S/C ratio-space time conditions, as observed in Figure 5.25, which shows the coke
content (wt%) determined from the area under the TPO curves in Figure 5.24.
The results in this figure show that an increase in the temperature leads to a

significantly lower total coke content.
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Figure 5.24. Effect of temperature on the TPO profiles of Ni/AlO3 catalyst used in the
CSDR runs for a CO2/C ratio of 1.1 with S/C ratio of 0.5 and space time of 0.125
Seatalyst1/Goxygenates (@) and with S/C ratio of 1.7 and space time of 0.250
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Figure 5.25. Effect of temperature on the coke content (wt%) deposited on Ni/Al2O3
catalyst used in the CSDR runs for a CO2/C ratio of 1.1 with S/C ratio of 0.5 and space
time of 0.125 geatalyst-/Goxygenates (full markers) and with S/C ratio of 1.7 and space time
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5.2. Effect of reaction conditions with NiAl2O4 derived catalyst

Figure 5.26 shows the effect of S/C ratio on the TPO profiles at 700 °C for
different values of CO2/C ratio and space time. Overall, all the TPO profiles show
that HT-coke (that with the maximum of the combustion peak above 500 °C) is
the prevailing coke fraction, with the maximum around 603-612 °C (for low space
time, Figure 5.26a-b) and 600-609 °C (for high space time, Figure 5.26¢-d), that
is, the peak maximum shifts slightly towards lower temperatures (5-10 °C) with

increasing space time, suggesting that the coke is less structured.
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Figure 5.26. Effect of S/C ratio on the TPO profiles of Ni/Al2O3 catalyst used in the
CSDR runs at 700 °C for different values of CO2/C ratio (0.6 (a and c¢) and 1.1 (b and
d)) and different space time values (0.125 gecatalyst-/oxygenates (& and b) and 0.250
gcatalyst'h/goxygenates (C and d))

Additionally, Figure 5.27 displays the results of coke content on the used catalysts
determined from the TPO profiles of Figure 5.26. As observed in Figure 5.27a, at
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low space time conditions, the total coke content decreases with increasing CO2/C
ratio, which is an expected result because the increase in CO2 content attenuates
coke formation by promoting the reverse-Boudouard reaction. Conversely, under
high space time conditions (Figure 5.27b), the total coke deposited increases with
increasing CO2/C ratio, which at a first sight is an unexpected result. This result
could be explained by the relevant role of CO2 in promoting the reverse-WGS
reaction (whose extent is high under high space time conditions), thus increasing

the concentration of CO (precursor of HT-coke by Boudouard reaction).
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Figure 5.27. Effect of S/C and CO»/C ratios on the coke content (wt%) deposited on
Ni/Al;O3 catalyst used in the CSDR runs at 700 °C with a space time of 0.125
gcatalys‘c'h/goxygenates (a) and 0.250 gcatalyst'h/goxygellates (b)

Considering the effect of S/C molar ratio on coke deposition, also shown in Figure
5.27, under low space time conditions (Figure 5.27a), the increase in S/C ratio
increases the amount of coke, which could be explained because the increase in
H20 concentration attenuates the conversion of oxygenates and thus, increases
the coke deposition due to the decomposition/cracking of oxygenates. In contrast,
for high space time conditions (Figure 5.27b), the total coke content decreases
with increasing S/C ratio, indicating that the increase in H2O concentration
promotes the carbon gasification reaction, besides decreasing the concentration of
oxygenates in the bio-oil. The higher H2O concentration also contributes to a
lower concentration of CO (as it shifts the equilibrium of the WGS reaction to

the right) and thus to a lower HT-coke formation by Boudouard reaction.
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5.2. Effect of reaction conditions with NiAl2O4 derived catalyst

Therefore, these results suggest differences in the mechanism of coke formation,
which is significantly affected by the S/C and CO2/C molar ratios at different
space time studied, although the TPO profiles of the resulting carbon deposits in
Figure 5.26 do not change significantly.

5.2.2.3. Physical properties

In order to evaluate the deterioration of the porous structure of the catalyst, N2
adsorption-desorption isotherms (Figure B.7-Figure B.9) were obtained for used
catalyst samples. All samples exhibit an isotherm type IV with H2-type hysteresis
cycle for the catalyst samples used at low space time, whereas a H3-type
hysteresis cycle is noticed for the catalysts used at high space time, which does

not show any limiting adsorption at high pressure (P /Py~ 1).

When comparing the results of the textural properties for the used catalyst
samples in Table 5.6 with those corresponding to the fresh-reduced catalyst
(Table 2.7), it can be observed that for low space time conditions (Figure B.7
(solid lines) and Figure B.8), there is a loss of mesoporosity (significantly lower
total volume adsorbed at high pressure (P/Py ~ 1), evidencing a partial blockage
of the mesopores by the coke deposited, which causes a decrease in BET surface
area, pore volume and average pore diameter, except at 800 °C. This decrease in
catalyst porosity contributes to a more rapid deactivation. The effect of reaction
temperature on BET surface area, pore volume and average pore diameter of the
used catalyst samples is remarkable (Table 5.6). However, the S/C and CO2/C
ratios have a lower effect on the textural properties (Table 5.7). Under low space
time conditions, the BET surface area and pore volume of the used catalyst
samples are higher with increasing the S/C ratio, while for the highest space time
the BET surface area is lower with increasing the S/C ratio. Besides, the higher
COg2/C ratio slightly increases the BET surface area (Table 5.7). However, there

is no clear trend for pore volume and average pore diameter.
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Table 5.6. Effect of temperature on the physical properties of Ni/AloO3 catalyst samples
used in the CSDR runs for a CO2/C ratio of 1.1 and different values of S/C ratio and
space time.

Temperature, s/C Space time, SBET, | Vpore, | dpore,
°C Beatalyst-N/Boxygenates | M2/g | cm3/g nm
600 36.0 0.055 6.1
700 0.5 0.125 43.2 0.141 12.1
800 64.7 0.195 10.9
600 80.6 0.211 15.7
700 1.7 0.250 97.2 0.282 13.4
800 55.6 0.271 19.5

Table 5.7. Effect of space time and feed composition on the physical properties of
Ni/AlO3 catalyst samples used in the CSDR of raw bio-oil at 700 °C.

Space timea S/C COQ/C SBET’ Vporea dporev
gcatalyst‘h/goxygenates mz/g cm3/g nm
05 0.6 59.4 0.160 10.3
' 1.1 432 | 0141 | 121
0.125
L7 0.6 63.9 0.172 104
' 1.1 69.3 | 0.179 | 10.0
05 0.6 94.0 0.200 9.1
' 1.1 123.0 0.304 12.3
0.6 88.5 0.206 10.1
0.250 1.2
1.1 94.5 0.206 9.6
0.6 85.1 0.201 10.3
1.7
1.1 97.2 0.282 13.4
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5.2. Effect of reaction conditions with NiAl2O4 derived catalyst

These results indicate the relevant impact of the amount and morphology of coke
on the physical properties of the used catalysts and the relevance of the reaction
conditions (mainly space time and temperature) on these properties. Thus, there
is some direct correlation between the amount of coke deposited and the BET
surface area of the used catalyst samples at different S/C and CO2/C ratios. As
can be seen in Figure 5.28, the higher the amount of coke deposited, the higher
the BET surface area. These results suggest that even at low space time
conditions there are some porous structures in the coke deposits which could
contribute to an overall high BET surface area (similar to the fresh-reduced
catalyst), although they also cause some pore blockage that deactivates the
catalyst. Moreover, the increase in BET surface area for the used catalysts
compared to that of the fresh-reduced catalyst (65.1 m?/g) suggests the presence
of a porous carbon structure, as that corresponding to filamentous carbon (in
agreement with the SEM images shown later), and associated to the HT-coke in
the TPO profiles, which is consistent with the high stability observed in the
CSDR runs at high space time conditions.
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Figure 5.28. Correlation between coke content and BET surface area of Ni/AlOs
catalyst samples used under the operating conditions of Figure 5.26 and Figure 5.27.
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5.2.2.4. Morphology and location of coke

Figure 5.29 and Figure 5.30 show SEM images with a backscattered electron
(BSE) detector of the catalyst samples used in the CSDR runs at different

temperatures and different S/C molar ratios, respectively.

The presence of semi-bright particles in the catalyst samples used in the CSDR
run at 600 °C with low S/C ratio and space time (Figure 5.29a) indicates poor
coke deposition on the external surface. The lower deposition of external coke is
consistent with the TPO results (absence of HT-coke) (Figure 5.24a). In contrast,
almost all the particles in the samples used in the CSDR runs at 600 °C with high
S/C ratio-space time conditions (Figure 5.29b) and at 700 °C regardless of
operating conditions (Figure 5.30) are uniformly dark, which indicates carbon
deposition on the external surface of the particles. It should be pointed out that
when the coke content is high (65 wt% at 600 °C with high S/C ratio-space time
conditions, Figure 5.25), the used catalyst particles have a rough surface (Figure
5.29b), which may indicate a collapse of the catalyst particles due to the excessive

coke growth.

Figure 5.29. BSE-SEM images of Ni/Al>O3 catalyst used in the CSDR runs at 600 °C,
CO2/C ratio of 1.1 with S/C ratio of 0.5 and space time of 0.125 geatalyst-h/Boxygenates (&)
and S/C ratio of 1.7 and space time of 0.250 gcatalyst-h/Zoxygenates (b)-
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Figure 5.30. BSE-SEM images of Ni/AlyO3 catalyst used in the CSDR runs at 700 °C,
CO2/C ratio of 1.1 and S/C ratio of 0.5 (a, b) or S/C ratio of 1.7 (¢, d) with space time
of 0.125 geatalyst-h/Zoxygenates (@, ¢) or space time of 0.250 geatalyst-h/Goxygenates (b, d).

The coke morphology is studied in more detail with SEM images using a
secondary electron detector (SE-SEM), which enables zooming to the catalyst
surface. The surface of the used catalyst at 600 °C with low S/C ratio-space time
conditions (Figure 5.31a) shows a porous surface similar to that of the fresh-
reduced catalyst (Figure 2.10a), evidencing a low carbon deposition on the
external surface. Thus, the coke formed may be composed of amorphous mass of
carbon, in line with the TPO results (Figure 5.24a). However, in the catalyst
particles used in the CSDR run at 600°C but with a high S/C ratio-space time
(Figure 5.31b), the external surface is covered with carbon filaments that are well
defined and heterogeneous in size, with remarkably large diameters. In the run at
700 °C with low space time and for both S/C ratios studied (Figure 5.32a and
Figure 5.32c), the surface of the catalyst particles shows compacted carbon
filaments and a second carbon phase between the filaments, which may consist

of a structured carbon, whose formation is promoted at high reaction temperature
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(700 °C) and which clogs the porous structure, contributing to a rapid catalyst
deactivation (graphs in Figure 5.20) [255]. This formation of structured coke by
repolymerization of phenolic compounds in bio-oil is well established in the
literature [164]. Its presence agglomerates the carbon filaments and increases the
coke combustion temperature, as verified by the TPO measurement (603-612 °C
at low space time and around 600-609 °C at high space time) (Figure 5.26). This
second phase, with a graphite-like structure, also observed in the SR of bio-oil
(CO2/C ratio of 0) with this catalyst [96], explains the slight crystallinity
observed in the XRD patterns for the catalysts used at 700 °C (Figure 5.23b).

In contrast, the catalyst used at high space time (Figure 5.32b and Figure 5.32d)
has, in addition to compacted carbon structures, particles with a different coke
morphology. Thus, heterogeneous carbon filaments are observed at the lowest
S/C ratio tested (Figure 5.32b), whereas at a S/C ratio of 1.7 the particles have
a tangle of small carbon filaments alongside the compacted carbon structures
(Figure 5.32d). These carbon filaments are responsible for the increase in BET
surface area (Table 5.7). Therefore, these catalyst particles covered with
filamentous coke can remain active (Figure 5.11b, Figure 5.12b, Figure 5.12d,
Figure 5.12f, Figure 5.17b, Figure 5.18b, Figure 5.18d, Figure 5.18f) because the
presence of these small carbon filaments does not block access to the active sites
of the catalyst [132].

Figure 5.31. SE-SEM images of Ni/Al2O3 catalyst used in the CSDR runs at 600 °C,
CO2/C ratio of 1.1 with S/C ratio of 0.5 and space time of 0.125 geatalyst-h/Boxygenates (&)
and S/C ratio of 1.7 and space time of 0.250 gcatalyst-h/Zoxygenates (b)-
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Figure 5.32. SE-SEM images of Ni/Al>xO3 catalyst used in the CSDR runs at 700 °C,
CO2/C ratio of 1.1 and S/C ratio of 0.5 (a, b) or S/C ratio of 1.7 (¢, d) with space time
of 0.125 geatalyst-h /Goxygenates (a, ¢) or 0.250 geatalyst-h/Goxygenates (b, d).
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On the role of individual oxygenated compounds in the SR of bio-oil.
1. Thermodynamic study

The equilibrium yields of products in the SR, of all the oxygenated compounds
studied follow the same trend with the increase in temperature: the yield of
H> and CO3 pass through a maximum, which is more pronounced at high S/C
ratios, especially for CO2, the yield of CO increases and the yield of CHy
decreases. The yields of H2 and COz increase with the S/C ratio, whereas those
of CO and CHjy decrease due to the promotion of WGS and SR reactions, with
these trends being attenuated at high S/C ratios.

S/C ratio of 5 and 610644 °C temperature range are the most suitable
conditions for attaining high equilibrium Hp yields (90-92 %), without excessive
penalty in energy requirements in the SR of all oxygenates. The maximum H»
yield follows an order opposite to the stoichiometric S/C ratio of each
oxygenate, in the order acetic acid, hydroxyacetaldehyde, mannose > levulinic
acid, acetol > acetaldehyde, vanillin, catechol > phenol, guaiacol > acetone,

cyclohexanone, and is obtained at a lower temperature as this ratio decreases.

The inert addition slightly increases Hs yield and decreases coke formation at
S/C ratio of 1.5, but this effect is not significant for S/C ratios above 5.

The coke yield is significant at low temperatures (< 600 °C) and low S/C
ratios (below the stoichiometric value). The heavier oxygenates have a greater
tendency for coke formation, in the order phenol > catechol ~ guaiacol >
vanillin. Among the light oxygenates (Ci-Cs), acetone has the highest coke

formation capacity.

The following original correlations are proposed to predict the maximum yield
of Ha, the temperature required to attain it and the corresponding yields of
by-products in the SR of oxygenates from the values of the C/S ratio in the
feed and the oxygenate composition (expressed as H/C, O/C and O/H ratios):
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2. Role in the deactivation by coke of the NiAlsO,; spinel derived catalyst

In the 600-700 °C temperature range, catalyst stability is mainly affected by
coke deposition, whose effect on the deactivation rate depends greatly on the
nature of the reactant oxygenate, as it influences the nature of the coke and

its deactivation capacity.

The most rapid deactivation occurs in the SR of guaiacol, caused by the
deposition of pyrolytic and amorphous coke, which blocks the Ni sites and
whose formation inhibits that of filamentous carbon. The formation of
filamentous coke in the SR of aliphatic oxygenates (especially for ethanol and
acetone at 600 °C) by the Boudouard reaction causes only a slight deactivation,

because this coke does not contribute to block the porous structure.

The increase in temperature from 600 to 700 °C favours the extent of
encapsulating coke formation reactions by polymerization and attenuates the
formation of filamentous coke. However, the effect on deactivation is moderate,
because the rates of SR and encapsulating coke gasification reactions also

increase.
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In the SR of raw bio-oil, a synergy between the coke formation mechanisms of
the different oxygenates is expected, but the formation of encapsulating coke
from phenolic oxygenates is preferential and inhibits the formation of
filamentous coke from aliphatic oxygenates. Therefore, guaiacol is a suitable
model oxygenated compound for testing the stability of new catalysts and for
adjusting the reaction conditions in order to minimise the formation of the

deactivating coke.

On the sorption enhanced steam reforming (SESR) of raw bio-oil over

Ni-based catalysts.
1- Effect of sorbent type, catalyst support and sorbent/catalyst mass ratio

A suitable sorbent/catalyst mass ratio is required for each sorbent-catalyst
pair, because the sorbent not only contributes to CO2 capture (which shifts
reforming and WGS reactions towards Hz formation), but it is also active for
oxygenates decomposition/cracking reaction, which competes with the catalyst
activity for reforming reactions, thus affecting the yield of products in the
capture period and the morphology and location of the coke, which in turn

affects the catalyst stability.

Dolomite is a more suitable sorbent due to its lower activity for
decomposition/cracking of oxygenates, that allows i) attaining a higher Hp
yield and purity in the capture period; ii) using a higher sorbent /catalyst mass
ratio in the catalytic bed, thus with longer duration of the capture period; and
iii) higher catalyst stability due to a lower amorphous and encapsulating coke

deposition compared to CaO/mayenite.

The Ni/Al2O3 catalyst has superior performance compared to Ni/CeO2
catalyst due to the higher promotion of oxygenates reforming reaction of the
former, which counteracts the decomposition/cracking reaction over the
sorbent and allows attaining higher Hz yield and using higher sorbent /catalyst
ratios with higher stability.
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The dolomite+(Ni/AlOs derived from NiAl2Oy4 spinel) system is the best
choice for the SESR of raw bio-oil. At 600 °C, S/C ratio of 3.4 and space time
of 0.15 geatalyst-h/Goxygenates, @ dolomite/(NiAloO4) mass ratio of 10 allows to
reach almost 100 % of Hs yield and selectivity during the effective CO2 capture
period (about 30 min) and to improve the catalyst stability with respect to

the SR when operating in a packed-bed reactor.

Comparison of packed and fluidized-bed reactors

The performance of FBR at zero TOS is slightly inferior than that of PBR for
both SR and SESR processes, due to the less efficient contact between the gas
fluid and catalyst particles (bubbling or slugging phenomena), causing a
decrease in the oxygenates conversion and coke formation. The initial
oxygenates conversion is almost complete in PBR and of 88 % in FBR, with
H» yields of 80 % and 69 % for the SR process, and of 99 % and 92 % during
the CO2 capture period of the SESR runs in the PBR and FBR, respectively.

In the SR runs, catalyst deactivation is slower in the FBR due to the
rejuvenation of the catalyst surface by the moving particles, which favours
external coke gasification and attenuates the growth of carbon filaments on
the external surface (amorphous carbon formation in the internal porous
structure is unaffected). This phenomenon does not occur in PBR, which leads
to more developed coke structures on the catalyst surface, such as carbon
filaments and spheres (the latter are responsible for catalyst deactivation, as

they can encapsulate Ni sites and block the access to mesopores).

In both reactors, the presence of dolomite prolongs the period of stable
performance due to the contribution of dolomite activity to reforming
reactions, although the subsequent deactivation is slightly faster compared to

the SR process, more noticeably in the FBR.

The effect of dolomite on the amount and nature of coke depends on the
reactor type. In PBR, dolomite acts mainly as a guard catalyst, slightly

decreasing the total coke content on the catalyst and changing the coke nature
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to a combination of amorphous and filamentous carbons (no carbon spheres).
In FBR, the presence of dolomite favours the formation of carbon filaments,
possibly due to the vigorous contact between dolomite and catalyst particles
to favour the coke formation mechanisms, as dolomite favours the
decomposition/cracking reaction of oxygenates, forming filamentous coke
precursors (CH4 and hydrocarbons), and competes to adsorb water, preventing

coke gasification on the catalyst.
3- Effect of conditions and cyclic operation with Ni/AlOs catalyst+dolomite

The highest Hs yield (~ 92 %) and purity (~ 99 %) in the capture period are
obtained in the 600-650 °C range and with a dolomite/catalyst mass ratio of
10 due to the synergy between catalyst and sorbent activity. The catalyst
exhibits high stability at 600 °C due to the low content and filamentous nature
of the coke deposited, whose deposition is attenuated by the gasification
(favoured by the increase in temperature) and by the activity of the dolomite

under these conditions for the reforming of oxygenates from bio-oil.

The catalyst/sorbent system studied is interesting for the scale-up of bio-oil
SESR, due to its good performance in reaction-regeneration cycles. The joint
regeneration of the two materials is possible (at 850 °C in air for 4 h), although
the catalyst undergoes a partial irreversible deactivation in the first two cycles,
after which it reaches a pseudo-stable state with reproducible performance in
the subsequent cycles. The causes of the slight irreversible deactivation in the
first two cycles (a lower formation of Ni’ crystals and their redistribution
towards the inside of the AloO3 support) are minimised with the reduction of
the catalyst at 900 °C.

On the combined steam /dry reforming (CSDR) of raw bio-oil.
1. Thermodynamic study

The results of the thermodynamic study have shown good prospects for the

development of bio-oil CSDR technology, combining the objectives of CO2 and
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a biomass derivative (bio-oil) valorization and sustainable production of a
syngas with the appropriate composition for its use as raw material in the

production of fuels and chemicals.

Above 700 °C, syngas yield > 99 % of the stoichiometric value is achieved for
any feed composition, with positive CO2 conversion when suitable
combinations of S/C and CO2/C ratios are used (the higher the S/C ratio, the
higher the CO»/C ratio required). However, the H2/CO ratio of the syngas
decreases exponentially with increasing temperature, being less than 3 at the

conditions that maximise the syngas yield.

At 900 °C with S/CO2/C ratio of 0.5/0.5/1, almost 100 % of syngas yield is
attained with the maximum COz conversion (48 %) and reduction of COq
emissions compared to the SR unit (49 %) and with the lowest energy
requirement (heat exchanger duty of 390 kJ/mol and reaction heat of 385
kJ/mol), but with a H2/CO ratio (0.84) of little interest for the production of
fuels and chemicals. Obtaining a higher H2/CO ratio while maintaining
maximum syngas yield, requires increasing the S/C ratio, which involves a

lower CO2 conversion and higher heat exchangers duty.

H2/CO ratio of 1 can be achieved with syngas yield > 99 % and positive CO2
conversion (in the range of 26-3 %) over a wide range of feed compositions
(CO2/C ratio in the 0.5-5 range and S/C ratio in the 1-2.5 range). However,
the range of conditions that maximise the syngas yield (> 98 %) with a target
H>/CO ratio of 2 is narrower (CO2/C ratio in the 0.5-2.5 range and S/C ratio
in the 1.8-3 range) and leads to negative CO2 conversion (between -48.5 % and
-9.7 %) and, therefore, to lower reduction of CO2 emissions with respect to the
SR process (between 19.4 % and 13.9 %) than with a target H2/CO ratio of 1
(between 13.4 % and 42.1 %).

2. Effect of operating conditions for NiAlsO, spinel-derived catalyst

The increase in temperature in the 600-800 °C range (mostly between 600-700

°C) leads to a significant increase in oxygenates and COz conversion.
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Consequently, the syngas yield and the reduction of CO2 emissions also
increase, but the Ha/CO ratio decreases, reaching values below 1 at 800 °C
when operating with a low S/C ratio (0.5) and a high CO2/C ratio (1.1). The
increase of the CO2/C ratio from 0.6 to 1.1 does not affect the syngas yield
(due to its opposite effect on the yields of H2 and CO), but decreases the
H2/CO ratio of the syngas. The increase of the S/C ratio from 0.5 to 1.7 has
practically no effect on the conversion of oxygenates and the syngas yield, but
it has an important effect both on the conversion of CO2 (which decreases
notably) and on the composition of the syngas, whose Ha/CO ratio increases

significantly.

The main cause of catalyst deactivation is the deposition of coke, whose
amount and nature depend on the operating conditions, in particular
temperature and space time, due to their incidence on oxygenates
concentration (precursors of the amorphous coke that blocks the Ni sites). The
coke deposition and the deactivation rate are strongly attenuated with a space
time of 0.250 geatalyst-h/Goxygenates, which facilitates the formation of filamentous
coke, and at 800 °C, which promotes coke gasification. This stability of the
catalyst is also improved by increasing the CO2/C ratio, and is little dependent
on the S/C ratio, obtaining for the conditions of 800 °C, CO2/C ratio of 1.1,
S/C ratio of 1.7 and space time of 0.250 geatalyst-h/Zoxygenates & syngas yield of
about 90 %, with a H2/CO ratio of 1.6, conversion of oxygenates of 80 % and
of CO2 of 7 %, and a reduction of CO2 emissions with respect to the SR process
of 28 %. The conversion of CO2 can be significantly increased (> 23%) by
decreasing the S/C ratio to 0.5, although at the expense of a reduction in the
H>/CO ratio (< 1) of the syngas produced.
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NOMENCLATURE

Ap, Aps, Ac

bk

Cc
Ca-M
CO9/C
dp, dni
dpore
Eg

Ex

Fmo

Fin

Area of the D (or D3) and G bands determined from

deconvolution of Raman spectra

Total number of atoms of each k atomic species (C, H, O)
Coke content, wt%

CaO/mayenite

CO2-to-carbon molar ratio

Particle size or average Ni crystal size, nm

Pore diameter, nm

Binding energy of the sample electrons, eV

Kinetic energy of the emitted electrons, eV

H> molar flow rate in the product stream, mol/min

Hp stoichiometric molar flow rate according to the global
stoichiometry for the bio-oil SR (Eq. (1.13)), mol/min

H2+CO stoichiometric molar flow rate for the SR process,

according to Eq. (1.14), mol/min

Carbon-based molar flow rate of the i product (CO2, CO,
CHy and light hydrocarbons (C.Hy)) in the effluent (out)

stream of the reactor, mol C/min

Carbon-based molar flow rate of the oxygenates at the

reactor inlet, mol C/min
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Nomenclature

Fin, CO2,

Fout, co2

FoutA gas

G, GY

GciHSV
GHSV
HHV

hv

Ip, Ips, Ia

nj

P /Py

s/C
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CO2 molar flow rate at the reactor inlet and outlet,

respectively, mol/min

Carbon-based molar flow rates of the carbonaceous
gaseous product (CO2, CO, CHy and light hydrocarbons
(CaHy)) at the reactor outlet, mol C/min

Gibbs energy of the system and of i product at standard
state, kJ/mol

Methane-equivalent gas hourly space velocity, h!
Gas hourly space velocity, h!

Higher heating value, MJ /kg

Energy of the incident photon, eV

Intensity of the D (or D3) and G bands determined from

deconvolution of Raman spectra

Shape factor for Debye-Scherrer equation (common value:
0.9)

Liquid hourly space velocity, h!

Total number of atomic species (C, H, O)
Mass to charge ratio

Total number of products

Number of moles of i product

Pressure, atm

Relative pressure

Universal gas constant, 8.314-10% kJ/mol-K

Steam-to-carbon molar ratio



Nomenclature

(S/C)st,

SBET

TOS

Rcoz2

Umf
Vads
Vporc

WHSV

Xco2
Vi

Yi

Greek letters

Stoichiometric steam-to-carbon molar ratio
BET surface area, m?/g
Temperature, °C

Time on stream, h or min
Reduction of CO2 emissions, %
Linear gas velocity, cm/s

Minimum fluidization velocity, cm/s
Adsorbed volume of N2, cm?/g

Pore volume, cm?3/g

Weight hourly space velocity, h'!
Conversion of oxygenates, %
Conversion of CO2, %

Mol fraction of i product

Yield of products, %

AH

AHr

AHug

Enthalpy, kJ/mol
Reaction heat, kJ/mol

Heat exchanger duty, kJ/mol

Width at half height of the diffraction peak, rad

Radiation wavelength, A
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Nomenclature

ik Number of atoms of k atomic species (C, H, O) contained

in each molecule of i product
T Average crystallite size, nm

0 Angle of the peak, °

Abbreviations and acronyms

AE Alkaline electrolysis

ASTM American Society for Testing and Materials
ATR Autothermal reforming

BET Brunauer-Emmett-Teller

BJH Barrett-Joyner-Halenda

BRM Bi-reforming of methane

BSE-SEM Backscatter electron-Scanning electron microscopy
CCS Carbon Capture and Storage

CCUS Carbon Capture, Usage and Storage

C.Hp Light hydrocarbons (C2-C3)

CLR Chemical looping reforming

CNT Carbon nanotubes

CPOX Catalytic partial oxidation

CSDR Combined steam /dry reforming

DME Dimethyl ether

DR Dry reforming
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Nomenclature

DTG
FBR
GC

GHG
HDO

HT-Coke

HTE

IPHE

IPCC
IUPAC

LT-Coke

LT1, LT2

LTE
MDR

MS

MSR
MWCNT

NIST

Derivative thermogravimetric
Fluidized-bed reactor

Gas chromatography
Greenhouse Gas
Hydrodeoxygenation

High temperature coke (combustion peak burns at > 500
oc)

High temperature electrolyser

International Partnership for Hydrogen and Fuel Cells in

the Economy
Intergovernmental Panel on Climate Change
International Union of Pure and Applied Chemistry

Low temperature coke (combustion peak burns at < 500

OC)

Low temperature coke (LT-Coke) with a maximum
combustion peak near 300 °C (LT1) and between 350-500
°C (LT2)

Low temperature electrolyser
Methane dry reforming

Mass spectrometry

Methane steam reforming
Multiwall carbon nanotubes

National Institute of Standards and Technology
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Nomenclature

0C

OD

OSR

PBR

PDF

PEM

PL

PNS

POX

PR

SEM

SE-SEM

SiC

SOE

SE-CLSR

SESR

SR

SRK

TCD

TEM

TG

TPO
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Oxidative coupling

Oxidative dehydrogenation
Oxidative steam reforming
Packed-bed reactor

Powder Diffraction File

Proton exchange membrane
Pyrolytic lignin

Purple non-sulphur

Partial oxidation

Peng-Robinson

Scanning electron microscopy
Secondary electron-Scanning electron microscopy
Silicon carbide

Solid-oxide electrolysis

Sorption enhanced chemical looping steam reforming
Sorption enhanced steam reforming
Steam reforming
Soave-Redlich-Kwong

Thermal conductivity detector
Transmission electronic microscopy
Thermogravimetric

Temperature programmed oxidation



Nomenclature

TPOX

TPR

UNIFAC

UNFCCC

WGS

XPS

XRD

XRF

Thermal partial oxidation
Temperature programmed reduction

Universal quasichemical Functional group Activity

Coefficients

United Nations Framework Convention on Climate

Change

Water-gas-shift

X-ray photoelectron spectroscopy
X-ray diffraction

X-ray fluorescence
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A. Results of the thermodynamic studies

A. RESULTS OF THE THERMODYNAMIC STUDIES

A.1l. Validation of the calculation with Proll software and SRK model

In order to prove the validity of the simulation procedure used, the equilibrium
molar flow rates obtained for selected conditions for the SR of acetone were
compared with those obtained using other software (DWSIN 6.4.3) and
thermodynamic models (Peng-Robinson (PR) and UNIFAC). The differences in
the molar flow rates of products obtained using different thermodynamic models
(SRK vs PR) with Proll software are shown in Table A.1, whereas the differences
in the results calculated with SRK model and different software are gathered in
Table A.2. Moreover, Table A.3 gathers the differences in the calculations using
DWSIM software and using different thermodynamic models.

Table A.1l. Percentage relative error of the equilibrium molar flow rates calculated for
the SR of acetone under selected conditions associated with the use of SRK or PR
thermodynamic models (Proll software).

T, °C S/C H, CO CO, CH,4
400 3 0.02 0.03 <0.01 <0.01
400 7 0.01 0.02 0.01 0.01
800 3 <0.01 <0.01 <0.01 0.04
800 7 0.02 0.02 0.05 0.04

Table A.2. Percentage relative error of the equilibrium molar flow rates calculated for
the SR of acetone under selected conditions associated with the use of Proll or DWSIM
software (SRK thermodynamic model).

T, °C S/C H, CcO COq CH,4
400 3 2.48 3.30 0.76 0.58
400 7 2.30 3.18 1.07 1.56
800 3 0.41 1.33 1.63 1.83
800 7 0.29 2.67 0.95 0.08
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Table A.3. Percentage relative error of the equilibrium molar flow rates calculated for
the SR of acetone under selected conditions associated with the use of SRK, PR or
UNIFAC thermodynamic models (DWSIM software).

T,°C S/C H, CcO CO. CH,4
SRK-PR 400 3 <0.01 0.05 0.03 0.05
SRK-PR 400 7 0.01 0.03 0.05 0.03
SRK-PR 800 3 0.05 0.18 0.06 0.38
SRK-PR 800 7 0.02 0.01 0.01 <0.01

3

7

3

7

SRK-UNIFAC 400 0.13 0.07 0.04 0.01
SRK-UNIFAC 400 0.13 0.08 0.1 0.08
SRK-UNIFAC 800 0.05 0.17 0.07 0.3
SRK-UNIFAC 800 <0.01 0.02 <0.01 0.01

A.2. Effect of reaction conditions in the SR of the oxygenates and in
the WGS reaction

Figure A.1 shows the effect of the reaction temperature on the relative molar flow
rates (referred to a feed of 1 kmol/h of oxygenated compound) of the reaction
products in the SR of each oxygenate at a S/C ratio of 5. Moreover, Figure A.2
shows the effect of S/C ratio and temperature on the equilibrium molar flow rates
of H2 (equal to that of CO2) and CO in the WGS reaction, as it helps
understanding the results of the SR of the oxygenates, due to the relevant
contribution of WGS reaction to the overall mechanism of SR reactions. The
effect of temperature has a similar trend for all oxygenates and is consistent with
the results previously reported by Xie et al. [314] for the SR of ethanol, acetic

acid, acetone and phenol.

Therefore, maximum H> flow rate is obtained at intermediate temperatures (close
to 600 °C) in Figure A.1, because the increase in temperature favours the steam
reforming reaction (Eq. (1.14)), but it also promotes the reverse-WGS reaction
(Eq. (1.15)) (see the decrease in the yields of CO2 and Hs with temperature in
Figure A.2, in parallel with an increase in CO yield). Similarly, the COz flow rate

is maximum at intermediate temperatures, usually 100 °C lower than those
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maximising the Hy flow rate. It is noteworthy that the Ho/CO> ratio is almost
constant once the maximum Haz flow rate is reached, whereas this ratio decreases
rapidly at lower temperatures, evidencing that decomposition/decarboxylation
reactions (Eq. (1.16)) are thermodynamically promoted over steam reforming

reaction at low temperatures.
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Figure A.1. Evolution with temperature of the molar flow rate of products in the SR of
each oxygenate for a S/C ratio of 5.
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The flow rate of CHy is maximum at 300 °C, because methanation reactions are

highly promoted at low temperatures, and it decreases steadily with increasing

temperature because the extent of methane steam reforming reaction (Eq. (1.17))

is promoted. Conversely, CO flow rate is almost null below 400 °C, the

temperature at which methanation reaction (reverse of Eq. (1.17)) and

Boudouard reaction (Eq. (1.21)) are favoured, and it increases steadily with

temperature due to the promotion first of methane reforming reaction, (Eq.
(1.17)), and then (above 600 °C)of the reverse-WGS reaction (Eq. (1.15)). For all
of the oxygenates studied, the predicted C-graphite formation is null for the whole
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range of temperature at high S/C ratios, in agreement with previous results in
the literature [313, 314, 362, 363|.

Figure A.2. Effect of temperature and S/C ratio on the equilibrium molar flow rates of

the products of WGS reaction.

A.3. Deduction of the correlation for the calculation of the optimum

yields and the temperature in the SR of oxygenates

Mathematical correlations (Egs. (3.1)-(3.5)) of the values in Table 3.1 were sought
as a function of both the feed composition (steam/carbon molar ratio) and the
composition of the corresponding oxygenate (atomic C/H/O ratios, shown in
Table 2.1). For this purpose, the values of the yields of each product and of the
temperature were plotted in Figure A.3-Figure A.7 as a function of the H/C, O/C
and O/H atomic ratios, respectively. As observed, for any S/C ratio in the feed,
the maximum equilibrium Hp yield increases with increasing H/C, O/C and O/H
ratios (Figure A.3), whereas the corresponding values of temperature and yields
of carbon by-products do not depend on the H/C ratio, but they show clear trends
with the O/C and O/H ratios. In particular, for any S/C ratio in the feed, the
temperature (Figure A.4) and the CO yield (Figure A.6) decrease with increasing
O/C and O/H ratios, whereas CO2 yield increases with increasing O/C and O/H
ratios (Figure A.5). In the case of CHy yield (Figure A.7), the trend with O/C
and O/H ratios is different depending on the S/C ratio in the feed. For low S/C
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ratios, it increases with increasing O/C and O/H ratios, whereas for S/C ratio >5

it decreases with increasing both molar ratios.
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Figure A.3. Evolution of the maximum equilibrium H» yield with the H/C (a) O/C (b)
and O/H (c) ratios of the oxygenated compounds, for different S/C ratios in the feed.
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Figure A.4. Evolution of the temperature corresponding to the maximum equilibrium
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Figure A.7. Evolution of the CHy yield corresponding to the maximum equilibrium Hs
yield, with the H/C (a) O/C (b) and O/H (c) ratios of the oxygenated compound for
different S/C ratios in the feed.

Based on these general trends, the Ho yield was related to the sum of all these
ratios (H/C+0O/C+0O/H), whereas temperature and yields of carbon by-products
were related to the sum of (O/C+O/H) ratios (Figure A.8). As shown in this
figure, linear relationships were obtained in all cases. The values of the ordinate
at the origin (O.0) and the slope of the linear fit for each product yield and
temperature were in turn correlated with the composition of the feed (Figure
A.9). Specifically, both 0.0 and slope for the yields of Hz, CO and CO> and for
temperature are a linear function of the carbon/steam (C/S) ratio in the feed
(Figure A.9a-Figure A.9d), whereas the values of O.O and slope for CHy yield are
a second order polynomic function of the C/S ratio in the feed (Figure A.9e).
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A.4. Results of the thermodynamic study of the CSDR of simulated

bio-oil
60 Tt ® » \‘Q;\‘\g‘ ]
—=— 600 °C 0 .

——a—o—
0
750 °C X -20)
—4— 900 °C 2
3 401
-60 L
d

0
200

—o—9—e—9o 9o 0o 0o o
c
160 |-
20 -
X 120 - SN
° Z
O O
80 |/
gl > 10l
40 +
0 1) e A S A
100 100
e f
80 | X 80F
8
L % 601
£
z 40
o0
g
S 201
b—o—o—o—o—o—o—o—0—0—¢
0
60
h
40
o R 20}
T w 0
20k
-40 | | | |
0 1 2 3 4 5
COZ/C COZ/C

Figure A.10. Effect of CO2/C ratio on the equilibrium products yields (a-e), syngas
yield (f), Ho/CO ratio (g) and CO2 conversion (h), for different values of temperature.
S/C ratio of 0.5.
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Figure A.16. Coke yield (a) and CHy yield (b) when producing a syngas with a Ha/CO
ratio of 1, for different S/C and CO2/C ratios, with the temperature values depicted in
Figure 5.8a.
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Figure A.17. Coke yield (a) and CHy yield (b) when producing a syngas with a Ha/CO
ratio of 2, for different S/C and CO2/C ratios, with the temperature values depicted in
Figure 5.9a.
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B. CHARACTERIZATION OF USED CATALYSTS AND

SORBENTS

B.1. N, adsorption-desorption isotherms and pore volume distribution
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Figure B.1. N3 adsorption-desorption isotherms (left graphs) and BJH pore volume
distribution (right graphs) of Ni/AlO3 catalyst samples used in the SR run and SESR
runs with dolomite (a and ¢) or Ca-M (c and d) as sorbent, under the conditions indicated

in Figure 4.1 and Figure 4.3.
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Figure B.2. Ny adsorption-desorption isotherms (a) and BJH pore volume distribution
(b) of Ni/CeO2 catalyst samples used in the SR run and SESR runs with dolomite as
sorbent, under the conditions indicated in Figure 4.5 and Figure 4.6
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Figure B.3. N» adsorption-desorption isotherms (left graphs) and BJH pore volume
distribution (right graphs) of the saturated dolomite (a and c) or Ca-M (c and d) sorbents
used in the SESR runs with Ni/AlxOs catalyst in the conditions indicated in Figure 4.1

and Figure 4.3.
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Figure B.4. Ny adsorption-desorption isotherms (a) and BJH pore volume distribution
(b) of the saturated dolomite samples used in the SESR runs with Ni/CeO2 catalyst under
the conditions indicated in Figure 4.5 and Figure 4.6
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indicated in Figure 4.15 and Figure 4.16.
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Figure B.6. Ny adsorption-desorption isotherms (left graphs) and BJH pore volume
distribution (right graphs) of Ni/AloO3 catalyst samples used in the SESR runs at
different temperatures in the conditions of Figure 4.30 (solid lines) and Figure 4.32
(dashed lines).
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Figure B.7. N2 adsorption-desorption isotherms (left graphs) and BJH pore volume
distribution (right graphs) of Ni/AlOs catalyst samples used in the CSDR runs at
different temperatures for a CO2/C ratio of 1.1 and S/C ratio-space time
(gcatalyst-n / Goxygenates) Of 0.5 - 0.125 (solid lines) or 1.7 — 0.250 (dashed lines).
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Figure B.8. Ny adsorption-desorption isotherms (left graphs) and BJH pore volume
distribution (right graphs) of Ni/AlxO3 catalyst samples used in the CSDR runs at
different S/C ratios at 700 °C and space time of 0.125 gcatalyst-h/Zoxygenates with a CO2/C
ratio of 0.6 (solid lines) and 1.1 (dashed lines).
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Figure B.9. N> adsorption-desorption isotherms (left graphs) and BJH pore volume
distribution (right graphs) of Ni/AlOs catalyst samples used in the CSDR runs at
different S/C ratios at 700 °C and space time of 0.250 gcatalyst-h/Zoxygenates with a CO2/C
ratio of 0.6 (solid lines) and 1.1 (dashed lines).
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B.2. SE-SEM images of NiAl,0,4 derived catalyst used in SR runs

S00nm

c

500nm

Figure B.10. SE-SEM images of Ni/Al,O3 catalyst samples used in the SR of ethanol
(a, b) and guaiacol+ethanol (c, d) at 700 °C.
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B.3. Results of Raman analysis

Raman spectra (Figure B.11) were deconvoluted (Figure B.12) using Lorentzian
bands as commonly described in the literature. Most of the spectra required four
Lorentzian bands centred at ~1200 cm (possibly assigned to sp? hybridized
carbons), 1340-1345 cm™ (D band), ~1500 cm™! (assigned to phases of amorphous
carbon) and 1577-1600 cm™ (G band) [96]. The spectra of the catalyst used in
the SR of ethanol at 700 °C (Figure B.12b) required five Lorentzian bands because

of a noticeable band at 1608 cm™!, which appears in carbon nanotubes [328§].
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Figure B.11. Raman spectra of Ni/AlyO3 catalyst samples used in the SR of ethanol,
acetol, guaiacol+ethanol and levoglucosan at 600 °C (a) and 700 °C (b).
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Figure B.12. Deconvoluted Raman spectra of Ni/Al,O3 catalyst samples used in the SR
of ethanol at 600 °C (a) and 700 °C (b).
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Figure B.14. Raman spectra of dolomite used in the SESR runs in PBR (a) or FBR (b).
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B. Characterization of used catalysts and sorbents

B.4. Results of TPO analysis

=
(an)

>
o

w
o
T

DTG’ mgcoke/(min.gcatalyst)
= DO
(an) (e}

[\
o
(e}

w
=)
T

DTG’ mgcoke/(min.gcatalyst)
— [N}
(e} (an)

[\
(e}
[an)

I
(an]

w
o

DTG 9 mgcoke/ (min'gcatalyst)
" )
(an) (an)

300 400 500 600 700

Temperature, °C

L\

0
200 300 400 500 600 700

Temperature, °C

300 400

500

Temperature, °C

=
(an)

w
[an)

DTG’ mgcoke/(min'gcatalyst)
= [N}
(e} (an)

e

600 700

[\
o
[en)

I
(an]

w
o
T

—_
o
T

DTG 9 mgcoke/ (min'gcatalyst)
[\~}
(an)

300 400 500 600

Temperature, °C

700

[\l
o
(en)

300 400 500 600
Temperature, °C

700

Figure B.15. Deconvolution of the TPO profiles of the coke deposited on Ni/AlOs3
catalyst used in the SR run (a) and SESR runs with dolomite (b-c¢) or Ca-M (d-e) as

sorbents for SCur of 10 (b, d) and 20 (c, e).
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Figure B.16. Deconvolution of the TPO profiles of the coke deposited on Ni/CeOq
catalyst used in the SR run (a) and SESR runs with dolomite as sorbent for SCmr of 4
(b), 10 (c) and 20 (d).
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C. EVOLUTION WITH TOS OF BY-PRODUCTS IN THE CSDR

WITH NiAl,O, DERIVED CATALYST
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Figure C.1. Effect of temperature on the evolution with TOS of by-product yields: CHy
(a,b) and light hydrocarbons (c,d) in the CSDR runs for a CO2/C ratio of 1.1 with S/C
ratio of 0.5 and space time of 0.125 geatalyst'1/Goxygenates (left graphs) and S/C ratio of 1.7
and space time of 0.250 geatalyst-h/Goxygenates (right graphs ).
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Figure C.2. Effect of CO2/C ratio on the evolution with TOS of by-product yields: CHy4
(a, b) and light hydrocarbons(c, d) in the CSDR runs at 700 °C with a S/C ratio of 0.5
and space time of 0.125 geatalysth/Goxygenates (left graphs) and a S/C ratio of 1.7 and space
time of 0.250 geatalyst 1/ Goxygenates (right graphs).
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Figure C.3. Effect of S/C ratio on the evolution with TOS of by-product yields: CHy
(a, b) and light hydrocarbons (c, d) in the CSDR runs at 700 °C and space time of 0.250
Geatalyst' 1/ Goxygenates With a CO2/C ratio of 0.6 (left graphs) and 1.1 (right graphs).
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Figure C.4. Effect of S/C ratio on the evolution with TOS of by-product yields: CHy
(a, b), and light hydrocarbons (c,d) in the CSDR runs at 700 °C and space time of 0.125
Beatalyst' 1/ Boxygenates With a CO2/C ratio of 0.6 (left graphs) and 1.1 (right graphs).
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