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Washcoating and packing of Co-Re catalyst particles have been employed as structuring methods of parallel
channel monoliths used in the low-temperature Fischer-Tropsch synthesis (FTS). These methods were compared
with regard to catalyst hold-up, heat transfer properties and pressure drop. Reactors output was assessed in terms
of CO conversion, CHy selectivity and productivity of C5+ hydrocarbons. Washcoating led to much lower
pressure drops, but also resulted in considerably lower catalyst inventory. As for the reactors performance
(volumetric and per catalyst mass C5+ productivities), the washcoated monoliths were more effective than the
packed-bed ones. This has been attributed to their more favorable hydrodynamic behavior that facilitates the
drainage of the reaction products (liquids and waxes) through the central hollow of the channels thus reducing
the extra-pellet diffusional limitations. For both catalyst configurations, it has been found that the productivity of
C5+ per catalyst mass unit increases as the characteristic diffusion length increases within the range of values
considered in this study (below 150 um). This indicates that a moderate level of internal mass transport re-
strictions is beneficial for the low-temperature FTS, which has been explained in terms of the effects of diffu-
sional limitations on the H/CO molar ratio, and that of this ratio on the FTS kinetics. The possible influence of
thermal effects on these results has been numerically and experimentally discarded.

1. Introduction The synthetic hydrocarbons obtained (high-purity alkanes and ole-

fins as well as oxygenates) can be used as feedstock for the chemical

Over the last few years, a major concern has arisen regarding the
decreasing global oil reserves, driven by a strong world energy demand
and by political instabilities in oil producing regions. Thus, there is
nowadays a strong need for alternative sources to meet the world de-
mand for liquid fuels [1]. Within this context, the low-temperature
Fischer-Tropsch Synthesis (FTS) is one of the most reliable routes to
produce liquid hydrocarbons from nonpetroleum resources.

The FTS is a multiphase heterogeneously catalyzed reaction that
allows converting synthesis gas, a mixture of CO and Hj, primarily into
liquid hydrocarbons and solid waxes [2]. Historically, syngas was first
produced from coal by gasification (coal-to-liquid or CTL process), and
more recently, mainly by the steam reforming or partial oxidation of
natural gas (gas-to-liquid or GTL process) [2,3]. In the last years, the
gasification of biomass (BTL process) or organic wastes (WTL process)
have been proposed as sustainable FTS routes [1].
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industry, or for the production of synthetic fuels such as gasoline, diesel,
and kerosene. The process yields clean fuels free from sulfur that have
been proven to produce less soot during combustion [2,4].

The synthesis reaction equations can be written as follows [2]:

nCO + (2n+ 1)H, — CyHay s + nH,0 @)
nCO + 2nH; — C H;, + nH,0 (@)
nCO + 2nH; — CyHyy 120 + (n-1)H0 3)
CO + 3H, - CH4 + H,0 )]
CO + Hy0 < CO, + H, (5)
2CO - C +CO, (6)
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Obviously, CH4 and CO; are undesirable products in the FTS. The so-
called low-temperature FTS is carried out over supported cobalt-based
catalyst at 20-40 bar and temperatures below 240 °C [5-8]. The FTS
is a highly exothermic reaction (AH°g = -165 kJ/mol), thus reaction
heat removal becomes a big challenge for commercial units. The effi-
cient removal of heat is key because the products distribution is strongly
dependent on the reaction temperature. In this regard, an inefficient
temperature control leading to relatively high temperatures would shift
the products distribution toward lighter hydrocarbons, mainly methane
[9-11]. Achieving fast heat transfer is one of the main problems for
conducting FTS in fixed-bed reactors (FBRs) [12]. Metallic monolithic
substrates with high thermal conductivity are a real alternative to
traditional FBRs, showing greatly improved heat transfer capabilities in
FTS [6,9,12]. These structured catalysts also allow nearly isothermal
operation when conducting reactions with high thermal effects;
furthermore, intraparticle transport limitations are alleviated and
pressure drop is greatly reduced [13].

The method most frequently used to prepare monolithic catalysts for
FTS is washcoating [9,10,14-19]. In this method, the monolithic sub-
strate is immersed in a slurry of the catalyst at controlled speed for a
short period of time; then, the substrate is removed and most liquid is
shaken out. Finally, the coating is fixed to the substrate walls by calci-
nation at suitable temperature. The preparation of the catalyst slurry is a
key stage of this manufacturing process. In addition to a suitable
formulation to obtain adherent and homogeneous catalyst layers, it is
necessary that the coating process does not impair the activity, selec-
tivity and stability of the catalyst. The slurry preparation requires the
optimization and control of a number of relevant physicochemical var-
iables which are specific of every catalytic material [20,21]: the catalyst
particle characteristics (particle size distribution, zeta potential, etc.),
the solids content, the nature and concentration of additives (binders,
surfactants, etc.), and the dispersion medium (water, alcohols, etc.)

Sometimes, the used additives and/or the thermal treatments per-
formed modify the activity of the catalyst when the ready-made catalyst
slurry is prepared [22]. We have developed an “All-in-One” washcoating
procedure according to which an aqueous slurry containing all the
required components, namely the catalytic support, precursors of the
active phases, and additives is prepared in a single step [14,22]. This
method is suitable to washcoat a variety of substrates such as monoliths,
foams and microchannel reactors made of different materials [9,14,23].
In addition, drying and calcination of that slurry leads to a powder
catalyst, the so-called slurried catalyst, with the same composition and
preparation and thermal histories than the one deposited onto the
monoliths. This is very useful to conduct characterization analyses and
catalytic performance assessment tests as it is possible to obtain a
catalyst with similar physicochemical properties to the one present in
the structured systems [9,23].

Usually, the catalyst layer deposited on monoliths for FTS is very
thin, motivated by the negative effects of internal heat and mass trans-
port limitations on the reaction selectivities to the desired long-chain
hydrocarbons. It has been observed that ceramic monoliths coated
with layers thicker than 50 pm suffer from significant transport limita-
tions, leading to poor C5+ selectivity and increased methane production
[15,17,18]. In contrast, using a highly conductive aluminum monolith it
is possible to work with catalyst layer thicknesses of up to 90 pm without
significant loss of hydrocarbon selectivity [9], thus evidencing the in-
fluence of the FTS thermal effect on the reaction selectivity. Therefore, a
highly effective thermal conductivity of the substrates is convenient for
an adequate temperature control of FTS in structured catalysts.

It should be noted that conventional Co-based catalysts for low-
temperature FTS exhibit low specific activity. Therefore, it is impor-
tant to maximize the catalyst inventory in the reactor for being able of
achieving high productivities per reactor volume unit. It is well known
that the catalyst inventory on coated monoliths may be insufficient
because the geometric surface area of commercially available structured
reactors is too small (typically below 4 m?/g [24]). This fact points to the
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requirement of substrates with very high cell densities in case of
considering this type of structured catalysts at the industrial scale [6].
We have recently demonstrated that high-cell-density monoliths
(2250 cpsi) with large geometric surface area (88 cm?/cm®) can be made
by corrugation of thin aluminum foils, allowing to achieve high catalyst
hold-ups (up to 0.33 g/cm®) with layer thicknesses thinner than 50 ym
[9,17].

To increase the catalyst load of monolithic reactors, the use of
“structured packed-beds” has been recently proposed for FTS
[25,26,27]. Monoliths are favorable geometries for catalyst hosting by
immobilization in the form of catalyst particles randomly packed in the
channels [28,29]. This configuration improves the heat transfer prop-
erties of conventional FBRs, overcomes the complications associated to
the washcoating process and greatly increases the catalyst inventory
compared to a coated structured reactor. In this regard, the catalyst
volumetric load can be doubled (0.6 g/cm3) in a 270 cpsi aluminum
monolith (0.94 void fraction) filled with catalyst particles of 300 pm
[27].

In the case of structured packed-beds, the larger channel wall area
relative to the reactor volume leads to higher bed porosity compared to
conventional packed beds thus allowing the use of smaller and more
effective catalyst particles [29]. In this regard, Fratalochi et al. [30]
stated that catalyst particles with diameters of 400-800 pm can be used
while granting acceptable pressure drops.

In the present work, several washcoated and packed-bed monolithic
reactors made of corrugated aluminum foils are compared as concerns
catalyst hold-up and C5+ volumetric production. In all cases, the same
Co-Re/Al,03 catalyst prepared using the “All-in-One” method was used
in the FTS. As for washcoated reactors, aluminum monoliths with
different cell densities were coated to obtain a wide range of catalyst
layer thicknesses though keeping constant the catalyst load. In the case
of the packed-bed monoliths, different catalyst particle sizes have been
used. All reactors were tested in the FTS under similar operation
conditions.

2. Experimental
2.1. Monoliths preparation

Parallel channels monoliths with four different cell densities, deno-
ted R1 to R4 (see Table 1) were prepared using high-purity aluminum
foils supplied by INASA (above 99% (w/w) Al content and thickness of
82 pm). Monoliths were prepared by rolling alternating flat and corru-
gated sheets into cylinders of 16 mm diameter and 30 mm length,
achieving a total monolith volume of 6.03 cm®. The aluminum mono-
liths were pretreated to produce surface roughness in order to promote
catalyst coating adherence. To this end, the monoliths were introduced
in an alkaline medium (pH of 10.5) for several minutes, dried, and
finally calcined in air at 500 °C for 2 h [9]. The geometric characteristics
of the different monoliths prepared are summarized in Table 1.

2.2. Monolithic catalyst preparation

The washcoated monoliths were prepared using the so-called ‘All-in-

Table 1

Geometric parameters of the metallic monoliths employed.
Monolith Cell Geometric Void Hydraulic ke,
type density surface area fraction diameter, W/

(cpsi) (cm?/ Dy (um) mK)'
monolith)

R1 2360 375 0.75 347 34.3
R2 1330 338 0.78 475 29.6
R3 465 219 0.85 827 16.8
R4 289 162 0.89 1132 12.9

! Radial effective thermal conductivity calculated according to ref.[31]
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One’ washcoating procedure [9]. An aqueous suspension was prepared,
containing the cobalt precursor, Co(NO3)3-6H20 (Sigma-Aldrich), the
precursor of the Re promoter, Re;O; (Alfa Aesar), and the support,
v-AlxO3 (Spheralite, Procatalyse SCS505), previously grounded for 5
min in a disks mill and then for 30 min in a ball mill. The suspension
formulation included a small quantity of a commercial colloidal alumina
suspension (Nyacol® Al20) used as binder. The nominal catalyst
composition was 20 wt% Co-0.5 wt% Re/Al,03 [9].

As for the packed-bed monoliths preparation, the slurried catalyst
was employed. This is the powder catalyst obtained by drying and
calcination of the suspension used for preparing washcoated monoliths.
The catalyst was ground and sieved to get fractions of different particle
sizes within 150-900 um. All packed-bed reactors were prepared using
monolith type R4; this monolith presents the highest void fraction
(Table 1), thus allowing the packing of the highest amount of catalyst.
The monolith was first inserted into a FeCrAl alloy cylindrical cartridge,
and secured with a FeCrAl alloy mesh welded on the cartridge bottom
and glass wool. After that, the monolith channels were filled with slur-
ried catalyst particles.

Monolithic catalysts were referred to as A_BC, where A is the type of
monolith used (R1, R2, R3 or R4), B is the type of structuring method
employed (W for washcoating and P for packing) and C is the nominal
catalyst coating thickness (W method) or catalyst mean particle diam-
eter (P method).

2.3. Catalysts characterization

The adherence of the catalyst layer deposited onto structured sub-
strates was assessed by measuring the weight loss caused by exposure to
ultrasound [32]. Washcoated monoliths were immersed in vials filled
with petroleum ether and sonicated for 30 min. Then, the excess liquid
was removed by air blowing, drying at 100 °C for 1 h, and soft calci-
nation in air at 200 °C for 2 h. Adherence is expressed as the percentage
of the catalyst load that remained after ultrasonication.

Textural properties were assessed by Ny adsorption-desorption
(Micromeritics ASAP 2020). The experimental procedure for deter-
mining physical properties consisted of degasifying the samples (slurried
catalyst and washcoated monoliths) at 180 °C and 10~ mm Hg for 8 h to
remove possible impurities, followed by Ny adsorption-desorption in
multiple equilibrium steps until sample saturation was achieved at
—196 °C. Brunauer-Emmett-Teller (BET) and Barrett-Joyner-Halenda
(BJH) formalisms were applied to the data of the desorption isotherm
branch to obtain the specific surface area and the pore size distribution,
respectively.

Dynamic pulse CO chemisorption was also performed for coated
structured and slurried catalysts by an AutoChemlII 2920 station from
Micromeritics. Samples placed in a U-shaped quartz holder (12 mm i.d.
for the powdered catalyst and 22 mm i.d. for coated structured sub-
strates) were pretreated under Hy at 350 °C for 10 h. Then, catalysts
were cooled to a chemisorption temperature of 100 °C. The volume of
the injection loop was 0.5 cm®. Pulses of CO were injected using Hy as
carrier gas [23]. The CO chemisorption was measured by difference with
the peak area of the pulses upon surface saturation recorded by a ther-
mal conductivity detector after calibration.

The temperature-programmed reduction (TPR) measurements were
carried out in a Micromeritics Autochem II 2920 apparatus equipped
with a TCD detector. Typically, about 60 mg of the catalyst were placed
on a U-shaped quartz tube upon a quartz wool bed. Hy consumed profiles
were recorded by monitoring the TCD signal from — 20 °C to 1000 °C at
a heating rate of 10 °C/min in a 50 cm®/min flowing 10% Ha-Ar mixture.

X-ray Diffraction (XRD) patterns of the slurried catalysts were
recorded using a Bruker D8 Advance Diffractometer with CuKa radiation
(A = 0.154 nm) and a graphite monochromator, operating at 40 kV and
30 mA. Samples were scanned within a 26 range of 5-85° in steps of
0.05° per 5-s pass.

Pressure drops caused by gas flow through the coated and packed
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structured substrates at different velocities were measured with a Digi-
tron 2080P Pressure Meter. Volumetric air flows between 0.04 and
0.48 NL/min were used.

2.4. Catalytic tests and product analysis

FTS catalytic tests of structured reactors were carried out in a tubular
Hastelloy reactor (17 mm i.d. for the monolithic catalysts and 8 mm i.d.
for the powder catalyst). The tubular reactor was placed inside a com-
mercial microreaction system from PID Eng&Tech. Three 1.5 mm o.d.
thermocouples were used to measure the radial temperature profiles
inside the monolithic catalysts. The thermocouples were placed at po-
sitions r = 0, r = R/2, and r = R, where r is the radial position, and R is
the monolith radius (7.3 mm) (Fig. 1). Moreover, the axial temperature
was also measured at two different positions using the thermocouple
located at r = 0, namely at position1= 0 and 1 = L/2, where 1is the axial
position and L in the monolith length (30 mm) (Fig. 1). Radial (ATg) and
axial (AT,) temperature differences were determined (Fig. 1). ATy is the
difference between the readings of the thermocouple located at the
monolith center and that on the outer edge of the monolith at the same
reactor length. AT, is measured between the reaction temperature
control point, located at the exit of the monolith at r = 0, and the
measurement point located at the monolith center.

FTS catalytic tests on conventional packed beds were carried out in a
tubular Hastelloy reactor of 8 mm i.d. The 450 mg of powder catalyst
was diluted with 2.25 g of SiC. The control point of reaction temperature
was located at the exit of the bed.

Reaction conditions were as follows: absolute total pressure, 20 bar;
temperature, 220 °C; syngas space velocity of 3 LN g{altih’l, 96 h time-
on-stream (TOS), and syngas feed Hp/CO molar ratio of 2. Prior to the
FTS tests, the catalysts were reduced in situ at 350 °C with a pure Hj
stream flowing at 54 NmL/min for 10 h, to ensure that high degrees of
cobalt reduction are achieved [33]. Then, the catalysts were cooled to
180 °C in H; flow and purged for 10 min with Ny. Finally, the syngas
stream was fed, and the reactor was heated to 220 °C at 1 °C/min. A
molar Hy/CO ratio of 2 was employed as feeding gas and 10 vol% of Ny
was used as internal standard to perform the gas chromatography (GC)
analyses.

Gaseous products were analyzed online with an Agilent 6890 N GC
equipped with three analysis lines. The first line was used to analyze
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Fig. 1. Scheme of monolithic reactor with thermocouple positions.
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light hydrocarbons (9 Foot Hayesep Q 80/100) and permanent gases
(N3, CO and Hj) (10-foot Molecular Sieve 13X 45/60). The second line
was used to quantify hydrogen (10-foot Molecular Sieve 13X 45/60),
and the third line was used to quantify hydrocarbons (60 m x 0.25 mm
x 1.0 pm DB-1 capillary column). The first and second lines were con-
nected to a TCD detector while the third one was connected to a FID
detector.

CO conversion and products selectivity (%) were calculated using
Egs. (7) and (8), respectively. All the calculations were done on carbon
basis.

(moles of CO),, — (moles of CO)

out 1
(moles of CO),, x 100 )

CO conversion(%) =

(moles of carbon in product C;)

Selectivity of product C; (%) = 100

(moles of carbon in CO reacted)

(8
3. Results
3.1. Catalyst hold-up

The nominal catalyst loading for washcoated monoliths was
approximately 2000 mg (the maximum loading achieved without
plugging the channels, Fig. 2), resulting in average catalyst layer
thicknesses between 36 and 83 pum depending on the cell density
(Table 2). The higher is the cell density of the monolith, the lower
coatings are needed, due to the increase of the geometric surface area
with cell density (Table 2). However, the resulting average catalyst hold-
up, defined as the ratio of the catalyst mass to the volume occupied by
the monolith, was 0.33 gcat,/cm3 for all washcoated monoliths. As for
the layers adherence, all samples presented excellent adherence values,
above 99%.

The packed-bed monoliths were prepared using the monolith (R4)
having the highest void fraction (Fig. 2). Packing with particles of
different sizes (from 150 to 950 pm) allowed to prepare monoliths with
different catalyst hold-ups between 0.41 and 0.82 gcat./cm3 (Table 2).
Therefore, the catalyst inventory in all packed-bed monoliths is higher
than in the coated monoliths.

In the framework of the present work, it is also important to consider
the characteristic diffusion length (Lp) of a porous medium, which is
defined as its volume divided by the area available for diffusion [34].
For spherical porous particles, the diffusion length equals one-sixth of
their diameter (Dparticle/6). However, for a catalyst layer washcoated on
a substrate, Lp directly corresponds to the layer thickness (5). Conse-
quently, the prepared monolithic catalyst presented different diffusion
lengths. As can be seen in Table 2, the washcoated monoliths present
values of Lp intermediate to those of the packed-bed monoliths.
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3.2. Structured catalysts characterization

Before studying the results provided by the packed-bed and wash-
coated reactors in the FTS, it is necessary to check that the main phys-
icochemical properties of the catalysts are similar for both types of
structured systems. As for the textural properties, it can be seen in
Table 3 that high specific surface areas around 175 m?/g were obtained,
which resulted somewhat more homogenous in the case of the packed-
beds than for the washcoated catalysts. Mean specific pore volume of
0.25 cm®/g and pore diameter of 5.4 nm were also obtained, showing no
significant differences among the several structured catalysts. It is also
remarkable the very similar cobalt dispersion of the different catalysts,
that was around 7.5%. This is a very relevant result because it facilitates
the comparison of the different catalytic systems, as cobalt dispersion
effects can be discarded. The very similar metallic dispersions obtained
are likely due to the use of the slurried powder catalyst to obtain the
particles employed to prepare the packed-bed monoliths.

As concerns pressure drop (Fig. 3), the values are in general low,
though they are between one to three orders of magnitude higher for the
packed-bed reactors compared to the washcoated ones. This is an
obvious effect of the important restriction to flow caused by the bed of
catalyst particles. Indeed, for a given cell density (monolith R4), the
pressure drop also increases as the catalyst particle sizes decreases (from
reactors R4_P950 to R4_P150). As for the washcoated monolithic re-
actors, pressure drop values are extremely low under typical operating
conditions, below 10 bar/m. In this case, apart from gas velocity,
pressure drop is governed by the monolith cell density. In this regard,
pressure drop increases as the cell density increases (from R4 to R1) due
to the concomitant void fraction reduction and increased resistance to
flow.

The TPR profile of the slurried catalysts is shown in Fig. 4. Four
reduction areas can be observed: the first at 175-250 °C is ascribed to
the decomposition of remaining nitrates; the second at 250-350 °C
usually corresponds to the reduction of Co304 to CoO; the third at
350-600 °C is related to the reduction of CoO to metallic cobalt (Coo);
the last one at 800-1000 °C suggests de presence of cobalt aluminates
which are difficult to reduce [35].

A representative XRD pattern of the calcined slurried catalyst is
shown in Fig. 5, with the observed peaks matching those of cubic Co304
(JCPDS No. 00-001-1152) and Aly,03 (JCPDS No. 00-004-0875). The
average crystallite size of Co304 particles was determined by applying
the Scherrer equation to the most intense diffraction peak (36.8°).
Subsequently, this value was adjusted using a correction factor of 0.75 to
obtain the average diameter of metallic Co particles (DP(COO)XRD =13
nm), accounting for the molar volume reduction upon the conversion of
C0304 to Co° [36].

Fig. 2. Images of washcoated (A) and packed-bed (B) monoliths.
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Table 2

Summary of the monolithic catalysts prepared.
Monolith type Preparation method Number of coatings Catalyst volumetric hold-up (gea/cm®) 5 (um)’ Dparticle(pm) Lp(pm)
R1_W36 Washcoating 25 0.33 36 - 36
R2_ W40 Washcoating 36 0.33 40 - 40
R3_W62 Washcoating 41 0.33 62 - 62
R4_W83 Washcoating 48 0.33 83 - 83
R4 _P150 Packing - 0.82 - 150 25
R4_P250 Packing - 0.78 - 250 42
R4_P400 Packing - 0.74 - 400 67
R4_P650 Packing - 0.49 - 650 108
R4_P950 Packing - 0.41 - 900 150

! The average catalyst layer thickness (5) was estimated using the expression & = wcat;p{alt;sg !, where W, is the amount of deposited catalyst, pcy is the average
catalyst coating density (1.47 g/cm®), the same that for the slurried catalyst particles, and Sg is the geometric surface area of the monolith (Table 1).

Table 3
Physicochemical properties of the structured catalysts.

Catalyst N, physisorption CO chemisorption
Sper (m?/g) Vpore (cm®/g) D, (nm) Co dispersion (%)
R1. W36 183 0.29 6.0 7.69
R2 W40 185 0.24 5.3 7.60
R3_W62 167 0.24 5.5 7.33
R4_ W83 165 0.24 5.5 7.45
R4_P150 170 0.25 5.3 7.45
R4_P250 177 0.26 5.2 7.43
R4_P400 176 0.25 5.2 7.45
R4_P650 175 0.26 5.3 7.53
R4_P950 183 0.27 5.3 7.45
" R4_P150 4 R4 P650 (I R3_W62
B R4 P250 < R4_P950 ¢ R2_W41
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Fig. 3. Pressure drop of several washcoated and packed-bed monoliths.
3.3. Low-temperature FTS results

3.3.1. Washcoated monoliths: Effects of the cell density

Selectivity of the FTS is strongly influenced by the concurrence of
transport limitations. In the case of the washcoated monoliths, transport
limitations are mainly associated to the catalyst layer deposited onto the
channels walls. The thickness of this layer (5) will obviously depend on
the geometric wall surface area available and the catalyst load, as evi-
denced by the results compiled in (Table 2). Therefore, it is important to
analyze the performance of these reactors considering the average

Normalized signal (a.u.)

0 200 400 600 1000

800
Temperature (°C)
Fig. 4. TPR profile of slurried catalyst.
° | o A‘|203 (JCP‘DS 00—00‘4—0875)

® Co;0, (JCPDS 00-009-0418)

Intesity (a.u.)

10 20 30 40 50 60 70 &0
20

Fig. 5. XRD pattern of the slurried 20% Co — 0.5% Re/Al,O3 catalyst used.
thickness of the corresponding catalyst layer.

CO conversion and selectivities to methane and C5+ yielded at
steady state by the washcoated reactors are shown in Fig. 6. It can be
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Fig. 6. Effect of the catalyst layer thickness on the CO conversion and selec-
tivities to CH4 and C5+ at steady state for washcoated monoliths R1_W36,
R1_W40, R1_ W62 and R1_W83. FTS conditions: 20 bar-a, 220 °C, syngas space
velocity of 3 LN gc’alt'-h’l, and feed Hy/CO molar ratio of 2. Lines connecting
experimental data dots are depicted for visual aiding purposes.

observed that both CO conversion and methane selectivity increase from
around 20% for R1_W36 to slightly above 30% for R1_W83, i.e., these
magnitudes increase as the catalytic layer becomes thicker. Simulta-
neously, the selectivity values to C5+ decrease, thus indicating that the
observed increased CO conversion is due to improved methane forma-
tion. It is well known that diffusional limitations within the catalyst
layer increase the Hy/CO molar ratio due to the marked difference of
diffusivity between the two components of syngas [37]. Therefore, the
results shown in Fig. 6 are compatible with the increased influence of the
mass transport limitations within the catalytic layer as its thickness
increases.

In addition to the mass transport, heat transport properties have to
be taken into account as well. The structure of the monolith is a very
important factor in this regard. The effective radial thermal conductivity
(ke,r) of the raw aluminum monoliths used in this work are given in
Table 1. It can be seen that k., decreases from 34.3 W/(m'K) for

Table 4
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monolith R1 to 12.9 W/(m-K) for monolith R4. This is due to the higher
void fraction associated to the decrease of the cell density that takes
place from R1 to R4.

The radial (ATg) and axial (AT,) temperature differences within the
structured reactors during the FTS experiments have been included in
Table 4. The first one is the difference between the readings of the
thermocouple located at the monolith center and that on the outer edge
of the monolith at the same reactor length. The axial temperature dif-
ference (AT,) is measured between the reaction temperature control
point (220 °C), located at the exit of the monolith at r = 0, and the
measurement point located at the monolith center. It can be seen that
the temperature differences are very low; almost inexistent in the axial
direction and only within 2-4 °C radially. In spite of the low differences,
measurements are sensitive enough as to show that ATy increases from
R1 to R4, in accordance with the decrease of the effective radial thermal
conductivity of the corresponding reactors. In spite of the low temper-
ature differences found, these values may be sufficient to affect the
catalytic activity. In a previous work by our groups, a simplified kinetic
model was developed for the slurried catalyst used in the present study
[38]. The apparent activation energies found for the methane and C5+
formation reactions were 110.2 kJ/mol and 62.6 kJ/mol, respectively.
As the temperature control is performed with the central thermocouple,
and axial temperature gradients are almost inexistent, a temperature of
220 °C can be assumed at the monoliths axis. At the monoliths outer
edge the temperature at L/2 is between 2 °C (reactors R1_W36 and
R2_W40) and 4 °C lower (reactor R4 W83) than in the monolith center.
This allows to estimate a reduction of the CH4 formation reaction be-
tween 9% and 25% at the outer edge compared to the monolith axis,
whereas for the C5+ reaction, the rate decrease is limited to 6.5%-12%
due to its lower apparent activation energy. The obvious conclusion is
that the selectivity to C5+ will increase under the influence of radial
heat transport limitations. As shown in Fig. 6, this is not the case;
therefore, significant thermal effects on the FTS results of the monolithic
washcoated reactors can be reasonably discarded, so that they can be
considered isothermal under the experimental conditions of the present
work.

3.3.2. Packed-bed monoliths: Effect of the catalyst particle size

The effect of catalyst particle size on the performance of conven-
tional (unstructured) packed-bed reactors for the FTS was analyzed
(Fig. 7A) and compared to that of the monolithic packed-bed reactors
(Fig. 7B) under the same reaction conditions (3 LN g{alt,-h’l, and feed

Radial (R) and axial (A) temperature differences and hydrocarbons (C5+ ) productivity for structured monolithic reactors and conventional packed bed reactor during

FTS experiments.

Reactor ATg ATy Volumetric productivity(kgcs./ Per catalyst mass productivity(kgcs./
0 0 m®h) Kgear.'h)
Washcoated structured reactor R1_W36 -2 -1 21.9 0.228
R2_ W40 -2 -1 24.3 0.254
R3_W62 -3 0 27.1 0.283
R4_ W83 —4 0 28.3 0.296
Packed-bed structured reactor R4_P150 -2 -1 21.5 0.090
R4_P250 -2 -1 23.3 0.103
R4_P400 -3 0 23.7 0.108
R4_P650 -3 18.2 0.128
R4_P950 -2 -1 20.4 0.171
Conventional packed bed Dparticle= 150 pm Vpeg= 2.93 - - 25.8 0.168
reactor cm®
Dparticle= 250 pm Vpeq= 3.08 - - 23.7 0.162
cm®
Dparticle= 400 pm Vpeq= 3.25 - - 20.7 0.149
cm®
Dparticle= 650 pm Vieq= 4.90 - - 12.5 0.136
cm®
Dparticle= 950 pm Vpeq= 5.86 - - 7.82 0.102
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Fig. 7. Effect of the catalyst particle size on the CO conversion and selectivities to CH4 and C5+ for the FTS in conventional packed-bed (A) and monolithic packed-
bed (B) reactors. Lines connecting experimental data dots are depicted for visual aiding purposes.

H,/CO molar ratio of 2). The slurried Co-Re/AlyO3 catalyst was diluted
with silicon carbide particles to improve heat dissipation (450 mg of
catalyst mixed with 2.25 g of SiC). It should be noted that in the
monolithic packed-beds the catalyst was not diluted with SiC. In addi-
tion, the same R4 monolith was used to manufacture all the packed-bed
structured reactors. It can be observed that the CO conversion achieved
is higher in the conventional packed-bed reactors than in the structured
ones. Whilst in the conventional packed-beds the CO conversion is
around 40%, though it decreases slightly with the catalyst particle size,
in the monolithic packed-beds, it is within 10%-20%, increasing slightly
as the catalyst particle size increases. As for products selectivities, they
also follow opposite trends. High C5+ selectivities are obtained in the
conventional packed-beds, close to 80% in the case of the particles with
mean size of 150 pm, diminishing to about 60% for the biggest particles
of 950 um. In contrast, C5+ selectivities remained relatively constant in
the structured packed-beds, though increasing from 45% for R4_P150 to
about 50% for R4_P950. Considering these results, methane selectivities
were much higher in the structured packed-beds than in the conven-
tional ones, as evidenced by the data presented in Fig. 7. Significant
thermal effects can be also neglected in this case. Indeed, it is shown in
Table 4 that axial temperature gradients are almost inexistent in the
packed-bed monoliths, whereas radial gradients are somewhat less
pronounced than for the washcoated monoliths, as expected from the
improvement of the effective radial thermal conductivity resulting upon
filling the void space of the microchannels with catalyst particles. In the
case of the conventional packed-beds, dilution with SiC should addi-
tionally improve the heat transport properties.

3.3.3. C5+ hydrocarbons productivity

One of the main reasons behind the use of structured reactors is
process intensification. Although this concept holds very diverse as-
pects, one of the most important, as concerns the FTS, is the productivity
of C5+, which implies maximizing the catalyst hold-up and effective-
ness. Volumetric and per catalyst mass C5+ productivities are presented
in Table 4. Volumetric hydrocarbon productivity was referred to the
total monoliths volume that showed an average value of 6.03 cm® or the
total volume of the conventional packed-beds (catalyst particles mixed
with SiC particles), and using an average C5+ hydrocarbons fraction
density of 0.9 g/cm®. As for the productivities obtained with the packed-
bed monoliths, it can be seen that they vary from 18.2 kgcs./(m>-h) to
23.7 kgcs,/(m>h) without showing any clear trend regarding the
catalyst particle size. However, when referred to the catalyst mass,
0.128 kgcs /(kgear-h) and 0.171 kgcsy/(kgear-h) for R4_P650 and
R4 _P950 are obtained, respectively, compared to 0.090 kgcs/(kgcat.-h)
for R4_P150. It should be noted that, for a given monolith volume, the

catalyst load decreases as the particle size increases. In this case, the
loading is reduced by a factor of 2, from 0.82 gcatl/cm3 for R4_P150 to
0.41 gcat./cm3 for R4_P950 (see Table 2). These results indicate that,
within the range of particle diameters considered in this study, the
monolithic packed-bed reactor performance for the FTS is significantly
improved when catalyst particles of larger size are used. However, the
behavior of the conventional packed-bed reactors followed the opposite
trend as concerns the catalyst particle size (Table 2). In this case, the
productivity per catalyst mass decreased from 0.168 to 0.102 kgcs/
(kgcat.-h) when increasing the catalyst particles diameter from 150 to
950 pm. Furthermore, as the particle size increases, the volume occupied
by the bed, made up of both the catalyst particles and SiC particles,
increases as well. This causes the volumetric productivity to decrease
more markedly than the per catalyst mass productivity as the catalyst
particle diameter increases. It is also noticeable that conventional
packed-beds of particles of up to 650 pm in diameter give per catalyst
mass productivities higher than those of the monolithic packed-beds
containing particles of the same diameter. However, for the largest
particles (950 pm), the per catalyst mass productivity of the structured
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packed-bed (0.171 kgcs/(kgcat.-h)) is much higher than that of the
conventional packed-bed (0.102 kgcs/(kgcat.-h)).

Regarding the washcoated monoliths, the C5+ productivity is in
general higher than for the packed-bed ones, increasing from
21.9kges./(m3h) for R1.W36 to 28.3Kkgcs./(m>h) for R4_W83.
However, what is remarkable is that, due to their low catalyst loading
(0.33 gear./cm>), the per catalyst mass productivities reach significantly
high values within the 0.228-0.296 kgcs./(kgcar-h) range, almost
doubling the productivity of the packed-bed monoliths. This means that
washcoated monoliths are excellent contactors for the low-temperature
FTS.

In order to further, compare the catalytic behavior of the structured
monolithic reactors, Fig. 8 shows the CO conversion and CH4 and C5+
selectivities obtained with all the reactors that share the same mono-
lithic structure (R4). These reactors differ in the catalyst load (gcat/cmB)
and the structuring method, packing or washcoating. It can be seen how
the CO conversion increases for the packed-bed monoliths as the catalyst
loading decreases due to the use of larger catalyst particles. The
increased conversion, together with a relatively constant C5+ selec-
tivity, lead to the increase of the hydrocarbons productivity described
before for the packed-bed series of reactors. When the catalyst is
incorporated by washcoating, the increase of both CO conversion and
C5+ selectivity is remarkable, leading to the outstanding performance
achieved by reactor R4 W83 in spite of its comparatively low catalyst
content.

4. Discussion

In order to intensify the FTS in monolithic reactors, the catalyst hold-
up needs to be optimized, achieving, in principle, the highest values
possible that maximize the reactor volumetric productivity of the
desired products while maintaining sufficiently low pressure drops.

Packed-bed monoliths are characterized by much higher catalyst
hold-ups than their washcoated counterparts. The highest hold-up cor-
responds to the R4_P150 (0.82 g¢at./! em®) packed-bed monolith, whereas
the lowest one (0.33 gcat,/cmB) is shared by the whole series of wash-
coated monoliths (Table 2). Higher hold-ups in packed-beds are obvi-
ously penalized with higher pressure drops across the reactor. In this
regard, the highest pressure drop also corresponds to reactor R4_P150,
but their range of values (0.2-0.8 bar/m) remains acceptable (Fig. 3).
Ambrosetti et al. [39] found numerically and experimentally that pres-
sure drops in packed-bed structured reactors are comparable or even
lower than those observed in conventional packed-beds, for a given
catalyst particle diameter. According to Schnitzelin [40] the packing
structure causes local velocity fluctuations, which influence fluid-
mechanical dispersion effects in the bed such as branching, and chan-
neling due to the irregularities in the packing and the reactor walls. As a
result, the porosity and the related pressure drop of packed beds is
affected by their local structure. In catalytic wall reactors, pressure drop
is much lower because the catalyst is in the form of a layer deposited
onto the inner walls thus allowing unrestricted fluid flow across the
center of the substrate channels [29,39]. Pressure drop is crucial for the
potential use of monolithic catalyst in industrial applications, where it is
important to reduce the compression costs and satisfy other constraints
[41]. It should be noted that high pressure drops make the reactor less
flexible to be scaled-up [19].

Analyzing the results provided by the packed-bed monoliths, it is
observed that by increasing the size of the catalyst particles and,
therefore, reducing the catalyst inventory, higher conversions of CO are
obtained, while the selectivity to CH4 decreases (Fig. 7B). As indicated in
the previous section, significant heat transfer effects can be discarded as
the cause for this result (Table 4). This behavior is opposite to that of a
conventional fixed-bed (Fig. 7A), for which the CO conversion decreases
and the methane selectivity increases significantly with increasing
catalyst particle size. This feature of conventional fixed-beds is usually
attributed to internal mass transport limitations through the waxes that
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fill the pores of the catalyst in the low-temperature FTS, leading to
higher Hy/CO molar ratios than in the syngas feed [42]. However, it
should be noted that two types of diffusional limitations occur in the
low-temperature FTS: the slow removal of reactive products from pellets
and reactors (the extra-pellet diffusion), and the slow arrival of reactants
to the catalyst surface (the intra-pellet diffusion) [37]. The effect of the
catalyst particle size on these phenomena is antagonist. On the one
hand, as the particle size decreases, the number of inter-particle contact
points increases producing waxes accumulation. On the other hand, as
the particle size increases, the lower diffusivity of CO reduces the CO
conversion and increases the Hy/CO ratio, thus increasing the methane
selectivity. In our case, the effects of the extra-pellet diffusion in the
conventional packed-bed seem to be of little importance within the
range of particle sizes considered, possibly aided by the fact that the
catalyst particles were highly diluted with SiC. That dilution generates
voids that help to evacuate the heavier liquid products as they are
formed.

This might be also a possible reason for the improved performance in
terms of per catalyst mass productivity of the conventional packed beds
compared to the structured ones observed for the smallest catalyst
particles sizes (Table 4). As pointed out by Moulijn et al. the particle size
has a tremendous effect on the hydrodynamics of multiphase flow in
micro-packed-beds [43]. These authors found that radial mass transport
could be an issue in the small reactors used for catalyst testing when
conducting gas-liquid reactions. Differences can be even found between
the so-called milli-reactors (reactor internal diameter of about 10 mm)
and micro-reactors (reactor internal diameter of about 2 mm) [43].
Interestingly, in our case, the conventional fixed-bed reactors are closer
to the milli-reactors, while the monolith channels filled with catalyst
particles are closer to the micro-reactors, which further complicates the
comparison of their performance. It should be also noted that in the FTS,
the liquid phase is a reaction product that arises from the catalyst par-
ticles. Therefore, the situation is different to that of gas-liquid reactions
where both the gas and liquid streams are fed to the reactor. As a result,
the liquid hold-up should be high and essentially static, whereas the gas
hold up should have an important dynamic component. It might be
expected that this feature is more pronounced in the case of the mono-
lithic packed-beds due to the small hydraulic diameter of the channels
compared to that of the conventional packed beds. Therefore, perhaps
the evacuation of the liquid hydrocarbons is difficult in the case of
monoliths filled will the smallest particles, which would negatively
affect the extra-pellet diffusion and the reactor performance.

As for the whascoated monoliths, both the CO conversion and
methane selectivity increase, though slightly, as the cell density de-
creases and the catalytic layer becomes thicker (Fig. 6). The diffusion
length, which directly corresponds to its thickness for a flat catalyst
layer, is known to influence the FTS selectivity [9,14,23]. In this case,
diffusional restrictions of reactants produce the expected methane
selectivity increase, but accompanied by a rather surprising improve-
ment of the CO conversion. Like for the packed-bed monoliths, signifi-
cant heat transfer effects could be discarded as well. The radial
temperature differences increase as the channel size and characteristic
diffusion length increase, but the values achieved remain low as to ev-
idence significant differences between the temperatures inside the
various washcoated monoliths (Table 4).

Becker et al. [44] performed a simulation study on the effects of the
catalyst layer thickness on the performance of washcoated monoliths
operating under differential and integral conversion regimes and
isothermal conditions. To understand the performance of these reactors
it is very illustrative to consider the effect of the Hy/CO ratio on the
different parameters describing the reaction. Under differential con-
version conditions, the reaction rate increases with the H,/CO ratio for a
thin catalyst layer, as expected from the intrinsic (true) FTS kinetics
[44]. In the case of a thick layer suffering from diffusional restrictions,
the rate increases until reaching a Hy/CO ratio of about 1.8 and then
only minor changes are observed, which is not strange due to stronger
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diffusion limitations as the intrinsic kinetics becomes faster due to
increased Hy concentrations. However, for Hy/CO ratios between about
1.1 and 2, higher reaction rates are obtained with the thick layer
compared to the thin one. This counterintuitive result comes just from
the diffusional restrictions because, due to the different diffusivities of
Hy and CO, the Hy/CO ratio increases inside the catalyst layer with
respect to the value in the fluid, overcompensating the effect of the
lowered concentrations. The effect of the Hy partial pressure on the ki-
netics is more important than that of CO due to the opposite effects of the
concentration of CO that appear both in the numerator and as an
adsorption term in the denominator of the Langmuir-Hinshelwood FTS
rate equation.

As for the C5+ selectivity, a smooth s-shaped curve is obtained in the
case of the thin layer, with near to 100% selectivity at very low Hp/CO
ratios, a selectivity of about 80% at Hy/CO ratio of 2, and then, a
continuous decrease of selectivity as the Hy/CO ratio further increases.
In contrast, the curve is much more pronounced for the thick layer,
resulting in a much lower C5+ selectivity of about 30% at Hy/CO ratio of
2 and further decreasing to only 10% at very high Hy/CO ratios. The
different performance of the two layers is the expected one from the
influence of the diffusional restrictions on the H,/CO ratio in the case of
the thick layer.

The fact that the H,/CO ratio has opposite effects on the FTS rate and
the C5+ selectivity leads to a maximum in the yield that is located above
and below a Hy/CO ratio of 2 for the thin and the thick layers, respec-
tively. Interestingly, the stoichiometry of the FTS causes that the ratio of
the Hy and CO consumptions is greater than 2 irrespective of the syngas
Hy/CO ratio. This means that if syngas with a Hp/CO ratio of 2 is fed to
the reactor, the fluid will contain the reactants with a sub-stoichiometric
ratio (lower than 2) along the entire reactor. As thick layers exhibit
maximum yields at Hy/CO ratios below 2, Becker et al. [44] state that
these layers benefit from an operation under integral conditions (higher
conversions).

The discussion above on the FTS kinetics allows explaining the
increasing CO conversion values yielded by the washcoated monoliths,
that follow the order R1_ W36 < R2. W40 < R3_W62 < R4 W83 (Fig. 6).
The resulting conversions do not deviate very much from the differential
regime. Becker et al. found that diffusional limitations were relevant for
catalyst layer thicknesses above 140 pm [44]. It is well known that the
thickness establishing the transition to a diffusional-limited regime de-
pends on the intrinsic activity of the catalyst and decreases as its activity
increases. Becker et al. [44] used the kinetic model developed by Yates
and Satterfield [45]. A higher activity can be expected for the more
modern cobalt-based low-temperature FTS catalysts. In this regard, a
catalyst with an activity factor 5 times higher than that of Yates and
Satterfield leads to a layer thickness of about 80 pm as limiting value.
Therefore, no (R1 and R2) or barely moderate (R3 and R4) diffusional
restrictions can be expected for the washcoated monoliths investigated
in this work. Due to the facts that the actual H5/CO ratio is below 2 and
that diffusional limitations increase this ratio, eventually over-
compensating the lower Hy/CO ratio in the fluid bulk, it is possible that
thicker layers (R3 and R4) suffering from diffusional restrictions give
rise to moderately higher conversions than the thinner ones (R1 and R2)
which operate at the actual Hy/CO ratio in the fluid bulk. Becker et al
[44] demonstrated that the presence of a liquid film containing the
heavier FTS products does not introduce significant external transport
limitations so the reactants concentrations on the external surface of the
catalytic layer and in the fluid can be considered essentially the same.

In conclusion, within some limits, moderate mass transport limita-
tions can be beneficial as concerns the FTS conversion due to the effects
of the Hy/CO ratio on the reaction kinetics. Nevertheless, the selectivity
to CH4 increases moderately as the catalytic layer becomes thicker,
evidencing the presence of diffusional restrictions that increase the Hy/
CO ratio in the case of the monoliths R3 and R4. It is also important to
note that the Hp/CO ratio of 2 typically used in research studies is not the
optimal one, especially for thin catalytic layers.
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Regarding the packed-bed monoliths, the CO conversions achieved
follow a trend similar to that of the washcoated reactors, though they are
lower and therefore closer to the differential regime. The mean di-
ameters of the packed catalyst particles lead to equivalent diffusion
lengths (Lp) within the 25 (R4_P150) — 150 pm range (R4_P950) and, as
in the case of the washcoated monoliths, moderate diffusional re-
strictions can be expected only for the largest particles (Table 2). The
increase of the CO conversion with the particle size (or Lp) can thus be
explained as well by the effects of the Ho/CO ratio on the FTS kinetics, as
pointed out by Vervloet et al. [38]. In this very important work, authors
solved numerically the reaction-diffusion problem for the FTS in a
spherical catalyst particle. The model developed was validated against
experimental results from the literature. It is remarkable that this study
has been the first one in which the variation of the local chain growth
probability () is taken into account. A wide variety of catalyst particle
radii, within 10°-10® m, and operating conditions (bulk Hy/CO ratio,
temperature and pressure) were considered. The kinetics by Yates and
Satterfield was adopted and it is nicely shown how CO is prone to suffer
from strong mass transfer limitations resulting in an increased Hy/CO
ratio towards the center of the catalyst particles. This negatively affected
(lowering) the local chain growth probability, and then, the C5+
selectivity. As discussed by the authors, the gradients were due to
intrinsically unbalanced diffusivities and consumption ratios of Hy and
CO [38]. This paper provides very useful practical guidelines for
selecting the most favorable operating conditions in order to maximize
the C5+ productivity. A very important finding is that the bulk Hy/CO
ratio and the FTS temperature are strongly coupled. It is not possible to
establish an optimum value for one of these magnitudes without speci-
fying the other. In this regard, the C5+ productivity can be increased by
a factor between 3 for small particles (Dparticle = 50 pm) and 10 for large
particles (Dparticle = 2.0 mm) by lowering the H,/CO ratio in the bulk gas
phase from 2 to 1, and increasing the reaction temperature from 227 °C
to 257 °C.

It should be noted that, as mentioned previously, the Hy to CO
Fischer-Tropsch consumption stoichiometry is greater than 2 in any
case, and it is given by 3 — o, being o the chain growth probability [38].
In our case, o values increase in the following order: packed-bed
monoliths (0.64-0.67) < washcoated monoliths (0.71-0.74) < con-
ventional packed-beds (0.72-0.83). As a result, average consumption
stoichiometries increase in the following order: conventional packed-
beds (2.22) < washcoated monoliths (2.28) < packed-bed monoliths
(2.34). Following Vervloet et al. [38], and taking into account the range
of catalyst particle size or characteristic length used in our work, the
reactor could be fed with syngas of H to CO ratio of ca. 1.6-1.7 at 220
°C, and then, gradually increasing the reaction temperature along the
reactor up to a maximum value of 240 °C. This would result in an
average value of a with practical interest of 0.9.

CO conversions are significantly lower in the packed-bed monoliths
compared to the washcoated reactors. Therefore, the Hy/CO ratios
should be higher, though the consumption stoichiometry is slightly
higher as well (2.34 vs. 2.28), thus explaining the higher selectivities to
methane provided by the structured packed beds. Indeed, the wash-
coated monoliths provide CO conversions that are almost twice the
values achieved in the packed-bed monoliths. For example, R3_ W62 (Lp
= 62 pm) gives a CO conversion of about 0.31 while the monolith
R4_P400, loaded with particles 400 pm in diameter (Lp = 67 pm), yields
a CO conversion of 0.14 (Figs. 6 and 7). When comparing these two
structured reactors it should be noted that their hydrodynamic behavior
is very different, as pointed out by Gascon et al. [24]. Low-temperature
FTS is a gas-solid-liquid process. As the liquid phase is generated within
the catalyst pores, a film flow can be initially established in washcoated
monoliths that could evolve to a Taylor (segmented) flow favored by the
small diameter of the channels and the moderate gas flow rate. This flow
regime is characterized by a fast radial mass transport that will
contribute to a good reactor performance. In contrast, (micro)packed-
bed reactors show a specific behavior [24]. When the loaded particles
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are small (typically below 200 pm in diameter), capillary forces pre-
dominate over the viscous and gravitational ones; this favors wetting of
the particles by the liquid phase whereas the gas follows preferential
paths and the reactor shows poor radial mass transport. When the ratio
between the channel diameter and the catalyst particle size is low (be-
tween 1 and 2) a so-called single-pellet-string or composite structured
packing reactor results [24]. This would be the case of R4_P650 (Dy/
Dparticle = 1.6) and R4_P950 (Dy/Dparticle = 1.2) in this study. In the
single-pellet-string reactor the flow regime is similar to that of empty
tubes and mass transport is enhanced if a Taylor flow regime develops.
This fact could contribute to obtain higher conversions as the particle
size increases as experimentally observed with the packed-bed
monoliths.

Comparing the performance of monolithic packed-bed reactors and
conventional packed beds it has been found that, on average, the volu-
metric hydrocarbon production of the structured packed-bed reactors is
higher than that of the conventional packed beds (Table 4). Vervloet
et al. [29] demonstrated numerically that despite lower catalyst hold-up
of structured packed bed reactors compared to the randomly packed
bed, the structured ones could achieve 25% higher C5+ productivity per
reactor volume than the conventional packed beds. This was attributed
to the voids at internal walls of the structured substrate, and better
removal of the increased amount of generated heat.

The preceding discussion has been performed considering the
absence of thermal effects, i.e. isothermal conditions. The presence of
internal and external heat transport limitations under conditions rele-
vant to the low-temperature FTS are generally discarded [26,38].
However, the fact that internal and external heat transport limitations
are absent does not allow discarding the presence of temperature gra-
dients at the reactor (monolith) level. In this regard, the experimental
measurements of the temperature along the axial and radial directions
support the assumption of isothermal conditions (Table 4). Further
support is given by the results of the calculations included in Appendix
A.

It can expected that packed-bed monoliths have higher effective
thermal conductivities than the washcoated ones, in accordance with
the higher void fraction of the latter and the lower thermal conductivity
of gases compared to solids [24]. Therefore, as concerns reactor iso-
thermicity, the least favorable situation would correspond to the
washcoated monoliths. An eventually higher mean temperature of the
washcoated reactors compared to the packed-bed ones is compatible
with higher CO conversions and methane selectivities, as experimentally
observed (Table 4). However, it could hardly explain the increase of the
conversion and methane selectivity with the thickness of the catalytic
layer that is also found experimentally.

5. Conclusions
Structured monolithic reactors in which a state-of-the-art Co-Re

catalyst is incorporated by washcoating outperform structured packed-
bed monoliths containing the same (slurried and pelletized) catalyst in

Appendix A

A.1. Criterion for the absence of internal temperature gradients
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terms of both volumetric and per catalyst mass productivities of C5+, in
spite of the lower catalyst hold-up of the former.

It has been found that, within the range of characteristic diffusion
lengths or catalyst layer thicknesses considered in this work (36-83 um),
the CO conversion increases without significant loss of C5+ selectivity as
the catalyst layer becomes thicker in the washcoated monoliths, giving
rise to an increased hydrocarbons productivity. This behavior can be
explained by the effects of mass transport limitations on the Hy/CO
molar ratio, and that of this ratio on the FTS kinetics, resulting that the
C5+ productivity during the low-temperature FTS benefits from mod-
erate mass transport limitations. A positive effect of moderate mass
transport limitations is also observed in the packed-bed monoliths. In
this regard, slight increases of the CO conversion and the selectivity to
C5+ take place in beds containing the biggest catalyst particles used
(particle diameters of 650 and 950 um, characteristic diffusion lengths
of 108 and 150 pm, respectively).

To understand the highest performance (volumetric C5+ produc-
tivity) of the washcoated monoliths for the low-temperature FTS, the
extra-pellet mass transport limitations that affect to the liquid hydro-
carbons and waxes produced have to be taken into account. According to
recent literature, the flow regime in the washcoated monoliths can
evolve to one of the Taylor (segmented) type, characterized by very
good radial transport properties and easier evacuation of liquids and
waxes. This is not possible in structured packed-beds with small catalyst
particles, in which the gas-liquid/solid contact is poor, resulting in a
diminished effectiveness of the catalyst and a poorer reactor perfor-
mance in spite of their comparatively higher catalyst hold-up. The hy-
drodynamic behavior of the monolithic packed-beds for the low-
temperature FTS improves as the catalyst particle size increases,
which may also contribute to the improved reactor performance
observed.
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The absence of internal temperature gradients inside the catalyst particles of a packed-bed monolith can be assumed if the following criterion is

satisfied [38]:

Er \ . ((ZAH) (= R)co*Peu*lew
() ( R 0.05

E,4: apparent activation energy: 62,600 J/mol (Cs, formation); 110,200 J/mol (C;.4 formation) [46].

R: 8.314 J/(mol K)
T: 493 K.
(—AH,): 165,000 J/mol.
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Peas» Catalyst density: 1.47-10° g/m> [7].

Acat, catalyst thermal conductivity: 0.3 W/(m-K) [26].

( — R)¢o» reaction rate calculated under differential regime: 1.12-3.36-10"° mol(s-geay).

lcat, characteristic dimension (least favorable conditions, i.e. thickest layer and largest particles): 8.3-10"° m (washcoated), 15-10° m (packed-bed).

Under the worst conditions (highest reaction rate, formation of C;_4 only) the result is 0.010 for the wall coated monoliths and 0.033 for the packed-
beds monoliths, so the criterion is safely fulfilled in both cases.

A.2. Criterion for the absence of external (interphase) temperature gradients

The presence of external interphase (gas—solid) heat transport limitations can be neglected if the fact the Mears’ criterion is satisfied [26,38]:

Ej-(=AH,) (= R)co*Poa* lear
h-R-T?

) < 0.05

h, film heat transfer coefficient: 5032 W/(m?3K) [26].

Under the worst conditions (highest reaction rate, formation of C;_4 only) the result is 0.007 for the wall coated monoliths and 0.013 for the packed-
bed monoliths so the criterion is safely fulfilled in both cases.

A.3. Criterion for the absence of radial temperature gradients at the reactor scale

Radial temperature gradients can be neglected in a catalytic bed if the Mears’ criterion is satisfied [47]. Adopting the most restrictive case of
significant heat transfer resistance at the reactor’s walls, the criterion takes the form:

RT,
(IAHr (= R)y-1? )< 0.4-7
koo T, {1 48 (%)) 'Biw:|

T,: temperature at the reactor wall for which a value of 216 °C (489 K) is adopted for the worst case taking into account the radial temperature
differences found (see Table 4).

r.: reactor tube radius, 4-10° m.

r,: catalyst particle radius, 75-10°° m.

|AH,|: 165,000 J/mol.

( — R),: reaction rate per unit bed volume. Following Mears [47]:

1—¢ mol
m’( ~R)co*Pea =2.6 — 5'3x-m2€d

(_R)b:

e: bed void fraction (0.65-0.83). Estimated from the bed volumes (see Table 4) and composition (0.45 g of catalyst and 2.25 g of SiC). SiC density is
3.21-10° g/m® [48].

b : ratio of diluent to catalyst volume, 2.26.

k.: effective thermal conductivity of the bed. According to Anderson et al. [49] this property has been volume averaged taking into account the bed
porosity:

ke = (1 — €)-kyoiia + €kpuia

Neglecting the fluid contribution and volume averaging the thermal conductivities of the catalyst (0.3 W/(m-K)) and the diluent (106.0 W/(m-K)
[49]), ksotig = 73.6 W/(m-K) and k., = 12.5-25.8 W/(m-K).

Biy,: is the wall Biot number, for which values between 0.8 and 2 are typical [47].

Adopting the worst-case values of the several magnitudes, the criterion becomes:

0.0023 < 0.0113

It can be seen that the criterion is safely fulfilled for the conventional packed beds, which illustrates the positive effect of bed dilution. As for the
structured reactors, the effective thermal conductivities of the substrates are within 12.9-34.4 W/(m-K) (see Table 1) which are higher than the value
(12.5 W/(m-K)) used for the packed beds. The effective thermal conductivites of the washcoated, and especially the packed-bed, monolithic reactors
should be higher than those of the substrates due to the presence of the catalyst. For these reasons, it is reasonable to expect that the left-hand term of
the Mears criterion takes values lower than 0.0023 for the structured reactors thus allowing to discard the presence of significant radial temperature
gradients in these systems.
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